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Abstract
Geldart Group C particles become increasingly attractive in industry because of their small
particle sizes and large specific surface areas. The main challenge in the flow and fluidization
of Geldart Group C particles is their cohesive nature due to strong interparticle forces. The
“nanoparticle modulation” technique was adopted to reduce the interparticle forces of Group
C particles and thus significantly improved their flow and fluidization quality. Group C+
particles, a new type of fine particles with drastically reduced or insignificant interparticle
forces, were created using the nano-modulation technique.
Fundamental studies provided a comprehensive understanding of the fluidization quality of
Group C+ particles. Group C+ particles exhibited revolutionary advancements in fluidization,
which enabled its pseudo-particulate fluidization over a wide range of operating gas velocities,
up to 200%-300% times that of bed expansion. Group C+ particles also exhibited much higher
dense phase expansion than Group A particles, indicating more gas holdup in the dense phase
available for intimate gas-solid contact. Bubbling behaviors for Group C+ particles were further
fully characterized, showing that bubbles were smaller in diameter, lower in rise velocity, and
had a longer residence time in the Group C+ fluidized bed in comparison with the Geldart
Group A fluidized bed. With more gas flow through the dense phase for Group C+ particles,
the correction factor Y that accounts for increased dense phase gas flow in the modified twophase theory was correlated to characterize the division of gas flow between the two phases
for Group C+ particles, based on the experimental results. A theoretical method for predicting
the dense phase voidage for Group C+ particles was also proposed. Furthermore, Group C+
particles were used as catalysts in a fluidized bed reactor (C-plus FBR) to evaluate the reaction
performance and were compared to that using Group A particles. C-plus FBR achieved a much
higher reaction conversion, up to 235% of that using Group A particles, and a higher contact
efficiency, being 330% more than that for Group A particles.
In summary, Group C+ particles exhibited extremely higher dense phase expansion, smaller
bubbles and less bubble holdups, more gas flow through the dense phase, etc. enhancing the
gas-solid contact and thus improving the reactor performance. Therefore, Group C+ fluidized
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bed reactor is expected to cause a significant “splash” in industrial processes, especially for
gas-phase catalytic reactions.

Keywords
Fluidization, Group C particles, Nanoparticles, Dense phase expansion, Bubbling behaviors,
Gas distribution, Gas-solid contact, Reactor performance, Two-phase theory, Gas effect.

Summary for Lay Audience
Fluidization is an important operation which solid particles are transferred into a fluidlike state
through suspension in a gas or liquid. This unique method of contacting has some unusual
characteristics, such as uniform temperature distribution, high heat/mass transfer rate, and
particularly more solid surface area for gas reactant and thus better gas-solid contact efficiency,
etc., making fluidized beds as the most popular reactors for multi-phase reactions, especially
for gas-phase catalytic reactions.
The degree of gas-solid contact is one most important factor determining the performance of a
conventional fluidized bed reactor. Geldart Group C particles which have small particle size
(<45) could provide much larger surface area for gas reactant to contact and react with. The
challenge of the application of Group C particles is their strong interparticle forces caused by
the small particle sized which lead to poor flowability and nearly none fluidizability.
Nanoparticle modulation technique can successfully reduce the interparticle forces and
improve the flowability and fluidization of Group C particles. Those nano-modulated Group
C particles, referred to as Group C+ particles, exhibited good flowability and fluidization
quality.
A bubbling fluidized bed contains two phases, the bubble phase and the dense phase. Bubbles
go through the bed quickly with little gas-solid contact, while the dense phase provides a close
gas-solid contact. The fluidized bed of Group C+ particles showed much higher dense phase
expansion, smaller bubbles and less bubble holdup, and higher gas flowrate through the dense
phase than the bed of Group A particles, indicating more gas has the opportunity to contact
with particles and contributing to better gas-solid contact. Furthermore, Group C+ particles
were used as catalysts in a fluidized bed reactor and exhibited much higher reaction conversion
iii

than Group A particles as catalysts, due to the higher gas holdup in the dense phase and the
larger gas-solid interfacial area. Conclusively, Group C+ particles with superior fluidization
quality and reaction performance do have huge potential in gas-phase catalytic reactions.
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Chapter 1

1

General Introduction

1.1 Introduction
Particle technology is increasingly significant in industry because approximately one-half
of the products and at least three-quarters of the raw materials are in the form of particles,
such as pigments, fertilizers, cements, industrial chemicals, pharmaceuticals, and other
goods, and the impact of particulate products to the US economy was estimated to be US$
1 trillion [1]. Fluidization is often a preferred mode of operation for handling particles in a
variety of industrial processes because particles can be brought into good contact with a
fluid. Therefore, the flowability and fluidizability are important characteristics of a powder
which are directly related to the handling and processing of particles.
In 1973, Geldart [2] classified particles into four groups according to their flow and
fluidization behaviors. Groups B and D are much large and dense particles, while having
good flowability, their fluidization is less ideal usually accompanied by larger and more
dynamic bubbles. Group A particles are usually 40-100 µm in diameter with particle
density of 1000-3000 kg/m3, and exhibit easy flow and smooth fluidization. Group C
particles (often referred as fine or ultrafine particles), less than 30-40 µm in diameter with
particle density of 1000-3000 kg/m3, are cohesive and are hard to flow and fluidize. On the
other hand, Group C particles are being increasingly preferred by a variety of processes in
industry due to their small particle size and extremely high surface area [3]. The small
particle size is favorable in many applications such as pharmaceutical applications [4],
powder coating [5] and food industry [6]. The high specific surface area of Group C
particles attracts more attention in some physical and 1chemical processes, including
surface modification [7], catalytic reactions [8] and catalyst synthesis [9]. The biggest
challenge of applying Group C particles is the cohesive nature ascribed to the small particle
size, which leads to poor flowability and poor fluidization and thus limits their applications.
If the strong cohesiveness could be overcome or reduced, Group C particles should exhibit
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better flow and fluidization than Group A, B and D particles. In consequence Group C
particles could be successfully applied in industry.
Understanding the increasing importance of Group C particles in modern industries, many
kinds of methods, often called fluidization aids, have been investigated to improve their
flow and fluidization. The strong interparticle forces of Group C particles are predominated
by van der Waals forces which are affected by the surface properties and the separation
distance of particles [10]. As a result, some methods, such as gas adsorption [11] and
adding coarser or finer particles [12-13], can reduce the interparticle forces intrinsically by
modifying particle surface or increasing the separation distance between particles, thus
improving the flow and fluidization of Group C particles. These methods are scaleindependent and are relatively easy to implement. In addition, other methods, such as
mechanical or acoustic vibration [14-15], mechanical stirring [16], and magnetic or
electrical fields disturbance [17-18], can overcome the interparticle forces by introducing
external energies, however, these methods are scale-dependent and thus have limited
success.
The addition of nanoparticles, referred to as nanoparticle modulation technique [19], has
been found to effectively reduce the cohesiveness and agglomeration of cohesive Group C
particles and turn them into free-flowing powers [19-21]. Nanoparticles could adhere on
the surfaces of Group C particles like asperities to increase the surface roughness and the
separation distance, thus decreasing van der Waals forces of Group C particles [22-23].
Although some researchers [24-26] reported that nanoparticles could turn Group C
particles from non-flowable to free-flowing and from non-fluidizable to fluidizable, few
studies have systematically investigated the fluidization behaviors and fluidization quality
of Group C particles with nanoparticles so far.
Generally, a good fluidized bed is characterized by particles uniformly suspended and
fewer fluctuation with small bubbles. In addition, a good fluidized bed reactor is
characterized by more gas into dense phase and fewer gas into bubble phase. One of the
most important characteristics that describes the fluidization quality is the bed expansion,
especially the dense phase expansion. High bed expansion generally indicates better
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fluidization with more gas contained in the bed, in particular, high dense phase expansion
means more gas holdup in the dense phase that gas can closely contact with particles,
resulting in good gas-solid contact [27-29]. Except for the dense phase properties, bubbling
behaviors also affect the fluidization quality and reactor performance of the fluidized bed,
such as bubble size and rise velocity which greatly influence the gas residence time and
the gas-solid contact in the fluidized bed. Ideally, bubbles in a fluidize bed reactor should
be small in size, uniformly distributed throughout the bed, and have low rise velocities [2931].
In summary, a good catalytic fluidized bed reactor is expected to provide large gas-solid
interfacial area and exhibit more gas holdup in the dense phase, smaller bubbles and less
bubble holdups, higher gas flow through the dense phase and less through the bubble phase.
All these characteristics are closely related to particle properties. As the particle size
decreases from Group D to B and further to A, particles show better fluidization quality
with more homogenous fluidization, which is advantages for chemical reactors. Group C
particles with controlled interparticle forces using nano-modulation technique, can provide
much larger specific surface area and should exhibit even better fluidization quality than
Group A particles, becoming more favorable for gas-phase catalytic reactions.
This thesis systematically studied the effects of particle size, nanoparticle concentration,
and gas properties, etc. on the fluidization behaviors of Group C+ particles, Group C
particles after using nano-modulation technique, characterized by pressure drop, minimum
fluidization velocity, bed expansion, dense phase voidage etc. Moreover, bubbling
behaviors for Group C+ particles were also comprehensively investigated, including bubble
size distribution, rise velocity, and gas residence time. From the view of two-phase theory,
the gas distribution between the bubble phase and the dense phase in the fluidized bed of
Group C+ particles was determined. A theoretical method was developed to predict the
dense phase voidage for group C+ particles, which is an important parameter for evaluating
the reactor performance. Furthermore, the performance of the fluidized bed reactor using
Group C+ particles as catalysts was experimentally evaluated using the ozone
decomposition reaction, and was then theoretically estimated using an industrial reaction
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based on a modified two-phase model. All these investigations were compared with Group
A particles to exhibit the advantages of Group C+ particles.

1.2 Objectives
Despite numerous previous studies on Group C particles, most people focus more on the
mobility or flowability of fine particles with the addition of nanoparticles, but do not pay
much attention towards fluidization behaviors, and presume that nanoparticles just make
Group C particles become Group A particles. However, the fluidization behaviors of Group
C+ particles should be quite different from that of Group A particles. Although some studies
appeared to point to high bed voidages for these Group C particles after surface coating by
nanoparticles, they focused more on the minimum fluidization velocity. Not enough
attention was paid for further study of the bed voidage. In addition, few detailed studies
are found about bubble behaviors of Geldart Group C particles, and almost no researches
have studied the reaction performance in fluidized beds of Group C+ particles until now.
There exists a huge gap between the fundamental studies of fine particle fluidization and
its application or potential application to chemical industries. Therefore, this study aims to
address the following objectives:
(1) To systematically study the flowability and fluidizability of “Group C+” particles,
which are essentially Group C particles after nanoparticle modulation, and to
investigate the effects of nanoparticle concentrations. Given the smooth flowability and
fluidization of Group A particles, a comparative study on the flow and fluidization
behaviors of Group C+ particles with Group A particles is conducted to find out the
similarities and differences, including angle of repose (AOR), avalanche angle (AVA),
particle cohesion, pressure drop, minimum fluidization velocity, and bed expansion.
(2) To characterize the dense phase and the bubble phase for Group C+ particles, including
the dense phase voidage and the bubble holdup, by carrying out the bed collapse test.
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The differences between Group C+ and Group A particles were also studied.
(3) To comprehensively investigate the effects of gas types on the fluidization behaviors
of Group C+ particles, including pressure drop, minimum fluidization velocity, bed
expansion, dense phase voidage, and pressure fluctuation. The relative importance of
the gas viscosity and the gas density on the fluidization behaviors were theoretically
and experimentally discussed.
(4) To characterize bubble behaviors for Group C+ particles in a 2-D fluidized bed via
image analysis techniques, including bubble positions, diameters, and rise velocities.
Similar behaviors were also characterized in the same bed of Geldart Group A particles
for comparison.
(5) To investigate the gas flow distribution between the bubble phase and the dense phase
in the fluidized beds of Group C+ and Group A particles. A modified two-phase theory
with a new correlation for the value of Y was determined for Group C+ particles, based
on the experimental results of the bubble holdup and the bubble rise velocity.
(6) To propose a theoretical approach to predict the dense phase behaviors for Group C+
particles. The dense phase voidage and the cohesion for Group C+ particles were
experimentally studied, and correlations to theoretically predict the dense phase
voidage in the fluidization of Group C+ particles were developed.
(7) To experimentally investigate the reaction performance in a fluidized bed reactor using
Group C+ particles as catalysts (C-plus fluidized bed reactor) with ozone decomposition
reaction and make a comparison with that using Group A particles. The fluidization
hydrodynamics of Group C+ particles and Group A particles were also studied and
compared and further correlated with their reaction performance by gas-solid contact
efficiency.
(8) To theoretically compare the performance of the fluidized bed reactor using Group C+
catalysts with the same reactor of Group A catalysts using a modified two-phase model,
and to show the performance improvements Group C+ fluidized bed reactor possesses
over its counterpart. The production of maleic anhydride (MAN), as a common reaction
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in industry, was adopted as an example to exhibit the reactor performance using Group
C+ catalysts.

1.3 Thesis structure
This thesis contains eleven chapters and follows the “Integrated-Article” format as outlined
Thesis Regulation Guide by the Faculty of Graduate Studies of The University of Western
Ontario. It is organized in the flowing structure:
Chapter 1 gives a general introduction to the background of the fine particle fluidization
technology and detailed statements of the research problems, the objectives, the thesis
structures, and the major contribution of the present work.
Chapter 2 provides a detailed literature review about the previous researches and the
current status of the fine particle fluidization technology, and addresses the factors that
influence the fluidization quality and performance of a fluidized bed reactor.
Chapter 3 provides a comprehensive understanding of the flow and fluidization quality of
Group C+ particles, and makes comparison with that of Group A particles. Nanomodulation leads to major enhancements to both the static and dynamic flowability of
Group C+ particles. Group C+ particles also exhibit revolutionary advancements in
fluidization, showing much higher bed expansion than Group A particles.
Chapter 4 characterizes the dense phase properties of Group C+ and Group A particles
using the bed collapse test, and defined a factor, maximum dense phase expansion (Ed,max),
to quantify the expansion ability of the dense phase for different particles. the extraordinary
dense phase expansion and the large specific surface area for Group C+ particles are
favorable for gas-phase catalytic reactions.
Chapter 5 investigates the effects of gas species on the fluidization properties such as
minimum fluidization velocity, bed expansion, dense phase voidage, and pressure
fluctuation of three typical types of Group C+ particles, using five types of fluidizing gases
and their combinations. Both the increase of the gas viscosity and the gas density increase
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the fluidization quality, while the gas viscosity proves to play a more important role on the
fluidization.
Chapter 6 fully characterizes bubbling behaviors of Group C+ and Group A particles using
bubble position, diameter, rise velocity, and residence time. Bubbles are shown to be
smaller in diameter, lower in rise velocity, and have a longer residence time in the Group
C+ fluidized bed in comparison with the same bed using Geldart Group A particles, all
contributing to better fluidization quality and enhanced gas-solid contact.
Chapter 7 determines the distribution of the gas flow between the bubble phase and the
dense phase in the fluidized beds of Group C+ and Group A particles. The correction factor
Y that accounts for increased dense phase gas flow in the modified two-phase theory is
found to be not a constant but a function of the superficial gas velocity for Group C+
particles, and a correlation is proposed to characterize the division of gas flow between the
two phases for these fine Group C+ particles, based on the experimental results.
Chapter 8 theoretically develops a general correlation for predicting the dense phase
voidage for Group C+ particles which is a critical parameter affecting reactor performance.
A new method for predicting the minimum fluidization velocity of Group C+ particles with
the consideration of the particle cohesion is also proposed. The bed voidage at minimum
fluidization (εmf) and the maximum dense phase voidage (εd,max) are shown to correlate well
with a dimensionless cohesion index (σ*).
Chapter 9 experimentally studies the reaction performance in a fluidized bed reactor using
Group C+ particles as catalysts and makes a comparison with the reactor using Group A
particles. The contact efficiency is characterized by the specific surface area of the catalysts
and the bed expansion in the fluidized bed reactor.
Chapter 10 theoretically compares the performance of the partial oxidation of n-butane to
maleic anhydride reaction in the fluidized bed reactor using Group C + and Group A
catalysts using a two-phase model modified based on experimental results. Group C+
catalytic reactor is shown to achieve a much higher n-butane conversion and MAN yield
compared to Group A catalytic reactor.
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Chapter 11 provides a general discussion about this work and summarizes the conclusions,
and also gives some recommendations for future work.

1.4 Major contribution
The major contributions of this work are summarized as follows:
(1) The flowability and fluidization behaviors of Group C+ particles have been fully
characterized and compared with that of Group A particles. The minimum fluidization
velocity is related to the particle cohesion. The bed expansion of Group C+ particles are
extremely higher than that of Group A particles, indicating better fluidization quality.
Nanoparticle concentration exists an optimum value depending on the surface coverage
and surface roughness, around 0.5-1% (volume fraction).
(2) The properties of the dense phase and the bubble phase have been clearly characterized
using the bed collapse test. Group C+ particles exhibit a much higher dense phase
expansion and larger dense phase voidage than Group A particles, indicating more gas
holdup in the dense phase so that gas could closely contact with the particles. The
maximum dense phase expansion (Ed,max) is proposed to quantify the expansion ability
of dense phase for different particles. The larger Ed,max values of Group C+ particles
indicate better expansion ability of the dense phase and thus contribute to better gassolid contact.
(3) The fluidization quality for Group C+ particles is improved with the increase of the gas
viscosity and/or the gas density. The gas viscosity proves to play a more important role
on determining the fluidization quality using both theoretical and experimental
methods. The dimension analysis is an effective method to correlate the fluidization
quality with a number of factors including the gas viscosity and density, the particle
size and cohesion, and the gas velocity.
(4) The bubbling behaviors for Group C+ particles and Geldart Group A particles have
been comprehensively characterized in a 2-D fluidized bed. Group C+ particles exhibit
smaller bubbles, more uniform bubble size distribution, lower bubble rise velocities,
and longer bubble residence time than Group A particles. Applying the modified two-
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phase theory and using the correction factor Y to account for increased dense phase gas
flow, the Y value is found to be not a constant, but correlated with the gas velocity for
Group C+ particles. Using the new correlation for the correction factor Y, the
distribution of the gas flow between the dense phase and the bubble phase in the beds
of Group C+ in comparison to Group A particles can be determined, quantifying the gas
flow through the dense phase and through the bubble phase.
(5) A general expression to predict the dense phase voidage for Group C+ particle
fluidization has been theoretically developed. A new method to calculate the minimum
fluidization velocity for Group C+ particles with the consideration of the particle
cohesion has been proposed. The bed voidages have been correlated well with the
dimensionless cohesion index. This study is helpful to further evaluate the reaction
performance of a Group C+ fluidized bed reactor.
(6) The reactor performance of the fluidized bed using Group C+ particles as catalyst have
been experimentally studied. Group C+ fluidized bed reactor is shown to reach much
higher reaction conversion than Group A fluidized bed reactor, due to better contact
efficiency. Furthermore, the reactor performances of Group C+ and Group A fluidized
bed reactors with the industrial MAN production reaction are compared using a
modified two-phase model. The modelling results show a much higher conversion and
yield in Group C+ fluidized bed reactor. The Group C+ fluidized bed reactor can bring
huge advancements to industrial processes, especially for gas-phase catalytic reactions.
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Chapter 2

2

Literature Review

2.1 Geldart classification
Fluidization is often the preferred operation if a fluid phase and a particulate phase need to
be in good contact for physical or chemical processes, due to its special characteristics,
such as uniform gas-solid contact, uniform temperature distribution, and high mass and
heat transfer rates, etc. As a result, fluidization has been extensively applied to a variety
industrial processes, such as gas adsorption [1-2], production of fine particles [3-4],
pharmaceutical applications [5], powder coating [6-7], coal combustion [8-9], and
petroleum refining processes [10-12]. The fluidization hydrodynamics are closely related
to the operating conditions and the particle properties [13-15]. The particles suitable for
fluidization have the sizes ranging from sub-microns to several millimeters, however, the
difficulty increases as the particle size goes to the two extremes. The behaviors of different
particles fluidized by gases are classified by Geldart (1973,1973) [16-17] into four groups
characterized by density difference (ρp-ρg) and mean particle size (dp), i.e., Group A
(aeratable), Group B (bubble-ready or sand-like), Group C (cohesive), and Group D
(spoutable), as shown in Figure 2.1.
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Figure 2.1: Geldart classification
Group D is the spoutable powder and confined to large and /or dense particles, which are
usually in sizes of more than 1000μm. They are spoutable as the gas velocity increases.
Group B is called the bubble-ready or sand-like powder usually in the mean size and
density ranges 40μm < dp < 500μm, 1400kg/m3 < ρp <4000kg/m3, sand being the most
typical powder. In the fluidization of this type pf powder, bubbles start to form at or only
slightly above minimum fluidization velocity. Bed expansion is small and the bed collapses
very rapidly when the gas supply is cut off. Group A is the aeratable powder having a small
mean size (40-100μm) and/or a low particle density (less than about 1400kg/m3), some
cracking catalysts being typical examples. The most important characteristic is that powder
in Group A exhibits dense phase expansion after minimum fluidization and prior to the
commencement of bubbling, that is umf < umb. The bed collapse slowly [18] when the gas
supply is cut off, typically at a rate of 0.3-0.6cm/s, this being similar to the superficial
velocity of the gas in the dense phase [19].
Considering the fluidization behaviors of powders in groups from D (coarse) to A (fine),
the decreasing of the particle size can increase the fluidization quality. Therefore, Group C
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powder having even smaller particle size (usually less than 25-40μm) is expected to show
better fluidization quality. However, “normal” fluidization of such powders is extremely
difficult due to their strong cohesion attributed to the small particle size. The powder lifts
as a plug in small diameter tubes, or channels badly. The fluidization of such Group C
powders can generally be made possible or improved by the assistance of some fluidization
aids, such as the use of mechanical stirrers[20-21] or vibrators [22-25] which can break up
the channels, or, the addition of finer or coarser particles [26-30] which can act as spacers
and/or lubricants to reduce the cohesion and friction.

2.2 Characteristics of Group C particles
Fine Group C particles are gaining increasing importance in modern industries due to their
special characteristics, such as the small particle size which helps them be applied to
pharmaceutical industry and powder coating, and the large specific surface area which
contributes to more significant surface phenomenon such as adsorption and chemical
reactivity. However, the poor flowability and fluidizability of Group C particles hinder
their applications in industrial processes, ascribed to the strong interparticle forces. In
addition, the strong interparticle forces lead to the agglomeration of Group C particles,
resulting in the reduction of the specific surface area.

2.2.1

Large specific surface area

A spherical particle with a radius r has a surface area S which is equal to 4πR2 and a volume
V which is equal to (4π/3) R3. The specific surface area Ap of this particle is:
Ap = S/V = 3/R ∝ 1/R
If the particle is not spherical then the value of Ap will be greater, so the specific surface
area Ap of a particle with a diameter of 2 µm is:
Ap ≥ 1/10-4 cm2/cm3
In other words, 1cm3 of particles with a diameter of 2µm have a surface area of at least
1m2. The huge size of this value may be more clearly grasped if it compared with a regular
1cm3 cube which has a surface area of 6cm2. Considering 1cm3 of spherical superfine
particles with diameter of 10nm, their surface area extremely increases, reaching as high
as 10m2. Evidently, Group C particles with small particle size have greatly extended
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surface area which is a key for many processes, such as gas adsorption and multi-phase
reactions. For example, the aerogel fine particles in the form of metal-supported simple or
mixed oxides, with very high specific surface areas and porosity, could be used as catalysts
for a great variety of reactions such as Fischer-Tropsch synthesis, methanol synthesis,
polymerization of ethylene or propylene, deNOx reactions and hydro-treatment in HDN
and HDS processes [31]. Fine particles of Cu-Al2O3 aerogel catalyst showed very high
activity and selectivity in selective conversion of cyclopentadiene into cyclopentene [32].
More recently, fine residual equilibrium catalysts (less than 37μm) from a fluid catalytic
cracking unit showed a higher pozzolanic activity than the coarse (74-90μm) and medium
ones (44-74μm) in the process of calcium silicates hydration [33]. Because of the large
specific surface area, fine particles of a small size commonly lead to a better quality of the
final products in the ceramic industry and/or in the powder metallurgy [34].

2.2.2

Strong interparticle forces

Because of the small size of Group C particles, the interparticle forces increase
significantly than the gravitational and drag forces. The “normal” fluidization of Group C
particles is extremely difficult, not only because the interparticle forces are larger than the
gravitational, but also because the drag forces which a gas can exert on these particles are
not large enough for fluidization [35]. When Group C particles are subjected to fluidization,
the strong interparticle forces will make the individual particles cling to each other and
form agglomerates, leading to severe agglomeration, channeling, and even none
fluidization. As a result, the interparticle forces are an important factor that must be
considered for Group C particle fluidization.
When two particles are brought into contact, they are subject to capillary, electrostatic, and
van der Waals forces [36]. Capillary forces are caused by condensed moisture on the
surface of the particle, and electrostatic forces depend on the charges present in the
particles. For dry fine neutral powders, these two forces are negligible compared to the van
der Waals forces [36-39]. The van der Waals forces are noticeable when the particles can
come sufficiently close together, that is at separation distances of the order of the size of a
molecular, e.g. 0.2 to 1nm [40]. The van der Waals forces (Fvan) between two identical
spheres of radius R:
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Fvan = AHR / 12Z2
where AH is the Hamaker coefficient [41] which can be directly related to the material
properties [42], Z is the separation distance between the two particles.
In reality, particles are never as ideal as indicated and have sone realistic configurations
[37], as shown in Figure 2.2. In cases (a) and (b), surface roughness will limit the approach
of two particles and the effective separation distance will increase, thereby reducing the
van der Waals forces to almost zero when the asperities are of the order of 1μm. In cases
(c), (d), and (e), the intimate contact area will substantially increase the van der Waals
forces. All means to increase the separation distance, for example the addition of properly
chosen fines, will substantially diminish the adhesion and hence allow the fluidization of
fine particles normally difficult to fluidize.

Figure 2.2: The influence of surface roughness and geometrical factors on particle
interaction; (a), (b): surface roughness limiting particle approach; (c), (d): surface
structures promoting close contact; (e): two idealized particles of radius R at a
separation distance Z and an intimate contact area of diameter 2r
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2.2.3

Agglomeration

Because of the strong interparticle forces, cohesive Group C powders tend to agglomerate
both in storage and when fluidized. The natural agglomerates, also called initial or first
agglomerates, are formed from primary particles or clusters due to the cohesiveness in
storage [43-44], which are generally loose in stricture and often break into smaller
agglomerates or even discrete particles. The fluidized or secondary agglomerates are
formed from primary particles and the natural agglomerates dur to the co-exertion of the
interparticle forces and the hydrodynamic forces [43-49], which are very stable and
generally show severe segregation along the fluidize bed, e.g. smaller agglomerates in
upper region and larger ones in the lower region of the bed.
The properties of the agglomerates are important to decide the fluidization behaviors of
cohesive particles [45-47,50-52]. Group C particles or nanometer particles with strong
interparticle forces tend to form agglomerates and behave like Group A particles in
fluidization, which is called agglomerating fluidization [46-47, 50, 53-56]. Many works
[23,46,48,54,57-60] either measured directly or estimated the agglomerate sizes in the
fluidized bed of fine Group C particles. For example, Iwadate and Horio (1998) [46]
derived a mathematical model to predict an equilibrium size in agglomerating fluidized
beds of Group C particles based on the balance of bed expansion force caused by bubbles
and agglomerate-to-agglomerate cohesive force. Xu and Zhu (2005) [23] experimentally
measured the size of the agglomerates in the fluidization of Group C particles with and
without mechanical vibration, and also proposed a model for the prediction of agglomerate
sizes based on the balance between the agglomerate collision energy due to cohesive forces
and the energy generated by vibration.

2.3 Fluidization aids for Group C particles
Because of the small particle size and large specific surface area, Group C particles have
been widely used in a variety of industries [61-65]. The most critical problems that limit
the application of Group C particles are their poor flowabilty and none fluidizability
ascribed to the strong interparticle forces which are mainly the van der Waals forces as
discussed above. The most important parameter determining the van der Waals forces is
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the separation distance between the particles. Any means to enlarge the separation distance
will significantly reduce the interparticle forces and consequently increase the flowability
and the fluidization of a given powder. Factors affecting the separation distance are the
increase of the surface roughness and the use of spacers, e.g. the addition of fines [28-30,
66-68]. Apart from means to enlarge the separation distance, changes in surface properties
also diminish the cohesive forces due to the screening effect, e.g. gas adsorption [69-70].
In addition to reduce the interparticle forces, other methods attempt to overcome the
interparticle forces by introducing external energies, including mechanical or acoustic
vibration [22-25,71-73], mechanical stirring [20-21], and magnetic or electrical field
disturbance [74-75]. These methods to improve the fluidization quality are collectively
referred to as fluidization aids.

2.3.1

The addition of finer particles

Fredrickson (1961) [76] showed that the addition of a very small amount (0.1wt%) of
superfine tricalcium phosphate made cohesive starch particles fluidizable. Fried and
Wheelock (1966) [77] also found that adding a small amount of submicron silica (0.53wt%) in flour made the flour powder less agglomerative. Dutta and Dullea (1990) [26]
reported the reduction in the cohesiveness of Group C powders by mixing a small amount
of nanoparticles such as alumina (29 nm) or aerosil 200 (12 nm). Xu and Zhu (2009) [78]
coated nanoparticles onto the surfaces of the cohesive Group C particles and found that the
partial coating on the surfaces could significantly reduce the cohesiveness and hence
enhance the flowability of Group C particles. More recently, Han et al. (2019) [79] reported
that nanoparticles, as flow additives, significantly improved the flowability and the
fluidization quality of Group C particles, and those nano-modulated Group C particles
exhibit good fluidization similar to Group A particles, achieving full fluidization with small
minimum fluidization velocity.
As the van der Waals forces dominate over other interparticle forces and sharply decreased
with the separation distance between two particles, the addition of finer particles reduced
the van der Waals forces by acting as spacers [37,66,80] or reduced the friction by acting
as lubricants [81,82]. Cheng and Yang et al. (2008) [29] proposed an adhesion force model
for Group C particles coated by nanoparticles and considered that three nanoparticles
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supported two Group C particles stably as shown in Figure 2.3. They found that a stable
fluidization could be achieved when the surface area coverage of nanoparticles reached to
5%-90% with corresponding 0.05wt%-1.0wt% of nanoparticles, which were consistent
with earlier work by Zhu and Zhang (2004) [28], stating that the weight percentage of
nanoparticle additives should be at least 0.1wt% to ensure the “lubricating” effect and
should be lower than 5wt%.

Figure 2.3: (a) Contact of two-coated cohesive particles and
(b) Location of guest particles
Xu and Zhang et al. (2009) [78] proposed two contact models based on different contacting
status of the nanoparticles in relation to Group C particles to evaluate the interparticle
forces: one is asperities- contact model and the other is sandwich-contact model, as shown
in Figure 2.4. They found that nanoparticle surface coating could significantly reduce the
cohesion forces between Group C particles, and their flowability and fluidization behaviors
were effectively improved with a nanoparticle fraction of about 0.5wt%-1.0wt%.
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Figure 2.4: (a) The asperities-contact model and (b) The sandwich-contact model:
d1, diameter for the host Group C particles; d2, diameter for the guest nanoparticles

2.3.2

Gas adsorption

Gas adsorption also influence the van der Waals forces of fine Group C particles through
varying either the Hamaker coefficient or the separation distance between particles [37].
Piepers and Cottaar et al. (1984) [70] reported that the gas adsorption affected the cohesion
between the particles and hence increased the elasticity modulus introduced by Rietema
and Musters [83], resulting in the increase of bed expansion. The cohesion further increased
with the gas pressure dur to the increase of the gas adsorption with pressure. The effect of
gas adsorption has also been demonstrated theoretically in the works of Cottaar and
Rietema (1986) [84] and Xie (1997) [85] using the Hamaker theory. More recently, Xu and
Zhu (2006) [69] investigated the effect of gas adsorption on the fluidization of Group C
particles on the basis of the London-van der Waals theory, and found that the interparticle
forces were significantly affected by the gas adsorption and varied with the type of
fluidizing gases with different London-van der Waals constants.
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2.3.3

Other fluidization aids

Except for the techniques reducing the interparticle forces, other ones can overcome the
interparticle forces by introducing external energies. However, these techniques are scaledependent and hard to implement. For example, Mori (1990) [86] developed a vibrofluidized bed to fluidize Group C powders, and found that a wide range of fine particles
down to sub-micron level could be fluidized fairly well at a relatively low gas velocity. Xu
and Zhu (2006) [23] found that mechanical vibration could significantly reduce the average
size of agglomerates and improve the fluidization quality of cohesive Group C particles.
Brekken et al. (1970a, 1970b) [87,88] reported that a mechanical stirrer was effective for
breaking down channels and enabling good quality particulate fluidization in beds of
cohesive powders. Zhu and Li (1996) [89] used a magnetic field to enhance the fluidization
of Group C powders, and the channels and bubbles were eliminated effectively in the
magnetic field. Another experimental work was reported by Lu and Li (2000) [90],
showing that binary particles of CaCO3 (0.37 μm) and Fe2O3 (0.8 μm) were well fluidized
in a rotating magnetic field.

2.4 Factors affecting fluidization behaviors
Generally, particles become fluidized when an upward-flowing gas imposes a high enough
drag force to overcome the downward force of gravity. For fine Group C particles, there is
no question but that interparticle forces dominate the flow and fluidization behaviors over
the gravity. It is the balance between the interparticle forces and the hydrodynamic forces
which determine the behaviors of fine powders. The hydrodynamic forces (drag forces) are
the friction forces imposed by the gas on the particles which are closely related to the
operating gas velocity and gas properties. The interparticle forces are influenced by particle
properties, such as particle size, the presence of fines content, and particle roughness, etc.

2.4.1

Hydrodynamic forces

It is well known that hydrodynamic forces are mainly influenced by gas properties,
especially by gas viscosity in the fluidization of fine particles which is in the laminar
regime. The gas viscosity has a fundamental role on the fluidization dynamics since the
drag force acting on particles affects the formation of flow structures [91]. Geldart and

22

23

Abrahamsen [92] clearly demonstrated that the bubbling fluidization behaviors of Group
A particles was a function of the density and viscosity of the fluidizing gas, and the dense
phase voidage (ɛd) increased as gas viscosity and gas density increased. Geldart and Harnby
et al. (1984) [93] showed that the bed expansion of some Group C powders was found to
increase as the gas viscosity increased by using different fluidizing gases. Olowson and
Almstedt (1992) [94] reported that an increase in gas density caused by an increase in
pressure resulted in an increased gas momentum flux, which is a governing parameter for
the hydrodynamic behavior of a fluidized bed. Xie and Geldart (1995) [95] increased the
hydrodynamic forces using high viscosity gases, argon and neon, producing and increase
in homogeneous expansion in the fluidization of FCC powders. Xu and Zhu (2006) [69]
found that increasing the gas viscosity by using different gases or by elevating the bed
temperature could improve the average bed voidage of Group C particle fluidization.
Valverde et al. (2006, 2008) [91,96] investigated high viscosity gas fluidization of fine
particles and concluded that increasing gas viscosity improved the uniformity of
fluidization and produced a full suppression of the bubbling regime.

2.4.2

Interparticle forces

Baerns (1966) [97] investigated the effect of interparticle adhesive forces on the incipient
fluidization velocity of fine particles in the size range of less than 50μm, and found that the
limitations of the feasibility of fluidization depended on the ratio of a particle weight to the
sum of the weight and the interparticle adhesive force. Donsi and Massimilla (1973) [98]
recognized that interparticle van der Waals forces and capillary forces played an important
role in the bubble-free expansion of small particles, and theoretically evaluated the
interparticle forces between particles in their later work [99]. Mutsers and Rietema (1977)
[83] proposed that the interparticle cohesion forces gave rise to the formation of a powder
structure with a certain mechanical strength, which enabled the homogeneous fluidization
of fine particles. Geldart and Wong (1984, 1985) [100,101] measured the bed expansion
and the rates of de-aeration for powders showing degree of cohesiveness (Group A and C),
concluding that the bed expansion in the bubble-free range and the de-aeration
characteristics were different between Group A and C particles and were related to the
degree of the particle cohesivity. Rietema and Piepers et al. (1990, 1993) [102,103]

23

24

reported the effect of interparticle forces on the stability of gas-fluidized beds
experimentally and theoretically. More recently, Galvin and Benyahia (2014) [104]
numerically investigated the effect of van der Waals forces on the fluidization od aeratable
Group A particles. Oke and Lettieri et al. (2015) [105] also modelled the stable expansion
of gas-fluidized beds of Group A particles (53μm and 66μm) and obtained a reasonable
agreement between numerical and experimental findings, suggesting that the cohesiveness
affected the homogeneous bed expansion.
Many researchers proposed that changing the cohesion of Groups A or B particles, by gas
adsorption, surface coating, and the increase of temperature, could affect their fluidization
behaviors [70,85,106-108]. For example, Xie (1997) [85] increased the van der Waals
forces of FCC particles by gas adsorption and found that they behaved like a very cohesive
power. Cui and Chaouki (2004) [109] decreased the interparticle attractive forces while
increased the interparticle repulsive forces of Group A particles with increasing the
temperature, and found that the fluidization behaviors of Group A particles seemed to shift
from typical Geldart A toward B, consistent with the work conducted by Molerus (1982)
[110], attributing the transition from Group C to A and A to B powders to the diminishing
strength of van der Waals forces. Other researches illustrated that the presence of thermally
induced interparticle forces in the gas-solid fluidized bed of Group A particles extended
the homogeneous fluidization regime [111], and that in the bed of Group B particles
increased the dense phase voidage and could alter the fluidization behaviors from Geldart
Group B to A and even C with increasing the level of interparticle forces in the bed
[112,113].
Particle size and particle size distribution will also influence the magnitude of the
interparticle forces and thus affect fluidization behaviors. For example, a wide size
distribution of Group A particles has been observed to lead to smoother fluidization and
better gas-solid contacting [114]. In addition, the presence of fines (<45μm) may improve
the performance of fluidized bed reactors [16,115,116]. Abrahamsen and Geldart [117]
found that increasing the fine fraction (<45m) in Group A particles would improve the
fluidization, but if the fine fraction continued to increase, eventually it would change the
powder into cohesive Group C particles, resulting in poor fluidization. Others, such as
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Seville and Clift (1984) [118], increased interparticle forces artificially by the successive
addition of small amounts of a light oil to Group B powder, thereby causing its behavior to
change to that of Group A, and eventually, to Group C.

2.5 Performance of fluidized bed reactors
Gas-solid fluidized beds are widely employed in industrial operations as gas-solid
contactors and chemical reactors, ranging from physical processes, such as gas adsorption,
drying and mixing of particles, to chemical processes, such as catalytic cracking,
combustion and biomass gasification [1,6,8,10,119-121]. The excellent mass and heat
transfers have led to the success of many processes adopting fluidized beds. Gas-solid
interfacial contact area is one of the most important indexes that controls the performance
of a fluidized bed reactor. Generally, the conventional gas-solid fluidized bed reactors are
composed of two phases, a dense or particulate phase and a bubble phase [114,122-124].
A significant increase in gas-solid interfacial contact area can be achieved by introducing
more gas into the dense phase where gas is in closer contact with particles, contributing to
better gas-solid contact and thus enhancing the reactor performance. As a result both the
particle size and the dense phase voidage are key parameters that affect the gas-solid
interfacial contact area. On the other hand, bubbling behaviors, such as bubble size and rise
velocity, also greatly affect the gas-solid interfacial contact and the bubble residence time
in the fluidized bed, subsequently influencing the reactor performance. In summary, the
evaluation of the performance of a fluidized bed reactor depends on the dense phase
characteristics, the bubble behaviors, and the gas flow distribution between the two phases.

2.5.1

Dense phase characteristics

The dense phase expansion is a critical characteristic for evaluating the fluidization quality
and the reaction performance. A higher dense phase expansion or dense phase voidage (εd)
indicates more gas holdup in the dense phase which has more opportunities to contact with
particles. The dense phase expansion or the dense phase voidage can be evaluated using
the bed collapse test, which was initially proposed by Rietema in 1967 [125] and now is
one of the most popular methods of characterizing fluidized bed hydrodynamics. This
technique is carried out by first fully fluidizing the bed, followed by suddenly shutting off
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the gas supply, then tracking the bed surface level as it collapses. The bed collapse process,
as shown in Figure 2.5, can be clearly divided into three stages: (1) the bubble escape stage,
where the bed surface drops quickly due to gas bubbles reaching and escaping from the top
of the bed; (2) the sedimentation stage, where the gas in the interstices of the dense phase
in excess of ɛmf escapes; (3) the consolidation stage, where the fixed bed further settles to
a final compacted bed. The bed collapse test is the only simple method for estimating the
average dense phase voidage and bubble holdup in the bubbling fluidized bed [117,126128].

Figure 2.5: A typical bed collapse curve
Many earlier works [114,116,117,124,126,128-130] have reported that the bed expansion,
especially the dense phase expansion, increased as the particle size decreased and/or the
fraction of fines (<45μm) increased. For example, Geldart Group A particles show a
homogeneous fluidization regime with the dense phase voidage larger than the bed voidage
at minimum fluidization (εmf), different with Group B particles showing typical bubbling
fluidization with εd = εmf [124]. Abrahamsen and Geldart (1980) [128] investigated the
effect of the fraction of fines less than 45μm on the dense phase voidage in the fluidization
of Geldart Group A particles, showing an increase of the dense phase voidage with
increasing the fraction of fines. Grace and Sun (1991) [114] found that the fines content in
FCC catalysts resulted in a more expanded dense phase, smaller bubbles and an enhanced
chemical conversion. Bruni and Lettieri et al. (2006) [130] divided fines into two sub-cuts
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of size 0-25μm and 25-45μm and analyzed their effects on the fluidization of Group A
particles. The results showed that the addition of the finer sub-cut (0-25μm) more
significantly increased the dense phase expansion than the sub-cut of size 25-45μm.

2.5.2

Bubble characteristics

In general, gas bubbles rise up through a typical bubbling fluidized bed, coalesce with other
bubbles, and break up intermittently, thus enhancing mass and heat transfer [131-133]. In
particular, the bubbling behaviors, such as bubble size and rise velocity, greatly affect the
gas residence time and the gas-solid contact, subsequently influencing reactor performance.
Ideally, bubbles in a fluidize bed reactor should be small in size, uniformly distributed
throughout the bed, and have low rise velocities [117,128,134-136].
Extensive studies [137-148] on bubble behaviors of typical Geldart Group A, B, and D
powders (30-2600μm) have shown that bubbles are usually smaller in beds of finer
particles. The smaller bubble size in the fluidized bed of finer particles generally leads to
lower bubble rise velocity which is directly correlated with the bubble size [149]. Yusui
and Johanson (1958) [150] were among the first researchers who studied the bubble
characteristics and proposed and empirical bubble size correlation based on their
experimental data using different particle types with average sizes ranging from 41 to
450μm and found that bubbles nominally smaller than about 1.3cm. Darton et al. (1977)
[138] suggested a bubble size correlation based on the bubble growth pattern due to
coalescence of bubbles which has become one of the most popular bubble size correlations.
Since they have not considered any mechanism of bubble splitting and breakage, their
model predicts a constantly increasing trend of bubble size, making this model limited to
Group B and D particles. Horio and Nonaka (1987) [137] overcame this limit by
introducing the concept of equilibrium bubble size which is the result of a balance between
bubble coalescence and bubble splitting, decreasing the bubble size and making this model
appropriate for finer Group A particles which can reach the maximum stable bubble
diameter.
Werther (1984) [142] indicated that the increased fines content lead to smaller bubbles and
to a higher interphase mass transfer coefficient. Grace and Sun (1991) [114] reported that
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wider particle size distribution with s small fraction of fines less than 45 produced smaller
bubbles in the fluidization of Group A particles. More Recently, Ma and Liu et al. (2016)
[151] studied the bubbling behaviors of cohesive Geldart Group B particles, using
“polymer coating” approach to introduce cohesive forces, and found that bubble fraction
and bubble diameter decreased by increasing the cohesive force within a low level. Zou
and Li et al (2011) [152] investigated bubble behaviors in a fluidized bed with cohesive
Group C particles, and smaller bubbles were observed than that with Group A or B particles.

2.5.3

Gas flow distribution

Generally, the gas flow through a bubbling fluidized bed is divided into two portions: one
makes up the bubble phase and the other goes into the dense phase or the particulate phase
as interstitial gas. The relative distribution of gas flow between the bubble phase and the
dense phase is a very important factor that determines the performance of a gas-solid
fluidized bed reactor, because the gas flow through the dense phase is in more intimate
contact with particles than that through the bubble phase, contributing to better gas-solid
contacting.
The two-phase theory of gas-solid fluidization was used to evaluate the gas flow
distribution through the two-phases, initially proposed by Toomy and Johnstone (1952)
[153] who suggested that all gas in excess of that required for minimum fluidization would
pass through the bed in the form of bubbles:
Gb / A = ug ‒ umf
The two-phase theory implies that the dense phase vodiage and the interstitial gas velocity
in the dense phase remain almost the same as in the incipient fluidization state. However,
most of the experimental evidences [154-158] have demonstrated that the original twophase theory is only approximately true and tends to overestimate the visible bubble flow
in most cases. For example, Turner (1966) [155] and Davidson and Harrison (1966) [156]
suggested a factor K to account for a higher gas velocity than umf going through the dense
phase:
Gb / A = ug ‒ Kumf
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with K=1 for the original two-phase assumption. Theory was given to predict the value of
K by Lockett, Davison and Harrison in 1967 [122], and showed that K=1+εb for a twodimensional system, K=1+2εb for a three-dimensional system. A number of workers [3042] carried out experiments which allowed them to measure directly or to estimate visible
bubble flow rates in freely fluidized bed. Grace and Clift (1974) [157] summarized these
works and found K to vary in rang 0.7 to 27. Although the ranges of values measured for
the parameter K was wide, in almost every case K was found to be well in excess of unity.
Later on, in their review chapter, Clift and Grace [159] used a Y value, first proposed by
Werther J (1978) [160], to account for the same effect:
Gb / A = Y (ug ‒ umf)
where the value of the empirical parameter Y was usually less than unity which depended
on the powder group, bed height, and bed diameter.
The deviation from the simple two-phase theory, that is Y < 1, has increasingly been found,
especially for systems of Geldart Group A particles and other particles containing a high
fraction of “fines” (dp < 45μm) [114,117,124,126,128,161-165], due to the increased gas
holdup and gas velocity in the dense phase than those at minimum fluidization. From 1980
onwards, an increasing number of work had studied the gas flow in the fluidized beds of
fine powders (Group A), and it has become widely recognized that the dense phase voidage
and the interstitial gas flow are much greater than that suggested by the original two-phase
theory and the fine content played a major role in such deviation [70,108,126-128,161,166168]. In summary, the higher interstitial gas flow through the dense phase and lower gas
flow through the bubble phase for finer particles are important, especially for gas-phase
catalytic reactions, contributing to better gas-solid interfacial contact.

2.6 Summary
Fluidized beds are widely used as chemical reactors and many other processing devices,
especially as gas-phase catalytic reactors, which largely depend on the degree of gas-solid
contact. Fine particles in small sizes can provide large gas-solid interfacial areas and thus
are widely applied in these reactors as catalysts. Geldart (1973) classified particles into
Groups A, B, C, and D by density difference (ρp-ρg) and mean particle size (dp) based on
their different fluidization behaviors. Group C particles with extremely small particle sizes
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are deemed to non-fluidizable due to their strong interparticle forces, which lead to severe
agglomeration and channeling when Group C particles are subjected to fluidization.
Considering that the large specific surface areas of fine Group C particles are of increasing
importance in industry, various measures referred to as fluidization aids have been
developed, such as vibration and stirring by introducing external energies to overcome the
interparticle forces, or gas adsorption and the addition of finer particles to intrinsically
reducing the interparticle forces. The addition of finer particles such as nanoparticles is a
scale-independent technique and easier to implement than other measures. Although the
addition of nanoparticles has shown to significantly reduce the cohesion and increase the
flowability of Group C particles, the fluidization behaviors of these nano-modulated Group
C particles have not been systematically studied.
When compared with Group B particles, the fluidized beds of fine Group A particles have
been shown to exhibit higher gas holdup in the dense phase, smaller bubbles, more gas
flow through the dense phase and less through the bubble phase, contributing to better gassolid contact. In addition, numerous previous studies demonstrated that the interparticle
forces played an important role in bubble-free expansion in the fluidization of fine Group
A particles. Introducing the interparticle forces within a low level could improve the
fluidization quality for Group A and B particles, showing higher dense phase expansion
and smaller bubbles. For even smaller Group C particles, there is no question but that
interparticle forces dominate the flow and fluidization behaviors over the gravity. The
nano-modulated Group C particles with a control of interparticle forces can provide even
larger specific surface area and are expected to exhibit better fluidization quality than
Group A particles, contributing to better gas-solid contact which is one of the most
important indexes that controls the performance of a fluidized bed reactor. As a result, it is
important and necessary to comprehensively investigate the fluidization dynamics of
Group C particles with the addition of nanoparticles.

Nomenclature
A

Cross-sectional area of a fluidized bed (m2)

Ap

Specific surface area of a particle (m2/m3)
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AH

Hamaker coefficient (J)

dp

Particle size (μm)

Fvan

Van der Waals force (N)

Gb

Gas flowrate through the bubble phase (m3/s)

Ht

Total fluidized bed height (m)

Hd

Dense phase height (m)

Hs

Settled bed height (m)

H0

Initial bed height (m)

R

Radius of a sphere (m)

S

Surface area of a sphere (m2)

ug

Superficial gas velocity (m/s)

umf

Minimum fluidization velocity (m/s)

umb

Minimum bubbling velocity (m/s)

V

Volume of a sphere (m3)

Z

Separation distance between two particles (m)

ρp

Particle density (kg/m3)

ρg

Gas density (kg/m3)

εb

Bed voidage (-)

εd

Dense phase voidage (-)

εmf

Bed voidage at minimum fluidization (-)
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Chapter 3

3

Group C+ Particles: Enhanced Flow and Fluidization of
Fine Powders with Nano-Modulation
(A version of this chapter has been published in Chemical Engineering Science)

Zhou Y, Zhu J. Group C+ particles: Enhanced flow and fluidization of fine powders with nanomodulation. Chemical Engineering Science. 2019; 207:653-62.

The main challenge in the flow and fluidization of Geldart Group C particles is their
cohesive nature due to strong interparticle forces. The “nanoparticle modulation” technique
is adopted to reduce the interparticle forces of Group C particles and thus significantly
improve their flow and fluidization quality. Group C+ particles, a new type of fine particles
with drastically reduced or insignificant interparticle forces, are created using the nanomodulation technique. Fundamental studies provided a comprehensive understanding of
the flow and fluidization quality of Group C+ particles. Nano-modulation led to major
enhancements to both the static and dynamic flowability of Group C+ particles. Moreover,
Group C+ particles exhibited revolutionary advancements in fluidization, which enabled its
pseudo-particulate fluidization over a wide range of operating gas velocities, up to 200%300% times that of bed expansion. The high bed expansion allows more gas to be retained
in the bed and provides large volumes for gas-solid interfacial contact, thus promoting
chemical reactions, especially gas phase catalytic reactions.

3.1 Introduction
The flowability and fluidizability are important characteristics of powders which are
directly related to the handling and processing of particles in many processes. The flow of
powders dictates the quality of the products and also affects the efficiency during
manufacturing. In addition, fluidization is the most important technique for handling
particles in industry because of its high gas-solid contact efficiency, high mass/heat transfer
rates and the ability to handle a large amount of particles continuously. In 1973, Geldart
[1] classified particles into four groups according to their flow and fluidization behaviors,
as shown in Figure 3.1. Group A particles are usually 40-100 µm in diameter with particle
densities of 1000-3000 kg/m3, and exhibit smooth flow and fluidization. Group B and
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Group D are much larger and denser particles, while having good flowability. Their
fluidization is less ideal and usually accompanied by larger and more dynamic bubbles.
Group C particles (often referred as fine or ultrafine particles), less than 30-40 µm in
diameter with particle density of 1000-3000 kg/m3, are cohesive and hard to flow and
fluidize. This poor flowability and fluidization quality is ascribed to their cohesiveness
arising from the strong interparticle forces [2-4]. That said, Group C particles are being
increasingly used over the other particles by a variety of processes in the industry due to
their small particle size and extremely high surface area [5]. The small particle size is
favorable in many applications such as pharmaceutical applications [6-7], powder coating
[8] and the food industry [9-10]. The high specific surface area of Group C particles attracts
more attention in some physical and chemical processes, including surface modification
[11-13], catalytic reactions [14-15] and catalyst synthesis [16-17]. The biggest challenge
of applying Group C particles is the poor flowability and poor fluidization caused by its
cohesive nature, which limits their areas of application. If its strong cohesiveness could be
overcome, Group C particles should exhibit better flow and fluidization than Group A, B
and D particles. In conclusion Group C particles could be successfully applied in industry
processes.

Figure 3.1: Geldart powder classification [8]
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To further understand the increasing importance of Group C particles in modern industries,
many methods have been investigated to improve their flow and fluidization. These
methods, often called fluidization aids, may be divided into two groups in terms of the
different mechanisms. One is by introducing external energies to disturb channeling and to
break agglomerates, including mechanical vibration [18-19], acoustic vibration [20-21],
mechanical stirring [22] and the addition of magnetic or electrical fields [23-24]. However,
these methods are scale-dependent and thus have limited success. The other one is by
modifying particle surface to reduce the interparticle forces intrinsically, such as gas
adsorption [25-26] and adding coarser or finer particles [27-29]. These methods are scaleindependent and are relatively easy to implement.
The addition of some finer particles has been found to reduce the cohesiveness and
agglomeration of fine particles and turn cohesive particles into free-flowing powder [8,3031]. In most systems with dry particles, the van der Waals force is dominant among the
three major interparticle forces [27]. Xu et al. [32] found nanoparticles clinging to Group
C particles as asperities and an asperities-contact model was proposed to estimate the
reduction of interparticle forces. It was concluded that nanoparticles increased separation
distance and decreased van der Waals between Group C particles, thus reducing the
cohesiveness and improving the flowability. In addition, many other researchers [33-35]
found that nanoparticles could turn Group C particles from non-flowable to free-flowing
and from non-fluidizable to fluidizable. However, no researchers have studied the
fluidization quality and the fluidization behaviors of Group C particles with nanoparticles
so far.
Generally, a good fluidized bed is characterized by uniformly suspended particles and
fewer fluctuation with small bubbles. In addition, a good fluidized bed reactor is
characterized by more gas entering into the dense phase and fewer gas entering into the
bubble phase. One of the most important characteristics that describes the fluidization
quality is the bed expansion. High bed expansion generally indicates better fluidization
with more gas contained in the bed, resulting in better gas-solid contact [36]. For fine
particles, the strong interparticle forces mainly result in agglomeration and channeling
during fluidization with almost little bed expansion [37]. Although the study by Xu [38]
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appeared to point to high bed voidages for these Group C particles after surface coating by
nanoparticles, they focused more on the minimum fluidization velocity. Not enough
attention was paid for further study of the bed voidage. Similarly, most people focus more
on the mobility or flowability of fine particles with the addition of nanoparticles, but do
not pay much attention towards fluidization behaviors, and presume that nanoparticles just
make Group C particles become Group A particles. However, our experiments showed that
it is quite different between Group A particles and Group C particles with the addition of
nanoparticles.
This present work looks to systematically study the flowability and fluidizability of “Group
C+” particles, which are essentially Group C particles after nanoparticle modulation, and
to investigate the effects of nanoparticle concentration. Given the smooth flowability and
fluidization process of Group A particles, a comparative study on the flow and fluidization
behaviors of Group C+ particles with Group A particles is conducted to find out the
similarities and differences.

3.2 Experimental methodology
3.2.1

Particulate materials

The particles used in this work were glass beads (GB) and polyurethane particles (PU) with
their properties listed in Table 3.1. The nanoparticles used in this experiment were SiO2
particles with a reported size of 16 nm and a material density of 2200 kg/m3, marketed as
R972 by Evonik.
Table 3.1: Physical properties of experimental particles
Powder
Name
GB10
GB39
GB65
PU10
PU18
PU36
PU105

Particle Size (µm)
D10
1.6
15
30
2
4
12
45

D50
10
39
65
10
18
36
105

D90
29
85
139
30
50
74
200

Shape
Spherical
Spherical
Spherical
Irregular
Irregular
Irregular
Irregular
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Particle
Density
(kg/m3)
2,500
2,500
2,500
1,200
1,200
1,200
1,200

Bulk
Density
(kg/m3)
916
1,275
1,254
560
648
679
720

Geldart
Classification
C
A
A
C
C
C
A
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3.2.2

Nanoparticle modulation

Group C particles were mixed with nanoparticles using the ultrasonic vibrating method, as
detailed in the patent of Jingxu Zhu and Hui Zhang [39], where the technique was first
proposed as nanoparticle modulation (nano-modulation). This is an economic method to
improve the flow and fluidization of Group C particles, as the nanoparticles are cheap
(around $10/kg) and this technique is scale-independent. Group C+ particles are nanomodulated Group C particles. SEM (S-2600N Scanning Electron Microscope, Hitachi Ltd.,
JP) was applied to study the surface morphology of Group C particles before and after
nanoparticle modulation. In this test, five nanoparticle concentrations were used, namely
0.27%, 0.44%, 0.82%, 0.9% and 1.7% (volume fraction). Figure 3.2 shows the SEM
images of Group C particles (both GB10 and PU10) before and after nanoparticle
modulation. In Figure 3.2(a), GB10 virgin particles were round and possessed almost
perfectly smooth surfaces. After being modulated by a small amount of nanoparticles, the
surfaces of GB10+0.82% became rougher and the SiO2 nanoparticles clung onto the GB10
particle surfaces as asperities (as shown in Figure 3.2(b)). For PU10 particles that were
irregular, the surfaces were also rougher after nanoparticle modulation (as shown in
Figure 3.2(c) and Figure 3.2(d)).
Figure 3.3 shows SEM images of Group C+ particles after fluidization during the next two
days. Both GB10+ and PU10+ particles were still clearly covered by nanoparticles,
reinforcing the observation before that nanoparticles were not easily worn off during the
fluidization [8].
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Figure 3.2: SEM images of Group C particles before and after nanoparticle
modulation
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Figure 3.3: SEM images of Group C+ particles after fluidization

3.2.3

Flowability tests

Particle flowability was characterized by both static and dynamic methods such as the
cohesion test (FT4), angle of repose (AOR) and avalanche angle (AVA). Powder cohesion
was tested by an FT4 Powder Rheometer manufactured by Freeman Technology,
evaluating the static flowability of particles. A powder sample was first conditioned and
pre-sheared to reach a homogenized state and then was compressed under a specified
normal stress of 9 kPa. Afterwards, the powder sample was sheared under normal stresses
of 7, 6, 5, 4 and 3 kPa respectively to obtain shear stresses and the yield locus was achieved
to obtain the cohesion, as detailed in [40-42].
Ange of repose (AOR), the largest angle at which powders can pile up, is considered as the
powder flowability under a semi-static state. It was measured using a PT-N Hosokawa
Powder Characteristic Tester, following a standard test [43]. A powder sample was first
loaded onto a screen with a vibrator and then the powder sample fell through the funnel to
a plate at a low and constant rate by adjusting the vibration intensity. Then, the powder
sample would cover the plate and pile up. The angle of repose was measured when no more
powder could be accumulated on the tip of the powder heap. In general, a smaller value of
AOR indicates better powder flowability, as listed in Table 3.2.
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Table 3.2: Classification of powder flowability by AOR [28]
Angle of repose (AOR)
25°< θ <30°
30°< θ <38°
38°< θ <45°
45°< θ <55°
55°< θ <70°

Flowability
Very free-flowing
Free-flowing
Fair to passable flow
Cohesive
Very cohesive

Avalanche angle (AVA) is referred to as powder flowability under a dynamic state,
measured using a powder analyzer (Revolution Powder Analyzer, Mercury Scientific Inc.,
US). A powder sample was placed into a cylindrical drum which was rotated at 0.6 rpm.
The powder would collapse or avalanche when the drum was rotated a certain angle.
Avalanche angle (AVA) is the maximum angle where the avalanche occurs at a low
rotating speed. More details are described in literatures [44-46]. For each sample, all these
measurements were repeated for two to three times and the average value was used in this
work.

3.2.4

Fluidized bed

As schematically shown in Figure 3.4, the fluidization column was made of Plexiglas with
5.08 cm in I.D. and 45.7 cm in height. The compressed air flowed through PVC tubes into
the wind box at two opposite positions and passed through the distributor to fluidize the
particles. The distributor was a plate with 66 holes of 3 mm in diameter with an opening
area ratio of 23% at the top of the wind box. Two layers of 625 mesh screen were covered
on the distributor. Two pressure taps at the bottom and at the top of the fluidization column
were used to measure the pressure drop of the entire bed by a slant U-tube manometer with
an angle of 30°. A measuring tape was fixed outside the column for measuring bed height.
Bed expansion ratio (BER) is the ratio of the total fluidized bed height (Ht) at operating
conditions to the initial fixed bed height (H0), as given by the following Equation (3.1):
BER = Ht / H0

(3.1)

The minimum fluidization was determined by the pressure drop profile, where the pressure
drop across the bed increases with superficial gas velocity in a typical fixed bed and then
levels off after complete fluidization. The operating gas velocity at the interception of the
fixed bed and the fluidized bed is identified as the minimum fluidization velocity. In this
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paper, normalized pressure drop (Pn = ΔP/(W/A)) was used and defined as the ratio of
measured pressure drop (ΔP) to the particle weight per cross-sectional area (W/A).

Figure 3.4: Schematic diagram of experiment setup

3.3 Results and discussion
3.3.1

Powder flowability

Powder flowability is an important index because it intrinsically affects powder behaviors
in handling and processing operations in industry, such as storage, transportation, mixing
and packaging [47]. Figure 3.5 shows the static (cohesion) and dynamic (AOR, AVA)
powder flowability of different types of particles as a function of nanoparticle
concentration. As shown in Figure 3.5(a), Group C virgin particles (GB10, PU10, 18 and
36) have strong cohesion before nanoparticle modulation, leading to poor flowability. The
nanoparticle modulation could significantly reduce the cohesion of Group C particles,
indicating better flowability. As the nanoparticle concentration increases, the cohesions of
Group C+ particles initially show a significant decrease and then level off or slightly
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increase. As shown in Figures 3.5(b) and (c), both AOR and AVA of these Group C and
Group C+ particles show a similar trend in the cohesion.
Group A particles (GB39 and PU105) have much lower cohesion, smaller AOR and
smaller AVA than both Group C and Group C+ particles. Particularly, PU36 shows poor
flowability before nanoparticle modulation, like typical Group C particles, but its cohesion,
AOR and AVA are close to those of Group A particles, signifying similarly good
flowability as Group A particles. In summary, Group C particles are cohesive with poor
flowability, after nanoparticle modulation, Group C+ particles are free-flowing and show
relatively good flowability, although it is till poorer than that of Group A particles. PU36
exhibits the flow characteristics of both Group C and Group A particles, which is expected
to be Group C/A particles. Moreover, the nanoparticle concentration is at an optimum value
of around 0.5%-1%, consistent with previous studies by Q. Huang [48] and C.B, Xu [32].
The improvement of nanoparticles on powder flowability of Group C particles is due to the
reduction of the cohesion ascribed from the interparticle forces. Nanoparticle concentration
would affect the surface coverage of Group C particles and have an optimum value, at
which the surface coverage may be sufficient to prevent direct contact between the two
cohesive particles. As a consequence, the cohesion abruptly decreased. After that, the
cohesion would become constant or even slightly increase as the surface coverage
continually increases.
In another aspect, the cohesion of Group C+ particles may be related to surface roughness.
GB10 has higher cohesion, larger AOR and AVA than PU10 due to its surface
configuration, which is spherical and much smoother than that of PU10, resulting in
stronger cohesiveness and thus poorer flowability. The nanoparticles on the Group C+
particles also increase the surface roughness, thus reducing the cohesion. After the
optimum value, the increase of nanoparticle concentration may reduce the surface
roughness to some extent, resulting in the increase of the cohesion and inducing the
relatively poorer flowability.
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Figure 3.5: Flowability of Group C, Group C+ and Group A particles
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3.3.2

Pressure drop

The pressure drop of the fluidized bed can be used to evaluate the fluidization quality.
Generally, good fluidization is characterized by a normalized pressure drop of close to 1,
signifying the whole bed is fully fluidized and all particles are suspended. Figure 3.6 shows
the normalized pressure drop of Group A, Group C and Group C+ particles. GB39 and
GB65 belonging to Group A particles could fluidize well at low superficial gas velocities
and achieve high normalized pressure drop of close to 1. For GB10 and PU10 belonging
to Group C particles, their incipient fluidization could not be identified before nanoparticle
modulation, and their normalized pressure drops are much lower due to significant
channeling observed in the experiments. Gas went through the channels and most of the
bed was de-fluidized, leading to the low pressure drop. After nanoparticle modulation,
higher normalized pressure drops close to unity are quickly attained and incipient
fluidization could be clearly identified, suggesting good fluidization of these Group C+
particles.

Figure 3.6: Pressure drop of Group A, Group C and Group C+ particles
It is apparent that the normalized pressure drop will attain unity and remain in this state
when all particles in the bed are fully fluidized. Figure 3.7 demonstrates the effect of
nanoparticle concentrations on pressure drop of Group C+ particles. After nanoparticle
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modulation, these Group C+ particles could be well fluidized with a normalized pressure
drop of close to 1, similar to Group A particles. In addition, nanoparticle concentration has
an influence on the pressure drop and incipient fluidization. This is because the
nanoparticle concentration affects the cohesiveness of Group C+ particles and further
affects the fluidization behaviors.

Figure 3.7: Effect of nanoparticle concentration on pressure drop of Group C+
particles

3.3.3

Minimum fluidization velocity

Minimum fluidization velocity is an important parameter for describing the fluidizability
of particles [32]. Figure 3.8 reveals the effect of nanoparticle modulation on the minimum
fluidization velocities of various particles. It could be concluded that nanoparticle
modulation could significantly reduce the minimum fluidization velocities of Group C+
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particles but not that of Group A particles. For example, as nanoparticle concentration
increases, the minimum fluidization velocities of Group C+ particles initially decrease and
then show a slight increase as the nanoparticle concentration reaches a certain value of
around 0.5%-1%. Nanoparticle concentration does not change the minimum fluidization
velocities of Group A particles (GB39 and PU105). This phenomenon is in part because
nanoparticles could reduce the cohesion of Group C particles which is negligible for Group
A particles and does not play an important role in the fluidization of Group A particles.
As shown in Figure 3.7, the pressure drop of PU36 virgin particles is low and the minimum
fluidization velocity could not be identified. However, after nanoparticle modulation,
PU36+ particles could quickly achieve a high normalized pressure drop of close to 1,
indicating full fluidization. In Figure 3.8, the minimum fluidization velocities of these
nano-modulated PU36 particles are almost as low as Group A particles, like GB39 and
PU105, and are not affected by nanoparticle concentration. These phenomena suggest that
PU36 particles may exhibit properties of both Group C and Group A particles. Intrinsically,
PU36 particles are non-fluidizable, while nanoparticle modulation could help them fully
fluidize with a low minimum fluidization velocity like Group A particles, signifying PU36
particles appear to be Group C/A particles.
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Figure 3.8: Effect of nanoparticle concentration on minimum fluidization velocity
It is evident that the minimum fluidization velocity for Group C+ powder shows a similar
trend as the cohesion in Figure 3.5 (a), indicating that fluidization behaviors are also related
to powder cohesiveness. As cohesion decreases, it is expected that the minimum
fluidization velocity also decreases due to the reduction in the interparticle forces.
Figure 3.9 shows the relationship between the minimum fluidization velocity and the
cohesion of Group C+ particles (GB10, PU10 and PU18). For both glass beads (GB) and
polyurethane particles (PU), the minimum fluidization velocity increases as the cohesion
increases, demonstrating an exponential relationship. A high cohesion of the particles in
the bed tends to make them agglomerate and thus increases the difficulty in incipient
fluidization, since the fluidizing gas has difficulty breaking the agglomerates and is hard
to uniformly suspend the particles.
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Figure 3.9: The relationship between the minimum fluidization velocity and
cohesion for Group C+ particles

3.3.4

Bed expansion

The bed expansion ratio (BER), defined as the ratio of the fluidized bed height to the
initially fixed bed height, is often employed to characterize fluidization quality. The bed
expansion ratio of Group C and Group A particles before and after nanoparticle modulation
are shown in Figure 3.10. The addition of nanoparticles does not exhibit an effect on the
bed expansion of Group A particles. For Group C virgin particles, they present insignificant
bed expansion due to de-fluidization. However, after surface modulation by nanoparticles,
their beds significantly expand. For example, the bed expansion ratio of the nanomodulated GB10 and PU10 reaches as high as 2.3, which is around 180% of GB39 and
PU105. Generally, a high bed expansion indicates higher gas holdup in the bed, and
therefore allowing more gas to have chances make contact with particles. A large amount
of gas inside the fluidized bed could provide significantly enhanced gas-solid contact.
Conclusively, the Group C+ particles with much higher bed expansion could provide
excellent gas-solid contact, which is an important characteristic for many chemical and
physical processes in industry.
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Figure 3.10: Effect of nanoparticles on bed expansion of Group C and Group A
particles
Figure 3.11 illustrates the effect of nanoparticle concentration on bed expansion of Group
C+ particles. The fluidized bed of Group C+ particles dramatically expands after
nanoparticle modulation. Although the virgin Group C particles are non-fluidizable, their
bed height shows a slight increase with the gas velocity. For the nano-modulated GB10
particles, the bed expansion starts later than that for Group A particles. Once the operating
gas velocity reaches the minimum fluidization velocity, the bed quickly and significantly
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expands. As the nanoparticle concentration increases, the bed expansion becomes higher.
For nano-modulated PU10 and PU18 particles, the bed expansion ratio initially increases
and then decreases with nanoparticle concentration increasing. The highest bed expansion
ratio could be achieved when the nanoparticle concentration was 0.44%, consistent with
the results shown in the literature [32], which reports the optimum value of nanoparticle
concentration could be 0.5%-1%.
For PU36+ particles, they have low minimum fluidization velocities similar to Group A
particles, therefore they are easy to fluidize. As a result the bed expansion starts earlier than
other Group C+ particles. In addition, the bed expansion ratio could reach 1.9, much higher
than that of Group A particles which is only 1.2-1.4. It could be concluded that PU36
belongs to Group C/A powder. Both the minimum fluidization velocity and the bed
expansion ratio can reflect the characteristics of Group C/A particles.
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Figure 3.11: Effect of nanoparticle concentration on bed expansion of Group C+
particles
Figure 3.12 shows the bed voidage of Group C+ and Group A particles. It could be found
that the Group C+ particles have much higher bed voidage than Group A particles. For
example, the bed voidage of GB10+0.82% and PU10+0.44% particles after nanoparticle
modulation could reach as high as 0.84 and 0.8, respectively, which are around 140% of
Group A particles. Generally, a high bed voidage suggests that the fluidized bed contains
more gas in it and contributes to better gas-solid contact. As a result, the fluidization of the
Group C+ particles could theoretically provide a much higher gas-solid contact efficiency
than Group A particles.
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Figure 3.12: Bed voidage of Group C+ And Group A+ particles

3.4 General discussion
High bed expansion for Group C+ particles
Group C particles with small particle size are not fluidizable because of the cohesion
arising from the strong interparticle forces. However, the Group C+ particles could be
fluidized well and possess good fluidization quality with acceptable minimum fluidization
velocity and high bed expansion over an extended range of gas velocities. As a result the
small particle size of Group C+ particles can provide a large specific surface area, the high
bed expansion in the bed can retain more gas to contact with particles, thus significantly
improving gas-solid interfacial contact which is greatly important and meaningful for
chemical reactions, especially for gas-phase catalytic reactions.
The high bed expansion in the Group C+ particle fluidization may be ascribed to two
reasons: the small bubbles and the reduced but proper interparticle forces. The smaller
particle size of Group C+ particles gives rise to the reduction in the bubble diameter in the
fluidized bed. Big bubbles have higher rising velocity which weaken the expansion of the
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dense phase, while small bubbles with lower rising velocity have longer residence time in
the bed, contributing to higher bed expansion when compared with Group A particles.
Another one is the proper interparticle forces. Although the interparticle forces between
Group C+ particles are significantly decreased by nanoparticle modulation, they are not
negligible and are larger than that between Group A particles. The weakened but still
existent interparticle forces could make more gas trapped in the interstices between
particles, contributing to higher bed expansion. As described in many previous works
[14,49-51], the addition of some fine particles (<45 microns) in Group A particle
fluidization can increase the dense phase voidage and promote the capability of the
fluidized bed to retain aeration gas, contributing to the stability of the bed. Supposedly, the
addition of fine particles is a way to introduce the proper interparticle forces into the
system, which could increase the bed voidage and improve the fluidization quality.
Optimum surface coverage for Group C+ particles
Nanoparticle concentration clearly affects the flowability and fluidization of Group C+
particles and has an optimum value around 0.5-1%. Intrinsically, the change in nanoparticle
concentration influences the surface coverage of Group C+ particles. It can be expected that
there exists a certain value of the surface coverage that is enough to separate the fine
particles and prevent the direct contact between the two fine particles, at this value the
cohesion would be dramatically decreased, contributing to good flowability and
fluidization quality. The surface coverage beyond this value would not result in further
reduction of the cohesion. After that, the cohesion becomes constant or may even slightly
increase.
Figure 3.13 shows the effect of the surface coverage for different Group C+ particles on the
cohesion and minimum fluidization velocity. To simplify the calculation, it assumes all
these Group C+ particles as spheres, nanoparticles as individual particles (Figure 3.13a)
and as agglomerates (Figures 3.13b and 3.13c) on the fine particle surface. The
agglomerate size is 5 times that of the individual nanoparticle size. Clearly, there is an
optimum surface coverage at which the Group C+ particles possess the smallest cohesion
and the lowest minimum fluidization velocity. If considering nanoparticles as individual
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ones, the optimum surface coverage is around 50%-70%, and if considering those as
agglomerates, the optimum value is around 10%-20%.
Figure 3.14 shows the experimental results conducted by previous workers in our research
group, Huang Qing [48] and Chunbao Xu [32]. It is evident that the smallest cohesion could
be achieved at a surface coverage of 10%-20% (nanoparticles as agglomerates), and the
lowest minimum fluidization velocity could be obtained at a surface coverage of 8%-12%
(nanoparticles as agglomerates), consistent with our results in some degree. Figure 3.15
summarizes the optimum surface coverage for all systems conducted by us and other
workers [32,48]. For most experiments, the results are close and consistent. The optimum
surface coverage for Group C+ particles should be 10%-20% (nanoparticle as
agglomerates).
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Figure 3.13: Effect of surface coverage on the cohesion and minimum fluidization
velocity (data in this work)
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Figure 3.14: Effect of surface coverage on the cohesion and minimum fluidization
velocity (data from (a) Qing Huang [48]; (b) Chunbao Xu [32], surface coverage
calculated by assuming the nanoparticles as agglomerates)
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Figure 3.15: The optimum surface coverage for all systems
(1,3,5 from Qing Huang [48]; 2,4,6 from Chunbao Xu [32];
1-14 from the data in this work)

3.5 Conclusions
Group C+ particles can be fluidized well after nanoparticle modulation. Nanoparticles as
fluidization aids, do have the ability to reduce the cohesion of Group C particles and
improve the fluidization quality. The minimum fluidization velocities of Group C+ particles
can be clearly identified and the values are acceptable, even if they are higher than that of
Group A particles. The minimum fluidization velocity is closely related to the cohesion. A
larger cohesion will result in a higher minimum fluidization velocity.
The fluidized bed of Group C+ particles can expand to as high as 2-3 times of the fixed bed
height. The bed expansion ratios (BER) for these Group C+ particles reach as high as 2.3,
around 180% of that for Group A particles. In addition, the bed voidage in the bed of the
Group C+ particles could reach as high as 0.84, around 140% of that in the bed of Group A
particles. The high bed expansion and bed voidage indicate the pseudo-fluidization of
Group C+ particles. This unique and significant characteristic can retain more gas in the

69

70

bed and contribute to better gas-solid contact, which is critical and greatly meaningful for
many processes in industry, especially for gas-phase catalytic reactions.
PU36 particles exhibit the characteristics of both Group C and Group A particles. They are
cohesive and are not fluidizable before nanoparticle modulation. However, the nanomodulated PU36 particles possess the same low minimum fluidization velocity and low
cohesion as Group A particles. Surprisingly, they exhibit a high bed expansion ratio of 1.9,
around 140% of Group A particles. PU36 particles could be regarded as Group C/A
particles.
Nanoparticle concentration greatly affects the fluidization quality of Group C+ particles,
and there exists an optimum nanoparticle concentration depending on the surface coverage
and surface roughness. The optimum nanoparticle concentration was around 0.5-1%
(volume fraction) for Group C+ particles. Moreover, the optimum surface coverage for
Group C+ particles is around 10-20%.

Nomenclature
A

Cross-sectional area of a fluidized bed (cm2)

dp

Particle size (μm)

D10

Percentage 10% of particles under this particle size (μm)

D50

Percentage 50% of particles under this particle size (μm)

D90

Percentage 90% of particles under this particle size (μm)

Ht

Total fluidized bed height (cm)

H0

Initial bed height (cm)

ΔP

Pressure drop across the whole bed (Pa)

Pn

Normalized pressure drop (-)

W

Particle weight (N or kg m/s2)

ρp

Particle density (kg/m3)

ρg

Gas density (kg/m3)

εb

Bed voidage (-)
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Chapter 4

4

Group C+ Particles: Extraordinary Dense Phase
Expansion during Fluidization through Nano-modulation
(A version of this chapter has been published in Chemical Engineering Science)

Zhou Y, Zhu J. Group C+ particles: Extraordinary dense phase expansion during fluidization through
nano-modulation. Chemical Engineering Science. 2020; 214:115420.

Group C particles, although deemed to be difficult to fluidize because of their cohesive
nature, fluidize well with high bed expansion and therefore hold more gas in the bed after
nano-modulation. Using the bed collapse test, the dense phase properties of those formed
Group C+ and Group A particles were characterized. Group C+ particles exhibited much
higher dense phase expansion and larger dense phase voidage than Group A particles,
indicating more gas holdup in the dense phase available for intimate gas-solid contact.
Therefore, Group C+ particles, with the extraordinary dense phase expansion and the large
specific surface area, are significantly better for industrial processes, especially in gasphase catalytic reactions. Maximum dense phase expansion (Ed,max) was defined as a factor
for quantifying the expansion ability of the dense phase for different particles. Group C+
particles with greater Ed,max values signifies higher dense phase expansions, beneficial for
gas-solid contact.

4.1 Introduction
Modern fluidization technology has been proven to be an effective way of processing
particulates due to its good fluid-solid contact, higher mass and heat transfer rate and ability
to handle large quantities of particles. Geldart [1] classified particles into Group A, B, C
and D based on the particle size and particle density. Group B particles are bubble-ready
particles which exhibit typical bubbling fluidization behaviors. Group A particles have
smaller particle size, show smoother fluidization with a slight dense phase expansion, and
is widely used in the fluid catalytic cracking (FCC) process [2,3]. Group C particles have
an extremely high surface area and can significantly enhance many surface-based
processes, such as gas-phase catalytic reactions [4-7]. That said however, the extremely
small sizes of Group C particles make them cohesive and tend to form large agglomerates
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due to strong interparticle forces, leading to the reduction of “valuable” surface area and
difficulties in fluidization [8-11]. The cohesiveness of Group C particles limits their level
of effective utilization in practical applications. Previous studies [12-14] found that
nanoparticles could adhere onto the surface of Group C particles as asperities to increase
the separation distance and thus reduce the van der Waals forces which predominate among
interparticle forces. As a result, Group C particles after going through surface modification
by nanoparticles appeared to fluidize well [14,15]. Group C+ particles, which are Group C
particles with nano-additives, were first proposed in Chapter 3. They exhibited a much
higher total bed expansion than Group A particles, indicating better fluidization with more
gas holdup and longer gas residence time in the bed, and therefore better solid-gas contact.
Summarily, these works focused on the nanoparticle modification on the improvement of
the flowability and fluidization behaviors for Group C particles. Seldom studies investigate
the gas distribution in the dense phase and bubble phase of Group C+ particle fluidization,
which is more critical for gas-phase catalytic reactions.
The two-phase theory can be utilized to estimate the gas distribution in the fluidized bed.
The “basic two-phase theory” originated in the work of Toomy and Johnstone [17]
proposed that all gas in excess of the minimum fluidization velocity (umf) passed through
the fluidized bed as bubbles (GB/A = ug – umf) while the dense phase remained at minimum
fluidization (ɛd = ɛmf). The “basic two-phase theory” can describe the fluidization
characteristics of Group B particles, but this theory does not apply to fine particles such as
Group A particles [18-20]. A number of works [21-25] modified this “basic two-phase
theory” for Group A particles and the deviation was expressed in the form: GB/A = ug –
kumf, where, generally, k>1, indicating an increase in the interstitial gas velocity above umf
and an increase in dense phase voidage above εmf. The increase in dense phase voidage
means more gas is retained in the dense phase and the gas has a higher chance to interact
with the solids, thus improving gas-solid contact efficiency. Group C+ particles with
extremely small particle sizes than Group A particles would exhibit more different
characteristics than this theory expected. The performance of a fluidized bed reactor mainly
depends on the degree of gas-solid contact, the solid mixing rate and the bubble size [2628]. As a result, the dense phase expansion is a critical characteristic for evaluating the
fluidization quality and the reaction performance.
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Dense phase properties can be evaluated using the bed collapse test, which was initially
proposed by Rietema in 1967 [29] and now is one of the most popular methods of
characterizing fluidized bed hydrodynamics. This technique is carried out by first fully
fluidizing the bed, followed by suddenly shutting off the gas supply, then tracking the bed
surface level as it collapses. The bed collapse process, as shown in Figure 4.1, can be
clearly divided into three stages: (1) the bubble escape stage, where the bed surface drops
quickly due to gas bubbles reaching and escaping from the top of the bed; (2) the
sedimentation stage, where the gas in the interstices of the dense phase in excess of ɛmf
escapes; (3) the consolidation stage, where the fixed bed further settles to a final compacted
bed. The bed collapse test is the only simple method for estimating the average dense phase
voidage and bubble holdup in the bubbling fluidized bed [24,25,30,31].

Figure 4.1: A typical bed collapse process
As previously discussed, the simple “two-phase” theory can depict the fluidization process
for Group B particles but not accurately for Group A particle [32-36]. The deviation from
the simple two-phase theory for Group A particles correlates strongly with the fines level
(<45 µm) [30,31]. The average dense phase voidage increased as the particle size decreased
and the fraction of fines (<45 µm) increased [23,37], resulting in more gas holdup in the
dense phase. Following this trend, Group C+ particles are expected to exhibit higher dense
phase expansion.
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In the present work, the characteristics of the dense phase and the bubble phase, including
the dense phase voidage and the bubble holdup, were evaluated by carrying out the bed
collapse test using Group C+ particles, and the differences between Group C+ and Group A
particles were also studied.

4.2 Experimental
As shown in Figure 4.2, the fluidization column was made of plexiglas with a dimension
of 5.08 cm (I.D.) x 45.7 cm (height). A perforated plate with an open area ratio of 23%
acted as the gas distributor and was covered by two layers of filter cloth with a mesh of
625 to increase the pressure drop to provide a uniform gas distribution and prevent the
particles dropping into the wind box. The pressure drop of the gas distributor accounted
for around 10% or even larger of the particle weight per cross-sectional area under most
operating gas velocities. The air flowed through two PVC tubes into the wind box at two
opposite positions. A measuring tape fixed along the fluidization column was used to
measure the bed height. The bed expansion ratio (BER) in the bed collapse tests was
defined as the ratio of the fluidized bed height (Ht) to the settled bed height (Hs).
The particles used in the present experiments were glass beads (GB), fluid catalytic
cracking (FCC) catalysts, polyurethane particles (PU) with their physical properties listed
in Table 4.1. Glass beads and polyurethane particles are non-porous, their apparent particle
densities are the material density. FCC particles are porous and the apparent density was
measured and reported by Chengxiu Wang [38], based on the “wet cake” method by
Abrahamsen and Geldart (1980) [30]. Both inorganic (GB and FCC) and organic (PU)
particles were adopted to test the effect of the material property on the experiments. The
nanoparticles used in this experiment were SiO2 particles with a particle size of 16 nm and
particle density of 2200 kg/m3 (marketed as R972 by Evonik). Group C+ particles were
produced using the nanoparticle modulation technique by mixing a small amount of
nanoparticles with Group C particles [12,39]. In the present work, three nanoparticle
concentrations in volume fractions were used, namely 0.27%, 0.44%, 0.82%. Table 4.2
shows the minimum fluidization velocities (umf) of these Group C+ particles.
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Figure 4.2: Experimental setup
Table 4.1: Physical properties of experimental particles
Powder
Name
GB10
GB39
FCC8.5
FCC20
FCC76
PU10
PU18
PU36
PU90
1
2

Particle Size (µm)
D10

D50

D90

1.6
15
1.5
4.4
20
2
4
12
23

10
39
8.5
20
76
10
18
36
90

29
85
26
53
139
30
50
74
205

Sphericity

Particle
Density
(kg/m3)

Compact Bulk
Density1
(kg/m3)

Loose Bulk
Density2
(kg/m3)

1
1
0.88
0.91
0.98
0.76
0.76
0.78
0.77

2500
2500
1780
1780
1780
1200
1200
1200
1200

916
1275
509
627
874
560
648
679
696

788
1260
456
565
830
498
585
600
635

Bulk density of the fixed bed before fluidization.
Bulk density of the settled bed after bed collapse test.
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Table 4.2: Minimum fluidization velocities of experimental particles
Nanoparticle
concentration (v%)
0.27
0.44
0.82

Minimum fluidization
velocity (cm/s)
9.8
8.4
6.4

FCC8.5

0.27
0.44
0.82

12
12.5
9.5

C

FCC20

0.27
0.44
0.82

6
6.5
6.5

C

PU10

0.27
0.44
0.82

5.7
4.1
2.3

C

PU18

0.27
0.44
0.82

3.8
2.8
3.2

C

PU36

0.27
0.44
0.82

0.8
0.6
0.9

A/C

GB39

0
0.82

0.5
0.5

A

FCC76

0
0.82

0.4
0.4

A

PU90

0
0.82

0.6
0.6

A

Powder name
GB10

Geldart
Classification
C

The procedures of the bed collapse test include: (1) the bed was fully fluidized at a high
superficial gas velocity; (2) the gas supply was suddenly shut off and the bed started
collapsing; (3) the bed height was recorded as a function of time. The whole process was
recorded using a digital camera (Canon EOS 800D), then the video was converted to RGB
images second by second using Matlab. Those RGB images were cropped to obtain the
region of interest and then transformed to greyscale images. To read the bed height easily
and clearer, the grayscale images were converted to binary images with a threshold value
of around 60 to 80 depending on different conditions. Generally, the video lasted 60 to 80
seconds and the initial 5 to 10 seconds recorded the complete fluidization state. During the
fluidization state, the bed surface fluctuated and the average value was adopted as the
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fluidized bed height. In bed collapse process, the bed surface was smooth and dropped as
a function of the time which could be clearly read from the images. Figure 4.3 clearly
shows a typical bed collapse test for GB10+0.82% at 8.2 cm/s and the process for
estimating the bed height. Figure 4.4 gives schematic diagrams of the bed collapse curves
of Group A and Group C+ particles. The dense phase bed height (Hd) was identified from
the bed collapse curves. Then other parameters such as the dense phase voidage (εd) and
bubble holdup (xb) were calculated as follows:
εd = 1‒ (H0 / Hd) (1‒ ε0)

(4.1)

xb = Vb / Vt = (Ht – Hd) / Ht

(4.2)

where H0 is the initial fixed bed height, Ht is the total fluidized bed height, ε0 is the initial
fixed bed voidage, Vb is the bubble volume and Vt is the total fluidized bed volume. The
bed collapse tests were conducted at various superficial gas velocities, ranging from 1.2
cm/s to 13 cm/s.

Figure 4.3: A typical bed collapse and the process for estimating the bed height
(GB10+0.82% at 8.2 cm/s; left: RGB images; right: binary images)
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Figure 4.4: Typical bed collapse curves for Group C+ and Group A particles at the
same superficial gas velocity

4.3 Results and discussion
4.3.1

Results of bed collapse tests

Particle size has a significant effect on bed collapse dynamics [40-43]. As shown in
Figure 4.4, the nature of the bed collapse process of Group C+ particle fluidization is
characteristically different. More specifically, typical bed collapse results of Group C+
particles, as well as Group A particles, are presented in Figure 4.5. Group C+ particles
showed a much longer collapse time and much higher dense phase height when compared
with Group A particles, indicating that there is more gas in the particle interstices. The bed
collapse curves of Group C+ particles were curved, while those of Group A particles were
much more linear.
Group C+ particles (GB10+, PU10+ and FCC8.5+) had much higher dense phase
expansion, reaching up to around 1.6-1.7, while Group A particles (GB39, PU90 and

83

84

FCC76) showed a dense phase expansion of only around 1.15. The bed collapse time for
Group C+ particles reached up to 70s, much longer than that for Group A particles, which
only lasted 2-10s. Nanoparticles had little effect on the bed collapse dynamics for Group
A particles. For Group C+ particles, for example for PU+ series, both the dense phase
expansion and the collapse time increased as the particle size decreased, namely
PU10+0.82% > PU18+0.82% > PU36+0.82%. Group C+ particles with smaller particle
size are more cohesive, which will help their fluidized beds hold more gas in the solid
interstices and prevent the gas from escaping the bed, thus increasing the dense phase
expansion and extending the bed collapse time.
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Figure 4.5: Bed collapse curves of Group C+ with a nano-concentration of 0.82%
and Group A particles
The effect of nanoparticle concentration on the bed collapse dynamics for Group C +
particles is shown in Figure 4.6. Both the dense phase height and the bed collapse time
increased with the increase of nanoparticle concentration, especially for the GB10 and FCC
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8.5 series. For PU particles, the nanoparticle concentration of 0.44% (in volume) seemed
to be slightly better than the other two values for improving the dense phase expansion. As
a result, the optimal nanoparticle concentration would be 0.5-1%, consistent with previous
results [14-16,44].

Figure 4.6: The effect of nanoparticle concentration on the bed collapse curves for
Group C+ particles at 11.5 cm/s
Figure 4.7 shows the effect of superficial gas velocities on the bed collapse dynamics.
Three typical Group C+ particles with nanoparticle concentration of 0.82%, GB 10+,
PU10+ and FCC20+, were chosen to conduct bed collapse tests under different gas
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velocities, ranging from 4.9cm/s to 11.5cm/s. As the gas velocity increased, the dense
phase expanded significantly at the beginning and then showed a small and gradual
increase in expansion, while the bubble phase increased more significantly. This
phenomenon suggests that as the superficial gas velocity increased, more gas entered the
dense phase initially which contributed to the significant increase in the dense phase
expansion. After a certain superficial gas velocity, the dense phase expansion appeared to
reach the maximum, where more gas tended to form bubbles and the two phases seemed
to follow the normal “two-phase” theory.

Figure 4.7: The effect of gas velocities on the bed collapse curves for Group C+
particles with a nano-concentration of 0.82%
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4.3.2

Two-phase separation

As depicted by the two-phase theory, the gas flowing into the fluidized bed contributes to
the overall bed expansion, which can be divided into two portions: one making up the
bubble phase and the other going into the dense phase. The two phases can be clearly
identified from the bed collapse curves as shown in Figure 4.8. The bed height quickly
dropped in the initial 1-2s due to the bubble escape. After that, a gradual and decrease of
the bed height was caused by the escape of the gas in the dense phase. As a result the bubble
holdup and the dense phase height could be determined.

Figure 4.8: Two-phase separation identified from the bed collapse curves
The bed heights of different phases for different types of particles are shown in Figure 4.9.
The fluidized bed height could be divided into three parts: the fixed bed height (H0), the
dense phase height (Hd) and the total bed height (Ht). The difference between the total bed
height and the dense phase height is ascribed from bubbles. The bed heights for Group A
and Group C+ particles showed significant differences. Group A particles had a much lower
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total bed height and much lower dense phase height than Group C+ particles. For Group A
particles, FCC76 had relatively higher dense phase height and less bubbles than GB39 and
PU90.
Group C+ particles had a high total bed height and high dense phase height. For Group C+
particles, PU series had more bubble holdup than FCC and GB particles. As particle size
increased, the dense phase height decreased and the bubble holdup increased. The
characteristics of the two phases in Group C+ particle fluidization was different from the
simple “two-phase” theory which assumed that the dense phase remained at the minimum
fluidization and all gas in excess of the umf passed as bubbles. As particle size decreases,
the umf was expected to decrease by Ergun equation [45], and therefore the bubble holdup
was expected to increase based on the simple “two-phase” theory, which was controversial
due to the phenomenon observed in the fluidization of Group C+ particles.

Figure 4.9: The bed heights of different phases in the fluidized bed of different
particles with a nano-concentration of 0.82% at 10 cm/s
Figure 4.10 shows the total bed height and the dense phase height for Group C+ and Group
A particles at different gas velocities. The gas velocity had an insignificant effect on the
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total bed height and the dense phase height for Group A particles, as they remained nearly
constant with an increase of the gas velocity. The phenomenon in the fluidization of Group
C+ particles was completely different. As gas velocity increased, the bed for Group C+
particles significantly expanded, much more than the fixed bed height. The dense phase
showed a dramatic expansion and tended to remain stable at high gas velocities. In addition,
the bubble holdup increased with the increase of gas velocity. Generally, the dense phase
is where most of the gas-solid contact happens. More gas flowing to the dense phase
signifies that more gas has the chance to contact with particles, thus significantly improving
gas-solids contact efficiency. Group C+ particle fluidize with a high dense phase height,
indicating better gas-solid contact.

Figure 4.10: The effect of gas velocities on the bed heights in the fluidized beds of
Group A and Group C+ particles
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4.3.3

Dense phase characterization

Dense phase voidage is a parameter for quantifying the gas holdup in the dense phase,
which can be obtained from the bed collapse test (Equation 4.1). Figure 4.11 compares the
dense phase voidage between Group C+ and Group A particles and shows the effect of
nanoparticle concentrations on that for Group C+ particles. As shown in Figure 4.11(a),
Group A particles, especially PU90, had a small dense phase voidage of around 0.45, and
nanoparticles had little effect on their dense phase voidage. FCC76 showed a larger dense
phase voidage, reaching up to around 0.6. Group C+ particles possessed much larger dense
phase voidage than Group A particles, reaching up to 0.85. The larger dense phase voidage
indicates more gas entering the dense phase during the fluidization process, providing
better gas-solid contact. As particle size increased, the dense phase voidage decreased.
PU36+ had a similar dense phase voidage as FCC76, which was identified as Group A/C
particles.
As shown in Figure 4.11(b), the nanoparticle concentration has a significant effect on the
dense phase voidage for PU10 particles, with an optimum value of 0.44%. Nanoparticles
improved the fluidization quality by adhering on the surface of Group C particles to
increase the distance between the particles and thus decreasing the interparticle forces [1315]. The nanoparticle concentration would affect the surface coverage on Group C
particles. The surface coverage existed an optimum value which was enough to separate
Group C particles. The excess nanoparticles would self-agglomerate and increase the
cohesion of Group C+ particles. Chapter 3 discussed the optimum nanoparticle
concentration and surface coverage in details, and concluded that the optimum surface
coverage was around 10%-20%. PU36 had larger particle size and smaller specific surface
area, so the nanoparticle concentration of 0.27% has almost reached the optimum surface
coverage. The effect of nanoparticle concentration became less significant.
In addition, the dense phase voidage for Group C + particles significantly increased at the
beginning and then showed a plateau with increasing the gas velocity. The stable dense
phase voidage after a certain gas velocity indicated that the gas velocity in excess of this
value mainly led to the creation of bubbles. The initial sharp increase of the dense phase
voidage may be due to the cohesion of Group C+ particles. Although the cohesion of Group
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C+ particles was dramatically reduced, it was not negligible compared with that of Group
A particles [15,16]. The appropriate cohesion could help retain more gas in the particle
interstices, contributing to the soar in dense phase voidage. As more gas entered the dense
phase, the separation distance between the Group C+ particles became larger and the
cohesion decreased. When it decreased to a certain value, the dense phase could no longer
retain more gas and remain stable, the excess gas formed bubbles.

Figure 4.11: Dense phase voidage of Group A and Group C+ particles and the effect
of nanoparticle concentrations
Figure 4.12 shows the effects of nanoparticle concentrations and gas velocities on the bed
heights (Ht and Hd) for Group C+ particles. The nanoparticle concentration had a clear
effect on the bed heights for GB10, FCC8.5 and PU10. As particle size increased, the effect
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became less significant (for FCC20, PU18 and PU36). GB10 with a nanoparticle
concentration of 0.82% showed the highest total bed height and dense phase height. For
FCC8.5 and PU10, a nanoparticle concentration of 0.44% was enough to achieve a good
fluidization quality with a high dense phase height. In conclusion, the high dense phase
height is a unique characteristic for Group C+ particle fluidization and has the potential to
significantly improve the gas-solid contact. This unique characteristic is advantageous for
many of the surface-based processes in the industry, especially on gas-phase catalytic
reactions.
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Figure 4.12: The effect of nanoparticle concentrations on the bed heights for Group
C+ particles

4.3.4

Bubble phase characterization

It is necessary to investigate the gas holdup in the bubble phase since the gas-solid contact
in the bubble phase is different from that in the dense phase. As shown in Figure 4.12, the
difference between the total bed height and the dense phase height represented the bubble
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phase height, which indicate the bubble holdup in the fluidized bed. The bubble phase
height for Group C+ particles increased with the increase of gas velocity and the decrease
of particle size, signifying the formation of more bubbles. In addition, the nanoparticle
concentration had little effect on the bubble phase height.
Figure 4.13 shows the bubble holdup in Group C+ and Group A particle fluidization and
the effect of nanoparticle concentrations. The bubble holdup increased with the increase of
gas velocity for both Group A and Group C+ particles. More specifically, the bubble holdup
for Group A particles (PU90 and PU90+) had similar values as that for some types of Group
C+ particles (PU10+ and PU18+). FCC76 showed similar bubble holdup as FCC8.5+ and
GB10+. For Group C+ particles, the bubble holdup evidently increased as particle size
increased, following the sequence: PU36+ > PU18+ > PU10+ > FCC20+ > GB10+ >
FCC8.5+. Nanoparticle concentrations had little effect on the bubble holdup in the
fluidized bed of Group A particles. In terms of Group C+ particles, the higher nanoparticle
concentration could reduce the bubble holdup to some extent, especially for PU36,
indicating smoother fluidization.
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Figure 4.13: Bubble holdup of Group C+ and Group A particles and the effect of
nanoparticle concentrations
Figure 4.14 shows the distribution of the gas entering the fluidized bed in the two phases:
the bubble phase (Vb /V0) and the dense phase ((Vd ‒V0)/ V0), and the percentage of the
additional dense phase versus the bubble phase ((Vd ‒V0)/ (Vt-V0)). As shown in
Figure 4.14(a), the percentage of the gas entering the dense phase in the fluidized bed of
Group A particles was much smaller than that in the fluidized bed of Group C+ particles.
More specifically, the percentage of the additional dense phase volume for PU90, PU90+
and FCC76 reached around 0.1 and 0.3, while that for FCC76 showed a trend of decrease
with the increase of superficial gas velocity, indicating that Group A particles should be
operated at low superficial gas velocities. For Group C+ particles, the percentage of the gas
entering into the dense phase reached up to 1.1, and increased with the increase of the
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superficial gas velocity. Group C+ particles could be operated at high gas velocities, as it
is beneficial for some catalytic reactions that need short residence time and increase the
production.
As shown in Figure 4.14(b), Group A particles showed similar or even smaller percentages
of bubble volume when compared with Group C+ particles. For Group C+ particles, PU
particles exhibited a higher bubble volume than other Group C+ and Group A particles.
Although the bubble volume for Group C+ particles was similar or even higher than that
for Group A particles, the total fluidized bed volume and the dense phase volume for Group
C+ particles were much higher, signifying more gas retained in the bed and in the dense
phase which contributes to better gas-solid contact.
Figure 4.14(c) illustrated the percentage of the additional dense phase volume relative to
the bubble volume. For PU90 and PU90+ particles, the percentage of the gas entering the
dense phase was insignificant compared to the percentage entering the bubble phase, only
accounting for 0.1-0.3, and significantly decreased as gas velocity increased. Although the
gas percentage entering the dense phase for FCC76 was more significant than that entering
the bubble phase, the absolute value of the gas percentage entering the dense phase
(Figure 4.13(a)) was small. For Group C+ particles, the gas percentage entering the dense
phase was more significant than that entering the bubble phase, especially for those with
smaller particle sizes, such as FCC8.5+, FCC20+, GB10+ and PU10+. In summary, Group
C+ particles with a large gas percentage entering the dense phase during fluidization could
significantly improve gas-solid contact efficiency.
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Figure 4.14: The percentage of the gas flowing into the two phases and the
percentage of the additional dense phase versus the bubble phase
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4.3.5

Maximum dense phase expansion

Figure 4.15 shows the additional dense phase voidage (εd-ε0) for Group C+ particles. The
increase of the gas holdup in the dense phase for Group C+ particles were higher than that
for Group A particles, especially for the PU series. More specially, the additional dense
phase voidage for PU10 particles reached up to 0.25 with a nanoparticle concentration of
0.44%. GB10 and FCC8.5 showed the highest values with nanoparticle concentrations of
0.82%. For FCC20, PU18 and PU36, the effect of the nanoparticle concentrations was less
significant. Similar to the dense phase voidage and the dense phase height, for most
particles under the operating gas velocities, the additional dense phase voidage increased
initially and then remain stable with the increase of gas velocity, indicating that there is a
limit for the dense phase expansion.
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Figure 4.15: The additional dense phase voidage for Group C+ particles
Based on the previous results, the dense phase expansion would reach a plateau for most
particles as the superficial gas velocity increased. The maximum dense phase expansion
for particles of different particle sizes were diverse, which exhibit their potential to retain
gas in the dense phase. The larger Ed,max indicates a better ability to hold more gas in the
dense phase, further signifying better gas-solid contact in the fluidization process. Ed,max is
calculated as the following equation:
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Ed,max =

Hd,max −H0
𝐻0

(4.3)

Figure 4.16 shows the effect of nanoparticle concentration on Ed,max of Group C+ and Group
A particles (up to the highest operated gas velocity of 13cm/s). Group C+ particles showed
a much higher Ed,max than Group A particles, indicating a stronger ability to perform dense
phase expansion. The Ed,max value increased as the particle size decreased. For Group C+
particles, the interparticle forces have been reduced by nanoparticle modulation, which
contributes to their good fluidization. When the gas velocity exceeded the minimum
fluidization velocity, the bed expanded quickly and reached a high level of bed expansion
[14-16]. The insignificant but not negligible interparticle forces of Group C+ particles help
to hold gas in the dense phase, resulting in a high dense phase expansion. For the particles
of the same material, the smaller particle size leads to relatively stronger interparticle
forces, resulting in the higher dense phase expansion and larger Ed,max. Conclusively, Group
C+ particles have a larger Ed,max and better expansion ability of the dense phase, which can
contribute to better gas-solid contact and is an important characteristic for improving gasphase catalytic reactions.
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Figure 4.16: The maximum dense phase expansion for Group C+ and Group A
particles

4.4 Conclusion
Group C+ particles exhibited much longer bed collapse time and higher dense phase height
than Group A particle. The bed collapse curves for Group C+ particles were curved and
those for Group A particles were much more linear. The properties of the dense phase and
the bubble phase were clearly characterized using the bed collapse test. Group C+ particles
exhibited a much higher dense phase expansion and larger dense phase voidages than
Group A particles, indicating more gas holdup in the dense phase so that gas could closely
contact with the particles. The extraordinary dense phase expansion may be due to the
proper interparticle forces of Group C+ particles which could hold more gas in the particle
interstices, contributing to better gas-solid contact. Although the bubble holdup for Group
C+ particles was similar or even higher than that for Group A particles, the gas percentage
entering the dense phase for Group C+ particles was much larger than that for Group A
particles. In summary, Group C+ particles with much higher gas holdup in the dense phase
contributed to better fluidization quality and therefore improve the gas-solid contact.
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The maximum dense phase expansion (Ed,max) was proposed to evaluate the expansion
ability of dense phase for different particles. The larger Ed,max values of Group C+ particles
indicated better expansion ability of the dense phase and thus contributed to better gassolid contact. It is suggested that Group C+ particle fluidization with a large specific surface
area and an extremely high gas holdup in the dense phase will bring significant
improvements on many surface-based processes in industry, especially on gas-phase
catalytic reactions.

Nomenclature
D10

Percentage 10% of particles under this particle size (μm)

D50

Percentage 50% of particles under this particle size (μm)

D90

Percentage 90% of particles under this particle size (μm)

H0

Initial fixed bed height (cm)

Hs

Settled bed height (cm)

Hd

Dense phase height (cm)

Ht

Total fluidized bed height (cm)

t0

Time when the gas shut off (s)

td

Time when hindered sedimentation stage starts (s)

tc

The collapse time (s)

tend

Time when the collapse process is finished

ug

Superficial gas velocity (cm/s)

umf

Minimum fluidization velocity (cm/s)

V0

Initial fixed bed volume (cm3)

Vb

Bubble volume (cm3)

Vd

Dense phase volume (cm3)

Vt

Total fluidized bed volume (cm3)

xb

Bubble holdup (-)

Φb

The percentage of gas flowing into bubble phase (-)

Φd

The percentage of gas flowing into dense phase (-)

ε0

Initial fixed bed voidage (-)
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εmf

Bed voidage at minimum fluidization (-)

εd

Dense phase voidage (-)

εb

Fluidized bed voidage (-)
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Chapter 5

5

The Effect of Gas Properties on Group C+ Fluidized
Bed Reactor
(A version of this chapter has been published in Chemical Engineering Journal)

Zhou Y, Ding H, Zhu J, Shao Y. The Effect of Gas Properties on Group C+ Fluidized Bed Reactor.
Chemical Engineering Journal. 2020:125039.

The performance of a fluidized bed reactor depends mostly on the fluidization quality,
which can be significantly affected by the gas properties, especially the gas viscosity and
density. The effects of gas species on the fluidization properties such as minimum
fluidization velocity, bed expansion, dense phase voidage, and pressure fluctuation of three
typical types of Group C+ (nano-modulated Geldart Group C) particles, were carefully
studied using five types of fluidizing gases and their combinations. With the increase of
gas viscosity and density, argon possessed the lowest minimum fluidization velocity and
the highest dense phase and total bed expansions, followed by air / nitrogen and helium,
and trailed by hydrogen. Using two gas mixtures, the gas viscosity was singled out from
the gas density and proved to play a more important role on the fluidization due to the
increasing gas viscosity causing a more significant increase in the drag force on the
particles. The smallest particles, 10μm glass beads, had stronger cohesion than the 17μm
and 22μm larger polyurethane particles and therefore exhibited a higher minimum
fluidization velocity, lower dense phase and bed expansions, and larger pressure
fluctuations.

5.1 Introduction
Generally, the performance of a fluidized bed reactor is determined by the fluidization
conditions. A good fluidization may be represented by a lower minimum fluidization
velocity, a higher bed expansion, more gas holdup in the dense phase, and less and smaller
bubbles etc. The fluidization quality can be affected by many factors, such as gas
properties, powder cohesion, other operating conditions, etc. Many researches [1-5] have
found that the type of fluidizing gas can significantly affect the fluidization quality, as the
hydrodynamic behaviors are mainly influenced by gas viscosity and gas density. For
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example, Geldart and Abrahamsen [1] have clearly demonstrated that the bubbling
fluidization behaviors of Group A particles is a function of the density and viscosity of the
fluidizing gas, and the dense phase voidage (ɛd) increases as gas viscosity and gas density
increases.
Except for the gas properties which affect the fluidization quality by changing the
hydrodynamic forces, other properties such as powder cohesion will also influence the
fluidization quality. Geldart [6] classified particles into type A, B, C and D based on their
particle density and particle size. As particle size decreases from Group B to A and further
to C, powder cohesion becomes stronger and leads to different fluidization behaviors.
Group A particles show better fluidization quality than Group B particles, displaying a
more homogeneous fluidization (with smaller bubbles), which is advantageous for many
reactors [6-13]. Donsi and Massimilla [14] and Rietema [15] were the first to recognize
that the Van der Waals force could influence the stability of fluidization. Many researchers
proposed that increasing the cohesion of Group A particles through gas adsorption could
increase the bed expansion [2-3,16-18]. Abrahamsen and Geldart [7] have found that
increasing the fine fraction (<45 m) in Group A particles would also improve fluidization,
but if the fine fraction continues to increase, eventually it may change the powder into
cohesive Group C particles, resulting in poor fluidization.
According to Geldart classification [6], Group C particles are typically small than 30m
and are very cohesive and deemed to be non-flowable and non-fluidizable. On the other
hand, Group C particles possess a high specific surface area and other special
characteristics that make them uniquely attractive in the chemical industry, especially in
gas-phase catalytic reactions where interfacial contact is the key. In recent years, extensive
studies have focused on the fluidization of Group C particles in order to respond to industry
demands [19-25]. In seeking for methods to reduce the interparticle forces, previous studies
[26-30] have demonstrated that nanoparticles could reduce the cohesion of Group C
particles and thus improve their flowability and fluidization quality. Chapters 3 and 4 have
also shown that Group C+ particles, which are Group C particles subjected to nanoparticle
modulation with “mitigated” cohesion, exhibited much higher bed expansion and dense
phase voidage when compared with Group A particles [31,32]. Thus far, few studies about
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the influence of gas type on the fluidization quality of Group C+ particles have been found.
Xu and Zhu [22] investigated the effect of gas type and temperature on the fluidization of
Group C particles, and found that increasing the gas viscosity by using different gases or
by elevating the bed temperature could improve the average bed voidage.
Given the potentially extensive applications of the Group C+ particles, a comprehensive
investigation into the effect of gas type on the fluidization behaviors of these small particles
has become necessary or even critical. A systematic study on the fluidization quality of
Group C+ particles with different types of fluidizing gas was carried out in this project. The
gas effects with respect to gas viscosity and gas density on the fluidization behaviors have
been discussed.

5.2 Experiments
5.2.1

Particulate materials and fluidizing gas

Three types of Group C particles, PU17, PU22 (polyurethane particles with 17μm and
22μm mean in diameter), and GB10 (glass beads with 10μm mean in diameter), were tested
in the experiments, with their properties listed in Table 5.1. Figure 5.1 shows the particle
size distributions of the three types of Group C particles. Different types of fluidizing gases
and their key physical properties are listed in Table 5.2.
Table 5.1: Properties of particulate materials
Powder
sample
PU17
PU22
GB10

Material
Polyurethane
Polyurethane
Glass beads

Particle size (μm)
D10
D50 D90
4.7
17
40
6.6
22
46
1.6
10
28

Particle density
kg/m3
1200
1200
2500
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Bulk density
kg/m3
769
792
916

Shape
Irregular
Irregular
Spherical
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Figure 5.1: Particle size distribution
Table 5.2: Properties of fluidizing gases
Fluidizing gas
Argon (Ar)
Medical air (Air)
Nitrogen (N2)
Helium (He)
Hydrogen (H2)

Gas density (kg/m3)
1.633
1.29
1.25
0.164
0.084

Gas viscosity (Pa s)
22.7
17.9
17.8
19.9
8.915

In order to investigate the relative effects of the gas viscosity and gas density on the
fluidization behaviors, two types of mixed gases were used. The gas viscosity of the mixed
gas is described in Equation (5.1) [33]:
μm =

0.5
y1 μ1 M0.5
1 +y2 μ2 M2

(1)

0.5
y1 M0.5
1 +y2 M2

where μm is the gas viscosity of the mixed gas, y1, y2 are the mole fractions of the two
gases, μ1, μ2 are the gas viscosities, and M1, M2 are the relative molecular weights of the
two gases. The gas density of the mixed gas is described in Equation (5.2):
ρm = y1ρ1 + y2ρ2

(2)

where ρm is the gas density of the mixed gas and ρ1, ρ2 are the gas densities of the two
gases.
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Two types of mixed gases are obtained by mixing different volume fractions of hydrogen
and argon. One mixed gas possesses the same density but a different viscosity from helium.
The other has the same viscosity but a different density from the helium. Table 5.3 shows
the key properties of the two mixed gases.
Table 5.3: Properties of mixed gases
Fluidizing gas
Mixed gas-1
ρ
( M-1 = ρHe, μM-1 < μHe)
Mixed gas-2
ρ
( M-1 > ρHe, μM-1 = μHe)
He

5.2.2

Volume fraction
of H2

Volume
fraction of Ar

Gas viscosity
(Pas)

Gas density
(kg/m3)

0.95

0.05

11.54

0.164

0.53

0.47

19.9

0.81

-

-

19.9

0.164

Nanoparticle modulation

Group C particles were modulated by nanoparticles with volume fractions of 0.27%,
0.44%, and 0.82% mixed in using the sieving method as described in a published patent by
Zhu and Zhang [24,34]. The powder samples were sieved three times using an ultrasonic
vibrating screen with a mesh size of 325. The nanoparticles used were SiO2 with a reported
particle size of 16 nm, marketed as AEROSIL R972 (EvonikTM). Figure 5.2 shows the
surface morphology of GB10 and PU17 with and without nanoparticles using a SEM. After
the process of nanoparticle modulation, nanoparticles adhered onto the surface of Group C
particles to increase the surface roughness.
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Figure 5.2: SEM images of GB10 (left) and PU17 (right) before and after
nanoparticle modulation (0.82%)

5.2.3

Fluidized bed

The fluidization column was made of a plexiglas 9cm in width, 5cm in depth, and 60cm in
height, as schematically shown in Figure 5.3. The distributor plate had 137 holes that were
1mm in diameter with an opening area ratio of 2.4%. Two layers of 625 mesh screen
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covered the distributor plate to prevent fine particles from dropping into the wind box. The
gas flowed through a PVC tube into the wind box from two opposite positions and passed
through the distributor to fluidize the particles. Two pressure taps at the bottom just above
the distributor and the top measured the pressure drop across the whole particle bed using
a differential pressure transducer (Omega PX163 series). The pressure signals were
collected by a computer using the LabVIEW DAQ program with a sampling frequency of
1000/s and a sampling time of 5s. The pressure drop across the whole particle bed was
averaged from the 5000 values of the pressure signals. The bed expansion ratio (BER) is
the ratio of the fluidized bed height (Ht) at operating conditions to the initial fixed bed
height (H0):
BER = Ht / H0

(5.3)

Figure 5.3: Schematic diagram of experimental apparatus

5.2.4

Bed collapse test

A bed collapse test was used to evaluate the dense phase properties. After the fluidize bed
was operated at a given gas velocity and presented stable bubbling fluidization, the gas
flow was suddenly cut off and the bed height decreased as the gas escaped. The bed
collapse process could be divided into three stages: the bubble escape stage, the
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sedimentation stage, and the consolidation stage. A typical bed collapse curve, as shown
in Figure 5.4, can be used to clearly identify the dense phase and the bubble phase. The
dense phase voidage (εd) can be calculated using the dense phase height (Hd):
εd = 1‒ (H0 / Hd) (1‒ ε0)

(5.4)

where ε0 is the fixed bed voidage.
The procedures of the bed collapse test included: (1) the bed was fully fluidized at
8.14cm/s; (2) the gas supply was suddenly shut off and the bed began collapsing; (3) the
bed height was recorded as a function of time. The whole process was recorded using a
digital camera (Canon EOS 800D), and each video was around 40-60s.

Figure 5.4: A typical bed collapse curve for Group C+ particles

5.3 Results and discussion
5.3.1

The effect of gas types

Figure 5.5 shows the normalized pressure drop and the bed expansion for the three Group
C+ particles with a nanoparticle concentration of 0.82% using various fluidizing gases. The
three types of Group C+ particles could achieve complete or near-complete fluidization
with almost all types of the gases tested, but the bed expansion varied greatly with the types
of fluidizing gases. For example, for GB10+0.82%, when argon was used as the fluidizing
gas, the bed was able to achieve a relatively high pressure drop (0.9-1), the lowest minimum
fluidization velocity, and the largest bed expansion ratio, indicating the best fluidization
quality. The use of hydrogen as the fluidizing gas led to the lowest pressure drop and the
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lowest bed expansion however, indicating partial fluidization and the relatively poorest
fluidization quality. The bed expansion ratio for GB10+0.82% in the various gases from
high to low was: argon > air > nitrogen ≈ helium > hydrogen. PU17+0.82% and
PU22+0.82% both exhibited higher pressure drops (close to 1) and lower minimum
fluidization velocities than GB10 in all types of gases, signifying full and easy fluidization.
The bed expansion ratios for PU17+0.82% and PU22+0.82% were the largest in argon and
the smallest in hydrogen. Similarly, the fluidization quality for both PU17+0.82% and
PU22+0.82% particles was: argon > air > helium > hydrogen.
For all types of fluidizing gases, GB10+0.82% exhibited a poorer fluidization quality when
compared with PU17+0.82% and PU22+0.82%. For example, the normalized pressure
drop for GB10+0.82% were mostly around to be 0.8-0.9 in the various gases, lower than
those for PU particles (around 0.95-1). The highest bed expansion ratio for GB10+0.82%
particles was to be around 2.0 with the application of argon, smaller than that for PU
particles which could reach up to as high as 2.8. The difference in fluidization behaviors
of GB particles and PU particles is mainly attributed to the particle properties: GB10
particles possess a smaller particle size, more spherical shape, and smoother surfaces were
more difficult to fluidize due to the stronger cohesion.
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Figure 5.5: The normalized pressure drop and BER for Group C+ particles in
varous gases
The effect of nanoparticle concentration on the minimum fluidization velocity and the bed
expansion ratio for the two types of PU particles in the various fluidizing gases is shown
in Figure 5.6. Overall, the minimum fluidization velocity decreased marginally and the bed
expansion increased with the increase of nanoparticle concentration. Such effect of
nanoparticle addition appeared to be more evident on PU22 than on PU17, the reason of
which is unclear at this moment. For both types of particles, the effect of gas types on the
bed expansion was clearer and significant than that on the umf. The fluidizing gas with a

117

118

higher gas density and viscosity such as argon and air contributed to a higher bed
expansion, providing an easier fluidization.

Figure 5.6: The effect of nanoparticle concentration on the umf and BER (at 10cm/s)
for Group C+ particles in various gases
Figure 5.7 shows the bed collapse curves and the heights of the two phases (dense phase
and bubble phase) for the Group C+ particles in the various fluidizing gases. Hydrogen led
to the shortest collapse time (tc), the lowest total bed height (Ht), and the lowest dense phase
height (Hd). As the gas density and viscosity increased, both the total bed height and the
dense phase height increased. The increase of the dense phase height revealed that more
gas entered the dense phase and contacted with particles, contributing to better gas-solid
contact and fluidization quality. As a result, the fluidization quality of GB10+0.82% in
various gases was: argon > air > nitrogen > helium > hydrogen, similar with that of PU
particles, which was: argon > air > helium > hydrogen.

118

119

In addition, Figures 5.7(e) and 5.7(f) show the effect of nanoparticle concentrations on the
bed height for PU particles. The effect on PU22 was more apparent than on PU17. As the
nanoparticle concentration increased, the heights of the two phases (dense and bubble)
remained almost the same for PU17, while the dense phase height showed a more
significant increase for PU22. The increase in the dense phase height for PU22 could
improve the gas-solid contact and fluidization quality.
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Figure 5.7: The bed collapse curves and the phase heights for Group C+ particles
using various gases
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Figure 5.8 shows the dense phase voidage in the Group C+ fluidized beds using various
fluidizing gases at 8.14 cm/s. As discussed above, good fluidization is associated with a
large dense phase voidage, which gives more opportunities for gas to interact with the
particles in the dense phase [32,35]. The fluidizing gas with a higher density and viscosity
(argon and air) contributed to a larger dense phase voidage, such that: argon > air >
(nitrogen) > helium > hydrogen. For the three types of Group C+ particles, their dense phase
voidage decreased as: GB10 > PU17 > PU22. Particularly, GB10+0.82% showed longer
collapse times, lower dense phase heights, but less bubble holdup and larger dense phase
voidages in the various gases when compared with PU17+0.82% and PU22+0.82%, due to
its stronger cohesion ascribed to the smaller particle size.

Figure 5.8: The effect of nanoparticle concentration on the dense phase voidage at
8.14 cm/s (the data points for GB10+0.82% off-set for clarity)
Combining the results of the pressure drop, the bed expansion, and the dense phase
properties, the fluidization quality for the three types of Group C+ particles from good to
poor in the various gases is: argon > air > (nitrogen) > helium > hydrogen. Evidently, the
fluidization quality was improved as the gas viscosity and/or the gas density increased, as
the hydrodynamic forces on particles increases with the increasing of gas viscosity and/or
gas density, contributing to “fuller” fluidization and a better fluidization quality.
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5.3.2

Theoretical analysis

The above results and discussion clearly demonstrated the important roles played by the
viscosity and the density of fluidizing gas in the fluidization of Group C+ particles. As the
gas viscosity and /or gas density increased, so improved the fluidization quality. The
extents of the influence of the viscosity and density may be analyzed theoretically:
The fluidization quality is directly related to the hydrodynamic forces exerted on the
particles by an up-flowing gas stream. The total force from the gas acting on the bed, Ft, is
equal to:
Ft =∆P∙A=

∆P
H

V

(5.5)

where ΔP is the pressure drop across the whole bed, A is the cross-sectional area of the
bed, H is the height of the fluidized bed, and V is the fluidized bed volume. The average
drag force from the gas acting on the individual particles (assumed to be spherical and
having identical size), FD, is:
F

πd3p ∆P

FD = Nt = 6(1-ε

b)

H

(5.6)

where N is the number of particles, dp is the mean particle diameter, and εb is the bed
voidage. According to the Ergun equation [36], the pressure drop ΔP due to gas flow
through a packed bed, at incipient fluidization or slightly beyond when the fluidization
remains particulate [37], can be expressed as:
∆P
H

=

2
150(1-εb )2 μg ug
1.75(1-εb ) ρg ug
+
ε3b
ε3b
φs dp
(φs dp )2

(5.7)

where φs is the particle sphericity. The first term on the right-hand side in Equation (5.7)
represents the pressure drop caused by viscous effects and is dominant at low Reynolds
numbers, while the second term is due to inertial forces and is dominant at high Reynolds
numbers, which is related to the gas density. If the first term is expressed by f (μg) and the
second term by f (ρg), the drag force FD at or just above the incipient fluidization would
equal:
πd3p

FD = 6(1-ε ) [f (μg ) + f (ρg )]
b
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(5.8)
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Assuming the validity of the above equation can be extended to higher gas velocities in the
fine particle fluidization with smaller bubbles, it can then be used to predict the effect of
gas types. The above equation clearly shows that both the viscosity and density of the
fluidizing gas would positively influence the drag force, which in turn provides more
dynamics to suspend the particles and therefore result in a better fluidization quality,
including a higher bed expansion and higher dense phase voidage, as well as easier
incipient fluidization (i.e., lower minimum fluidization velocity). This further explains,
from a theoretical point of view, the effects shown in Figures 5.5-5.8.

5.3.3

The relative importance gas viscosity and density

Equation (5.8) can also illustrate the relative contributions of the two key parameters of the
gas, viscosity and density on the fluidization of fine Group C+ particles. The effects of the
viscosity and the density of the fluidizing gas on the drag force may be examined with the
calculation of the two functional terms. As shown in Table 5.4, the gas viscosity term is a
few magnitudes larger than the density term so that the viscosity contributes much more
on the drag force, and therefore has a larger effect on the fluidization quality of such small
particles.
Table 5.4: The contributions of gas viscosity and gas density to the drag force
πd3p
πd3p
FD
f (μg )
f (ρ )
6(1-εb )
6(1-εb ) g
Argon
1.10E-9
1.83E-12
1.11E-9
Air
9.19E-10
1.50E-12
9.20E-10
Nitrogen
9.85E-10
1.54E-12
9.86E-10
Helium
1.09E-9
2.00E-13
1.09E-10
Hydrogen
7.02E-10
1.52E-13
7.02E-10
Take spherical GB particles as an example: dp = 10μm, ε0 = 0.63, εb is the bed voidage at ug = 8cm/
Gas type

To verify the above theory, experiments were then carried out with two special gas
mixtures to test the relative effects of gas viscosity and density. One gas mixture has the
same density as helium but possesses a lower viscosity and the other gas mixture has the
same viscosity as helium but has a higher density as given in Table 5.3. Those two gas
mixtures were used as the fluidizing gases along with helium to experimentally examine
the relative importance of gas viscosity and gas density. Figure 5.9 shows the fluidization
behaviors of PU22+0.82% fluidized by helium and the two mixed gases. Increasing the gas
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viscosity (from Mixed gas-1 to helium) and/or increasing gas density (from helium to
Mixed gas-2) both led to a higher bed expansion, higher dense phase volume, and larger
dense phase voidage. However, the effect of gas viscosity was much more significant to all
the three indicators of fluidization quality, even though the viscosity was increased by 72%
and the density is increased by 394%. In other words, gas viscosity played a more important
role in determining the fluidization quality.
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Figure 5.9: The fluidization behaviors of PU22+0.82% in helium and two types of
mixed gases
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5.3.4

Dimensionless groups

For smaller particles such as Group C+ particles, the fluidization quality is not only
dependent on the hydrodynamic forces, but also affected by the interparticle forces [3840]. As have been discussed, the hydrodynamic forces are affected by the gas properties,
especially the gas viscosity in the fine particle fluidization. As for the interparticle forces,
earlier studies [41-44] have reported that introducing a proper level of interparticle forces
could increase the dense phase expansion in Group A/B particle fluidization. Some
researches illustrated that gas adsorption is a way to control the interparticle forces in fine
particle fluidization, but this is significantly affected by the operating temperature and
pressure [2,3,15,22], so that it does not apply to this work as the gas adsorption is negligible
at a room temperature and pressure [45]. In this work, instead, the interparticle forces of
Group C particles were mitigated using nanoparticle modulation. As shown in Figure 5.10,
the cohesion of these Group C+ particles studied here exhibited a reduction in cohesion
after nano modulation.

Figure 5.10: Powder cohesion of Group C particles before and after nanomodulation
Other than the gas viscosity and density, the fluidization quality is also dependent on a
variety of other factors, such as the particle size and density, the particle cohesion, and the
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operating gas velocity etc. In order to correlate those factors, the dimensionless groups are
considered given the number of parameters involved. In 1986, John Grace [46] used
dimensionless groups to describe the transitions between fluidization regimes. He found
that the bed voidage could be written as εb = f (ρg, g, Δρ, μg, dp, ug) for an ideal gas-solid
system where spherical particles of diameter dp and density ρp come in contact with a fluid
of density ρg and viscosity μg in the absence of interparticle forces and wall frictions. Since
this equation has seven quantities and three dimensions, Grace has written it in terms of
four independent dimensionless quantities:
εb = F (Δρ/ρg, dp*, ug*)

(5.9)

where Δρ = ρp-ρg, dp* = dp (ρgΔρg/μg2)1/3, ug* = ug (ρg2/μgΔρg)1/3.
The dimensionless groups dp* and ug* are considered as the dimensionless particle
diameter and dimensionless superficial velocity respectively. Because the interparticle
forces cannot be ignored for the Group C+ particle system, the dimensionless particle
diameter is modified here to consider the effect of the cohesion as particle cohesion tends
to cause particle agglomeration:
dp*' = dp*σ*

(with cohesion)

(5.10)

where σ* is the dimensionless cohesion and σ in Pascal is the particle cohesion measured
by FT4 test. Since the particle cohesion (σ) depends on the particle size and density and
also affects the initial bed voidage, the dimensionless cohesion (σ*) is a function of these
parameters, that is σ*= f (dp, ρp, σ, ε0, g) =

σ ε0 d2p
d3p ρp g

=d

σε0

.

p ρp g

The dense phase voidage is strongly related to the particle properties, the gas properties,
and the gas velocities, so the dense phase voidage can be written as:
(εd-ε0) /ε0 = f (ug*/dp*')

(5.11)

Figure 5.11 shows the relationship between the dense phase voidage and the dimensionless
groups for all types of particles in the fluidized bed with different gases at 8.14 cm/s.
Evidently, (εd-ε0)/ε0 increases as the dimensionless ratio (ug*/dp*') increases, indicating
more gas holdup in the dense phase and thus a better fluidization quality. The relationship
can be correlated as:
(εd-ε0)/ε0 = 91.22 (ug*/dp*')0.6239
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(5.12)
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For a system with given particles and specified gas velocity, the fluidization quality would
be further affected by the gas density, the gas viscosity, and the particle cohesion. As shown
in Figure 5.11, both a decrease in the dimensionless particle diameter and an increase in
dimensionless gas velocity contributed to larger dense phase voidage, consistent with the
results in Chapter 4 which concluded that smaller particles with mitigated cohesion could
improve the fluidization quality, especially for holding more gas in the dense phase.
Conclusively, dimensional analysis is an effective tool to characterize the fluidization
quality especially for Group C+ fluidization.

Figure 5.11: The relationship between the dimensionless groups and the dense phase
voidage
Figure 5.12 shows the relative effects of the gas viscosity and density in the fluidization of
PU22+0.82% based on the dimensionless groups. When the fluidizing gas was changed
from helium to Mixed gas-2, the (ug*/dp*') was increased by 70% due to the increase of the
gas density, contributing to 3% increase of the dense phase voidage. On the other hand, the
(ug*/dp*') was decreased by 17% due to the decrease of the gas viscosity caused by the
change in the fluidizing gas from mixed gas-1 to helium, resulting in a 12% decrease of
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the dense phase voidage. Evidently, the gas viscosity plays a more significant role in the
fluidization process.

Figure 5.12: The relative importance between gas viscosity and gas density on the
dense phase voidage (PU22+0.82% and ug = 8.14cm/s)

5.3.5

Pressure fluctuations

Pressure fluctuations are usually caused by the motion of bubbles and have been typically
used to reflect the fluidization quality [47-50]. The amplitude of the pressure fluctuations
is related to both the bed density and the bubble size in the fluidized bed, while the major
frequency of the pressure fluctuations is related the bubble frequency [47,48]. Hence, a
signal with a low amplitude and high frequency in a fluidized bed usually implies the
existence of small bubbles [51-53]. The pressure fluctuation was used to evaluate the
fluidization quality and the pressure drop deviation (δP ) was calculated using the following
equation:
δP =

̅̅̅̅
∆P-∆P
̅̅̅̅
∆P

(5.13)

where ∆P is the measured pressure drop across the whole bed, ̅̅̅̅
∆P is the average pressure
drop across the whole bed.
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Figures 5.13 and 5.14 show the pressure fluctuations in the fluidized beds of GB10+0.82%
and PU22+0.82% using various fluidizing gases, respectively. For GB10+0.82%, the
pressure fluctuation exhibited smaller amplitudes and higher frequencies with the
application of argon, air, and nitrogen when compared with the use of helium and
hydrogen, indicating the presence smaller bubbles and a superior fluidization quality. The
fluidization quality of GB10+0.82% in various gases exhibited the sequence: argon > air >
nitrogen > helium >hydrogen. For PU22+0.82%, the pressure fluctuations showed the same
trend: the smallest amplitude as well as the highest frequency in argon and air, while the
largest amplitude as well as the lowest frequency in helium and hydrogen.
PU22+0.82% showed smaller amplitudes and higher frequencies than GB10+0.82%
especially in helium and hydrogen, indicating a better fluidization quality. The difference
may be ascribed to the particle properties, that GB particles with smaller particle size, wider
particle size distribution, and stronger cohesion lead to more difficulties and
nonuniformities in fluidization.
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Figure 5.13: Pressure fluctuations for GB10+0.82% at 7.4 cm/s in various fluidizing
gases
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Figure 5.14: Pressure fluctuations for PU22+0.82% at 4.75 cm/s in various fluidizing
gases

5.4 Summary and conclusions
The fluidization quality of Group C+ particles using different types of gas types has been
characterized by indicators such as the pressure drop, the bed expansion, the dense phase
voidage, and the pressure fluctuation. Considering all these fluidization properties, the
fluidization quality in various gases from good to poor exhibited: argon > air > (nitrogen)
> helium > hydrogen, with the increase of the gas viscosity and/or the gas density, both of
which could enhance the fluidization quality of Group C+ particles.
Both theoretical and experimental methods were used to evaluate the relative importance
of the gas viscosity and density on the fluidization quality. The effect of increasing the gas
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viscosity was shown to be more significant than increasing gas density, suggesting that the
gas viscosity played a more important role on determining the fluidization quality.
The dimension analysis was an effective method to correlate the fluidization quality with
a number of factors such as the gas viscosity and density, the particle size and cohesion,
and the gas velocity etc. A larger dense phase voidage with a smaller dimensionless particle
diameter and/or higher dimensionless gas velocity provided a higher gas holdup in the
dense phase and better gas-solid contact, which is the key for gas-phase catalytic reactions.
Smaller pressure fluctuation was found in argon, air and nitrogen than in helium and
hydrogen as fluidizing gases, indicating smaller bubbles and a better fluidization quality.
Conclusively, the fluidizing gas with high viscosity and high density could significantly
improve the fluidization quality and create a smoother fluidization state.

Nomenclature
A

Cross-sectional area of the fluidized bed (cm2)

D10

Percentage 10% of particles under this particle size (μm)

D50

Percentage 50% of particles under this particle size (μm)

D90

Percentage 90% of particles under this particle size (μm)

dp

Particle diameter (μm)

dp*

Dimensionless particle diameter (-)

dp*′

Dimensionless particle diameter with cohesion (-)

Ft

Total drag force on the bed (N)

FD

Average drag force on an individual particle (N)

H0

Initial fixed bed height (cm)

Hd

Dense phase height (cm)

Ht

Total fluidized bed height (cm)

M1,2

Relative molecular weight of two gases (-)

N

Number of particles (-)

t0

Time when the gas shut off (s)

td

Time when hindered sedimentation stage starts (s)
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tc

The collapse time (s)

ug

Superficial gas velocity (cm/s)

ug*

Dimensionless superficial gas velocity (-)

umf

Minimum fluidization velocity (cm/s)

V

Fluidized bed volume (cm3)

y1,2

Mole fraction of two gases (-)

μ1,2

Viscosity of two gases (μPa s)

μm

Viscosity of mixed gas (μPa s)

μg

Gas viscosity (μPa s)

ρ1,2

Density of two gases (kg/m3)

ρm

Density of mixed gas (kg/m3)

ρg

Gas density (kg/m3)

ρp

Particle density (kg/m3)

σ

Particle cohesion (Pa)

σ*

Dimensionless particle cohesion (-)

ΔP

Pressure drop across the whole bed (Pa)

δp

Pressure deviation (-)

φs

Particle sphericity (-)

ε0

Initial fixed bed voidage (-)

εd

Dense phase voidage (-)

εb

Fluidized bed voidage (-)
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Chapter 6

6

Different Bubble Behaviors in Gas-Solid Fluidized Bed
of Geldart Group A and Group C+ Particles
(A version of this chapter was submitted to AIChE Journal)

A gas-solid fluidized bed reactor composed of Geldart Group C fine powers with the
addition of nano-additives (Group C+) has recently been shown to have higher reaction
conversion and better performance than the same reactor composed of Geldart Group A
particles, due to the increased gas holdup in the dense phase and the increased gas-solid
interfacial area. Based on our earlier finding that significantly smaller bubbles were also
observed in such Group C+ particle fluidized bed, the bubbling behavior is fully
characterized in this work using bubble position, diameter, rise velocity and residence time.
The results showed that bubbles were smaller in diameter, lower in rise velocity, and had
a longer residence time in the Group C+ fluidized bed in comparison with the same bed
using Geldart Group A particles, all contributing to better fluidization quality and enhanced
gas-solid contact, thus improving reaction performance.

6.1 Introduction
Gas-solid fluidized beds are widely employed in industrial operations as gas-solid
contactors and chemical reactors, ranging from physical processes, such as gas adsorption,
drying and mixing of particles, to chemical processes, such as catalytic cracking,
combustion and biomass gasification [1-7]. The excellent mass and heat transfers have led
to the success of many processes adopting fluidized beds. Generally, a good gas-solid
fluidized bed reactor operated in conventional fluidization regimes is expected to provide
large gas-solid contact area, small bubbles, and high rate of solids mixing. In most
applications, the performance of gas-solid fluidized bed reactors mainly relies on the
fluidization hydrodynamics, closely related to the particle properties and the operating
conditions [8-10].
A milestone work in the field of fluidization was Geldart classification [11], which
classified powders into four groups, Groups A, B, C and D, based on their fluidization
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behavior in air at ambient conditions. In most fluidized bed catalytic reactors, Geldart
Group A particles are most commonly used as catalysts, as they have a large specific
surface area and exhibit good fluidization qualities with more homogeneous bed expansion
and smaller bubbles than those for Group B particles, with the latter exhibiting typical
bubbling fluidization with little bed expansion. Following this trend, smaller Geldart Group
C particles with an even larger specific surface area would be expected to perform even
better as catalysts than Group A particles. However, their practical applications in
fluidization processes have been severely hindered due to the cohesive nature of Group C
particles [12-14]. People have done many studies that looked to improve the flow and
fluidization of Group C particles, such as using mechanical vibration [15,16], acoustic
vibration [17,18], the addition of magnetic or electrical fields [19,20], and adding coarser
or finer particles [21,22]. The addition of finer “guest” particles is more convenient and
easier to implement than other methods which are scale- dependent. The added guest
particles act as spacers [14] or lubricants [23] to reduce the interparticle forces or friction
between the host particles, or even turn the cohesive host particles into free-flowing
powders [24-26]. In particular, the addition of nanoparticles, referred to as the “nanomodulation” technique [24], can significantly reduce the cohesion of Group C particles and
improve their flowability and especially the fluidization quality [27-30]. These Geldart
Group C particles modified using nano-modulation, referred to as Group C+ particles,
exhibited much higher gas holdup in the dense phase than Group A particles, implying
more gas is in close contact with the particles. Furthermore, reactor performance of the
fluidized bed composed of Group C+ particles was found to be significantly improved when
compared with the same bed composed of Geldart Group A particles using ozone
decomposition. The higher dense phase expansion and the larger surface area of catalysts
contributed to the much higher reaction conversion and better gas-solid contact in the
reactor of Group C+ particles.
Another factor affecting the reactor performance is bubble size, as smaller bubbles improve
gas-solid contact. Chapters 3-5 have extensively studied the hydrodynamics in a 3-D
fluidized bed composed of Group C+ particles, such as the bed expansion and the dense
phase voidage, and the effects of gas properties. However, the 3-D bed did not allow us to
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comprehensively study bubble behaviors. The purpose of this work is to systematically
investigate the bubbling behaviors in a 2-D fluidized bed composed of Group C+ particles.
In general, gas bubbles rise up through a typical bubbling fluidized bed, coalesce with other
bubbles, and break up intermittently, thus enhancing mass and heat transfer [31-33]. In
particular, the bubbling behaviors, such as bubble size and rise velocity, greatly affect the
gas residence time and the gas-solid contact, subsequently influencing reactor
performance. Ideally, bubbles in a fluidize bed reactor should be small in size, uniformly
distributed throughout the bed, and have low rise velocities [36-40]. Extensive studies
[34,35,41-51] on bubble behaviors of typical Geldart Group A, B, and D powders (302600μm) have shown that bubbles are usually smaller in beds of finer particles. However,
few detailed studies are found about bubble behaviors of Geldart Group C particles, which
are expected to have even smaller bubbles. Recently, Zou et al. [52] have investigated
bubble behaviors in a fluidized bed with cohesive Group C particles, and smaller bubbles
were observed than that with Group A or B particles. With the increased interfacial gassolid contact area, the fluidized bed of Group C+ particles are more attractive for gas-phase
catalytic reactions.
In this work, bubble behaviors for Group C+ particles were investigated in a 2-D fluidized
bed via image analysis techniques, including bubble positions, diameters, and rise
velocities. Similar behaviors were also characterized in the same bed of Geldart Group A
particles for comparison.

6.2 Experimental
6.2.1

Particulate materials

Two types of Group C+ particles, GB10+ and FCC8.5+, and one type of Group A particles,
FCC76, were used in this project with their properties listed in Table 6.1. The materials of
these particles are glass beads (GB) and fluid catalytic cracking (FCC) catalysts. The
nanoparticles used in these experiments were AEROSIL R972, a type of fumed silica
particles with a reported size of 16nm, a material density of 2200kg/m3, and an approximate
bulk density of 50kg/m3. A small amount of silica particles were mixed with Group C
particles using an ultrasonic vibrating method [53], referred to as nanoparticle modulation
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[15]. The volume fraction of nanoparticles mixed into the Group C particles was 0.82%
(mass fraction: 0.72% for GB10 and 1.01% for FCC8.5). The added nanoparticles adhered
on the surface of Group C particles to increase the surface roughness, reducing the
interparticle forces, as shown in Figure 6.1.

Figure 6.1: Surface morphology of Group C particles before and after nanomodulation
Table 6.1: Properties of adopted bed particles
Powder
name

Material

Particle size
(μm)
D10 D50 D90

Particle
density
(kg/m3)

Loose bulk
density
(kg/m3)

Classification

GB10+

Glass beads
with R972

1.6

10

29

2500

916

Group C+

FCC8.5+

FCC catalysts
with R972

1.5

8.5

26

1780

509

Group C+

FCC76

FCC catalysts

30

76

140

1780

874

Geldart Group A

6.2.2

2-D fluidized bed reactor

The drawing of a 2-D fluidized bed is schematically shown in Figure 6.2a, the 2-D
fluidization column was made of Plexiglas with a dimension of 100cm (height)×10.5cm
(width)×1cm (depth), allowing direct and visible observation of bubble behaviors. A
distributor plate with an opening rate of 1.4%, which was a plastic plate with 19 holes of
1mm in diameter, was placed between the fluidization column and the windbox. Three

141

142

layers of filter cloth with a 625 mesh covered the distributor plate to prevent fine particles
from dropping into the wind box.
Air at ambient conditions was used as the fluidizing gas, and the flow rate was measured
by a flowmeter, covering the range from 0 to 16l/min. All experiments were conducted at
room temperature. The particles filled up to a bed height of 26cm (H0) and gave a weight
of 250g for GB10+, 140g for FCC8.5+, and 240g for FCC76. The minimum fluidization
velocities (umf) of GB10+, FCC8.5+ and FCC76 were experimentally determined to be
6.5cm/s, 10cm/s and 0.5cm/s, respectively. The operating gas velocities reached up to
25.5cm/s.
A commercial digital camera (Canon EOS 800D) was placed in front of the bed to record
the fluidization process, as shown in Figure 6.2b. Two lamps were placed at two fixed
positions behind the bed to increase the contrast between the bubbles and the particles and
to avoid the bright spot in the video footage. The camera viewed the whole fluidized
column to allow a full field analysis of the bubble dynamics. To prevent any shading and
reflections from the surrounding environment, the whole apparatus was enclosed by black
boards.
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(a)

(b)

Figure 6.2: Schematic representation of experimental set-up: (a) front view; (b) side
view

6.2.3

Image processing

The image processing routine was developed on Adobe Photoshop CS6 (The Adobe
company) and Matlab R2018b (The MathWorks inc.). The camera recorded video clips at
a frequency of 50Hz and 10s each. Each video was transferred into images frame by frame,
equal to 500 pictures. The RGB images were cropped to allow for the analysis of the
fluidized bed only, and were then converted into greyscale and the subsequent binary ones
with a threshold value (δ) chosen using the Ostu thresholding method [54,55]. All pixels
with a gray-value larger than the threshold represent the bubble phase and are coloured
white; all with a smaller value represent the dense phase and made black. A threshold value
of around 60 could be selected by combining the Otsu thresholding method and visual
observation, good for discriminating the bubble boundaries. Figure 6.3 shows the grayscale
image and the corresponding binary ones with different threshold values ranging from 50
to 70, and the threshold value within a small range has minimal influence on the bubble
information.
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Figure 6.3: Example of a grayscale image to binary ones with different threshold
values (fluidized bed of GB10+ particles at ug-umf = 9cm/s)

6.2.4

Bubble diameter and bubble rise velocity

An area equivalent diameter (db) was obtained for each bubble using a function called
Regionprops in Matlab, calculated as follows:
4Ab

db =√

(6.1)

π

where Ab is the bubble area. Frames at Δt = 0.1s were used to analyze bubble positions and
diameters. Since the bed depth was 1cm, the bubbles with diameters smaller than 1cm
could not be recognized accurately. However, small bubbles (<1cm) account for a large
proportion of the overall population in the fluidized bed of fine particles. To make a
compromise, the bubble diameter being analyzed started from 0.5cm (as shown in
Appendix). D10, D50, and D90 represent the bubble diameters which comprise of 10%,
50%, and 90% of the sum of the bubble area. D50 is the medium bubble diameter.
Bubble rise velocity (ub) was obtained by tracking several consecutive frames (Δt = 0.02s)
and comparing bubble centroid positions, as illustrated in Figure 6.4. For each video, all
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500 frames were analyzed, and on average, the bubble rise velocity could be tracked in 200
to 300 frames:
ub =

yc (t+∆t)− yc (t)
∆t

(6.2)

The velocity was attributed to the mean vertical position according to:
h=

yc (t+∆t) − yc (t)

(6.3)

2

Figure 6.4: Consecutive frames with a bubble marked at different positions
(Δt = 0.02s, fluidized bed of GB10+ particles at ug-umf = 9cm/s)

6.3 Results and discussion
6.3.1

Bubble distribution

Figures 6.5a, b, and c illustrate fluidized beds composed of the three types of particles with
H0 = 26cm. It is clear that bubbles in fluidized beds composed of Group C + particles
(FCC8.5+ and GB10+) were smaller in diameter than those observed in the same bed
composed of Group A particles (FCC76). The bed of Group C+ particles expanded more
significantly than the bed of Group A particles (Figure 6.5d), as we have observed in a 3D fluidized bed before. The smaller bubbles and higher bed expansion in the fluidized bed
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composed of Group C+ particles indicated more gas holdup in the dense phase which could
improve gas-solid contact, and were expected to prompt a better performance of a catalytic
gas-solid fluidized bed reactor. Two types of Group C+ particles were tested here, with
FCC 8.5+ particles have a lower density, rougher surface, lower cohesion, and are easier
to be fluidized than GB10+ particles. As such, FCC8.5+ showed a higher bed expansion
than GB10+.
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Figure 6.5: Example of fluidized beds of the three types of particles and their bed
expansion at different velocities
Details on bubble positions and diameters in the fluidized bed composed of Group C+ and
Group A particles are given in Figure 6.6. Bubbles in different diameters are represented
by different symbols. In the bed composed of Group C+ particles (Figures 6.6a, b, d and e),
the vast majority of bubbles (>90%-95% of the overall population) were smaller than 2cm
and were uniformly dispersed throughout the bed. Bubble diameter ranging from 2 to 3cm

147

148

tended to form in the center of the fluidized bed, and the largest bubbles were less than
4cm in diameter, which occasionally appeared in the bed. In the bed composed of Group
A particles (Figures 6.6c and f), bubbles were more densely populated and larger than those
observed in the fluidized bed composed of Group C+ particles. For example, the largest
bubbles could reach up to 6 to 7cm in diameter at a gas velocity of 15.5cm/s (Figure 6.6f).
The number of bubbles larger than 2cm in diameter was clearly greater than those in the
bed of Group C+ particles, although the bubbles smaller than 2cm in diameter accounted
for 80%-85% of the overall population.
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Figure 6.6: Bubble positions and diameters in fluidized beds of the three types of
particles at 9cm/s and 15.5cm/s
The total number of bubbles and average bubble diameters in different sections of the
fluidized bed with all three types of particles are shown in Figure 6.7. The average bubble
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diameter for Group A particles was much larger than that for Group C+ particles. The total
number of bubbles for Group A particles was also larger than that in the bed of Group C +
particles. Along the bed height from the distributor plate, the number of bubbles for Group
A particles increased more significantly compared with that for Group C+ particles. The
number of bubbles also increased with increasing gas velocity, for both Group A and Group
C+ particles, as listed in Table 6.2. While the number of bubbles for Group A particles only
appears to be slightly larger than that of Group C+ particles, the number of bubbles per unit
volume of the expanded bed is much larger for Group A particles than for Group C+
particles, given the much higher bed expansion of the latter as previously shown
(Figure 6.5). In addition, Group A particles exhibited widened bubble size distribution with
increasing gas velocity while such was not obvious for Group C+ particles, as shown in
Figure 6.8.

Figure 6.7: Number of bubbles and D50 in different sections of the fluidized bed
composed of the three types of particles
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Table 6.2: Total number and number per unit volume of bubbles
observed in the bed
ug-umf 6 cm/s
9 cm/s
12 cm/s
Powder
total # #/cm3 total # #/cm3 total # #/cm3
FCC8.5+
155
0.34
200
0.33
340
0.53
GB10+
221
0.61
284
0.67
262
0.58
FCC76
174
0.64
272
0.91
368
1.12
# number of bubbles; #/cm3 number of bubbles per unit bed volume.

15.5 cm/s
total # #/cm3
408
0.57
237
0.47
448
1.32

Figure 6.8: Number of bubbles with different diameters at different gas velocities
for the three types of particles
As discussed above, the bed of Group C+ particles showed different characteristics from
the bed of Group A particles including: (1) higher bed expansion; (2) smaller bubble
diameter; (3) smaller number of bubbles. All these characteristics contribute to less gas
holdup in the bubble phase and more gas holdup in the dense phase, allowing the gas to
come in close contact with the particles. As a result, the quality of gas-solid contact can be
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discernibly improved when switching the particulate bed from powders with a typical
Geldart Group A behavior into powders with a typical Geldart Group C behavior when
subjected to nano-modulation, which is attractive for gas-phase catalytic reactions.

6.3.2

Bubble diameter distribution

Figure 6.9 shows the bubble size distribution in terms of D10, D50, and D90 along the bed
height, together with predicted average bubble diameters using four well-known
correlations, given in Table 6.3.
Table 6.3: Correlations for the bubble diameter (SI unit)
Darton et al. [35]

db = 0.54(ug − umf)0.4 (h + 4AD0.5)0.8 / g0.2

Horio and
Nonaka [34]

(

√db ̶ √dbe
√db0 ̶ √dbe

1-γM /η

)

(

√db +√δ
√db0 +√δ

1+γM /η

)

= exp ( ̶

db0 = 1.38 [ (ug ̶ umf) AD ]0.4 / g0.2
dbe = (D/4) [ ̶ γM + (γM2 + 4dbm / D)0.5]2
δ = (D/4) (γM + η)2
η = (γM2 + 4dbm / D)0.5
γM = 2.56x10-2 (D / g)0.5 / umf
Cai et al. [49]
Zou et al. [52]

0.3h
D

(6.4)
)

(6.5)
(6.6)
(6.7)
(6.8)
(6.9)
(6.10)

db = 0.38 h0.8 (ug − umf)0.42 exp [−0.25(ug − umf)2 − 0.1(ug − umf)]
(6.11)
0.49
0.5 0.48
0.2
db = 0.21(ug − umb) (h + 4AD ) / g
(6.12)

h: height above the distributor plate; AD: catchment area for a bubble stream at the distributor plate; D: column
diameter; At: bed cross-sectional area;
umb: minimum bubbling velocity, substituted by umf;
db0: initial bubble size; dbm: maximum bubble diameter, dbm = 2.59 [(ug − umf)At]0.4 / g0.2 by Mori and Wen
[56].

As shown in Figures 6.9a, and b, bubble diameters in the bed of Group C+ particles changed
minimally along the bed height. For both FCC8.5+ and GB10+ particles, D10 remained
nearly constant with a value smaller than 1cm, indicating that small bubbles are uniformly
distributed throughout the fluidized bed. D50 and D90 also hardly changed (FCC8.5+) or
slightly increased (GB10+) with increasing height, but showed a decrease near the top of
the bed, due to bubble splitting, while the bubble size distribution in the bed of Group C+
particles was overall uniform. The bubble diameter in the bed of Group A particles
(Figure 6.9c) showed a clear trend of increasing with the height, albeit a small decreasing
near the top due to bubble splitting.
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Figure 6.9: Bubble diameter distribution along the height above the distributor
plate in the bed of the three types of particles
All four correlations overestimated the bubble diameter for Group C+ particles, as they
were developed based on results for larger particles. For Group A particles, the correlations
of Horio and Nonaka [34] and Zou et al. [52] provided a good prediction for our
experimental results. This is reasonable because the correlations established by Horio and
Nonaka [34] and Zou et al [52] were developed for Group A particles (although Zou et al.
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proposed this correlation for cohesive Group C particles but with agglomerates which
exhibited Group A behavior).
Figure 6.10 shows the mean bubble diameters in fluidized beds of the three types of
particles at different gas velocities. The mean bubble diameter for Group A particles
significantly increased with the gas velocity, while that for Group C+ particles remained
nearly unchanged. As discussed before, the correlations of Horio and Nonaka [34] and Zou
et al. [52] provided good predictions for Geldart Group A particles, but overestimated for
Group C+ particles. For Group A particles, the correlation of Zou et al. [52] provided a
better prediction than the correlation of Horio and Nonaka [34].

Figure 6.10: Mean bubble diameters for the three types of particles at different gas
velocities: experimental results in comparison with calculated ones
Figure 6.11 shows the variations of the mean bubble diameter (D50) at the top, middle, and
bottom sections of the fluidized beds with increasing gas velocity for all three types of
particles. For Group A particles, the mean bubble diameter in the three sections and the
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difference between the top, middle, and bottom sections both increased significantly with
the gas velocity (Figure 6.11c). For Group C+ particles, however, the bubble size
distributions were uniform for FCC8.5+ and nearly uniform for GB10+, as shown in
Figures 6.11a and b. That is, the mean bubble diameters remained nearly unchanged in the
three sections, and showed a small change with the increase of gas velocity. The more
uniform distribution of the bubble diameter for Group C+ particles was due to the limitation
of the maximum bubble diameter, which was much smaller than that in the bed of Group
A particles. The smaller value of the maximum bubble diameter led to the phenomenon
that bubbles quickly reached this maximum value and then remained stable as the height
and/or the gas velocity increased, contributing to more uniform distribution of the bubble
diameter.
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Figure 6.11: Mean bubble diameter at the top, middle, and bottom of fluidized beds
of the three types of particles at different gas velocities

6.3.3

Bubble rise velocity

Bubble rise velocities are strongly dependent on the bubble size, the motion of other
bubbles, the bubble distributions, and the gas flow [38,41,48]. Figures 6.12a and d show
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the bubble rise velocity of each bubble in the bed of Group C+ particles.
Figures 6.12b and e depict the distribution of bubble rise velocity along the bed height at
different gas velocities for two types of Group C+ particles. Figures 6.12c and f compare
the distribution of bubble rise velocity for Group C+ and Group A particles.
For Group C+ particles (FCC8.5+ and GB10+), a higher bubble rise velocity tended to
appear at the middle and near the top of the bed, as shown in Figures 6.12a and d. For
FCC8.5+, the bubble rise velocity along the bed height was fairly uniform at lower gas
velocities, due to the homogeneity in the distribution of the bubble diameter, as shown in
Figure 6.12b, with exception of the bubble rise velocity increasing more significantly and
also becoming less uniform along the bed height at a higher gas velocity of 15.5cm/s. For
GB10+, the bubble rise velocity (Figure 6.12e) also showed an increase mid-point along
the bed height, but the velocity and its distribution were sensitive to the excess gas velocity,
similar to the distribution of bubble diameter. For Group A particles, the bubble rise
velocity was higher and less uniform than what was observed in the bed of Group C+
particles, as shown in Figures 6.12c and f.
The distribution of the bubble rise velocity for all three types of particles was similar to the
distribution of the bubble diameter in the bed, as the bubble rise velocity is mainly related
to the bubble diameter. The bubble rise velocity for Group C+ particles was lower than that
for Group A particles, due to the smaller bubble diameters in the Group C+ fluidized bed,
which would contribute to a longer residence time of the bubbles.
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Figure 6.12: Distribution of bubble rise velocity in the fluidized bed
(a and d: rise velocity of each bubble in the bed of Group C+ particles; b and e:
distribution of bubble rise velocity along the height at different gas velocities; c and
f: distribution of bubble rise velocity for different types of particles)
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Figure 6.13 shows the relationship between bubble rise velocity and bubble diameter at
different gas velocities for the three types of particles. The rise velocities of individual
bubbles scattered widely around the average, but still showed a trend of increase, as shown
in Figures 6.13a, b, and c. The average bubble rise velocity increased clearly with the
bubble diameter, as shown in Figure 6.13d, e, f. With increasing gas velocity, FCC8.5+
(Figure 6.13d) showed an increase in the bubble rise velocity, while GB10+ (Figure 6.13e)
appeared to show a small decrease, and FCC76 showed a slight increase (Figure 6.13f). It
is clear, nonetheless, that the bubble rise velocity was affected by both the bubble size and
the gas velocity, but the effect of the bubble size was more significant and more evident.
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Figure 6.13: Relationship between bubble rise velocities and diameters for the three
types of particles at different gas velocities
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Figure 6.14: The comparison of the bubble rise velocity obtained by experiment
with that by calculation
Figure 6.14 compares the rise velocity obtained by experiment with that calculated by the
correlation proposed by Davidson and Harrison [57]:
ub = ug − umf + 0.711(gdb)0.5

(6.13)

where ug is the superficial gas velocity, umf is the minimum fluidization velocity, and db is
the bubble diameter. Experimental values of umf and db were used in this calculation.
The predicted results using the Davison and Harrison equation correlated reasonably well
with the experimentally measured bubble velocities, with a margin of error less than 25%,
indicating that this correlation is suited for the bubble rise velocity in the fluidized bed
composed of Geldart Group A and Group C+ particles. Although this correlation is
generally regarded to be inaccurate in predicting bubble rise velocity, by either
overestimating or underestimating the value [45,58-60], the calculated results seemed to
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agree well with the experimental ones in this study. This is probably because the bubble
diameter and the minimum fluidization velocity used in this correlation were accurate and
measured experimentally. The results proved that if the bubble diameter and the minimum
fluidization velocity for Group A and Group C+ particles were accurately determined,
Equation (6.13) was accurate and could be used to predict bubble rise velocity.

6.3.4

Bubble residence time

After the bubble diameter and the bubble rise velocity have been characterized in the above
sections, bubble residence time, as one of the most important parameters, was calculated
to further evaluate the reactor performance. Figure 6.15 shows the bubble residence time
with increasing the gas velocity for the three types of particles. The bubble residence times
in beds of both types of Group C+ particles were much longer than those in the bed of
Group A particles, given the lower bubble rise velocity and higher bed expansion. As the
gas velocity increased, the bubble residence time apparently reduced in the Group A
fluidized bed, while that for both Group C+ particles tended to remain nearly unchanged.
This is because the increase of the bed expansion for Group A particles was not significant
as that observed in the bed of Group C+ particles with increasing the gas velocity, while
the bubble rise velocity for Group A particles increased more significantly. As a result, the
increase of the bed expansion with the gas velocity was not enough to “compensate” the
increase in the bubble rise velocity, leading to the reduction of the bubble residence time
in the bed of Group A particles.
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Figure 6.15: Bubble residence time in beds of the three types of particles at different
gas velocities
The existence of bubbles is particularly disadvantageous for gas-phase catalytic reactions
because the bypass of reactant gas in the bubble phase limits the conversion achieved in
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the fluidized bed [2,61]. In fluidized beds composed of powders showing typical Geldart
Group A and B behavior, the bubble diameter and subsequently the bubble rise velocity
increase quickly with the gas velocity, while the increase of the bed expansion is not
significant, leading to a corresponding decrease in the gas residence time and resulting in
a loss of reaction conversion. In the fluidized bed of Group C+ particles, the characteristics
of smaller bubbles, lower bubble rise velocities, higher bed expansion, and longer bubble
residence time can contribute to better gas-solid contact and improve the performance of
gas-solid catalytic fluidized bed reactors. In addition, as the increase of the operating gas
velocity gives rise to only a small change in bubble behaviors for Group C+ particles, the
reaction production is not adversely affected by the gas velocity.

6.4 General discussion
In summary, the fluidized bed of Group C+ particles exhibited much a higher bed
expansion, smaller bubble diameter, more uniform bubble size distribution, lower bubble
rise velocity, and longer bubble residence time than the bed of Group A particles, as well
as the insensitivity of those parameters to the increase of the gas velocity, contributing to
a better gas-solid contact and the subsequent superior reactor performance.
The higher bed expansion and smaller bubbles in the bed of Group C+ particles are mainly
a result of the smaller particle size and to some extent the interparticle forces. Many earlier
works [36,37,62-64] have reported that the bed expansion, especially the dense phase
expansion, increased as the particle size decreased and/or the fraction of fines (<45)
increased. The decrease of particle size and/or the introduction of fines are beneficial in
controlling the level of interparticle forces. Chapter 3 and 4 illustrated that a proper level
of cohesive interparticle forces could help to hold more gas in the fluidized bed, especially
in the particle interstices, contributing to better gas-solid contact. For bubbling behaviors,
it is widely recognized that bubbles are much smaller in beds of fine particles [26]. Werther
[44] in 1984 indicated that the increased fines content lead to smaller bubbles and to a
higher interphase mass transfer coefficient. Ma et al. [65] in 2016 demonstrated that the
introduction of a cohesive force of limited magnitude in the bed of typical Geldart Group
B particles could decrease the bubble diameter.
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The distributions of the bubble size and rise velocity for Group C+ particles were more
uniform along the bed height, most likely due to the limitation of bubble growth in the bed
of Group C+ particles which was also ascribed from the smaller particle size and the
interparticle forces. Toei et al. [66] in 1975 found that the bubble splitting frequency does
not rely on the bubble diameter but does depend on the particle size. The smaller particle
size and the proper level of interparticle forces for Group C+ particles gave a smaller value
of maximum bubble diameter which bubbles could reach more quickly, contributing to the
uniform bubble distribution.
From the view of the two-phase theory, the higher bed expansion, smaller bubbles, more
uniform bubble distribution, and lower bubble rise velocity for Group C+ particles indicated
that less gas passes through the bubble phase and more gas goes to the dense phase. As the
quality of gas-solid contact is higher in the dense phase than in the bubble phase, the
increasing tendency of the fluidizing gas to pass through the dense phase can help improve
the performance of a catalytic gas-solid fluidized bed reactor by changing the bed material
from Group A particles to Group C+ particles. As a result, the bed of Group C+ particles is
beneficial for gas-phase catalytic reactions and is expected to enhance the reactor
performance.

6.5 Conclusions
The bubble behaviors for Group C+ particles and Geldart Group A particles were
characterized in a 2-D bubbling fluidized bed, including the bubble distribution, diameter,
rise velocity and the residence time.
Smaller bubbles (< 2cm) homogeneously occupied the bed for both Group C+ and Group
A particles, while larger bubbles tended to form in the middle of the bed. The maximum
bubble diameter for Group C+ particles was less than 4cm, much smaller than that in the
bed of Group A particles, reaching up to 6-7cm in the range of studies. When compared
with the bed of Group A particles, the bed of Group C+ particles exhibited a smaller total
number of bubbles, lower “density” of bubbles (number of bubbles per unit volume), more
uniform bubble size distribution, lower bubble rise velocity, and longer bubble residence
time.
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The bubble rise velocity increased with both the bubble diameter and the gas velocity,
while the effect of the bubble diameter was more significant. The correlation proposed by
Davison and Harrison was suitable for predicting the bubble rise velocity in the beds of
both Group A and Group C+ particles.
The characteristics in the fluidized bed reactor composed of Group C+ particles indicated
more gas holdup in the dense phase and less gas holdup in the bubble phase, which
contribute to better gas-solid contact and are attractive for gas-phase catalytic reactions.

Nomenclature
At

Cross-sectional area of the fluidized bed (cm2 or m2)

Ab

Bubble area (cm2)

AD

Catchment area for a bubble stream at the distributor plate (m2)

D10

Percentage 10% of particles under this particle size (cm)

D50

Percentage 50% of particles under this particle size (cm)

D90

Percentage 90% of particles under this particle size (cm)

D10

Percentage 10% of bubbles under this particle size (μm)

D50

Percentage 50% of bubbles under this particle size (μm)

D90

Percentage 90% of bubbles under this particle size (μm)

D

Column diameter (cm or m)

dp

Particle diameter (μm)

db

Bubble diameter (cm or m)

db0

Initial bubble diameter (cm or m)

dbm

Maximum bubble diameter (cm or m)

H0

Initial fixed bed height (cm)

h

Height above the distributor plate (cm or m)

Nb

Number of bubbles (-)

ug

Superficial gas velocity (cm/s or m/s)

umf

Minimum fluidization velocity (cm/s or m/s)

ub

Bubble rise velocity (cm/s or m/s)

umb

Minimum bubbling velocity (cm/s or m/s)
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ρp

Particle density (kg/m3)

δ

Threshold value (-)
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Chapter 7

7

On the Two-phase Theory of Group C+ and Geldart
Group A Particles
(A version of this chapter has been published in IEC-Res)

Zhou Y, Zhu J. On the Two-phase Theory of Group C+ and Geldart Group A Particles.
Industrial & Engineering Chemistry Research. 2020.
The relative distribution of gas flow between the bubble phase and the dense phase is a
very important factor that determines the performance of a gas-solid fluidized bed reactor,
because the dense phase provides a better gas-solid contact than the bubble phase. The gas
flow through the dense phase was initially considered to be at minimum fluidization (the
so-called two-phase theory) but was found to be higher with fine Group A particles. Using
even smaller particles in this study, the fluidization of Group C+ particles, Geldart Group
C particles with nano-additives, exhibited lower bubble rise velocity, lower bubble holdup,
and higher gas holdup in the dense phase, etc., signifying more gas flow through the dense
phase and subsequently contributing to better gas-solid contact than other particles that
have ever been tested, being Groups A or B. The correction factor Y that accounts for
increased dense phase gas flow in the modified two-phase theory was also found to be not
a constant but a function of the superficial gas velocity, and a correlation was then proposed
to characterize the division of gas flow between the two phases for these fine Group C +
particles, based on the experimental results. The higher dense phase gas velocity and the
lower bubble phase gas velocity could improve the gas-solid contact and the reactor
performance for Group C+ particles.

7.1 Introduction
Fluidized beds are widely used as chemical reactors and many other processing devices.
Fluidization quality is often taken into important consideration in these applications which
largely depend on the degree of gas-solid contact, especially in gas-phase catalytic
fluidized bed reactors. To improve the gas-solid contact, fine particles in small sizes can
provide large gas-solid interfacial areas and thus are widely applied in these reactors as
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catalysts [1-5]. In a conventional gas-solid fluidized bed such as a bubbling fluidized bed
reactor, the division of gas flow between the dilute bubble phase and the dense particulate
phase is also an important factor which determines the gas-solid contact. Generally, the gas
flow through a bubbling fluidized bed is divided into two portions: one makes up the bubble
phase and the other goes into the dense phase or the particulate phase as interstitial gas.
The gas flow through the dense phase is in more intimate contact with particles than that
through the bubble phase, contributing to better gas-solid contacting.
Numerous studies [6-14] have reported the characteristics of Geldart Group A particles
[15] fluidized in three- and two-dimensional beds, showing a higher bed expansion in the
fluidized beds of smaller Group A particles than in the beds of larger Group B particles.
As a result, Group A particles attracted more attention and have been extensively utilized
in the industry. Moreover, the gas holdup in the dense phase for Group A particles were
found to increase with the fines (dp < 45μm) content [1,3,6-7,16-17]. Following this trend,
the even smaller Geldart Group C particles (dp < 45μm) would be expected to have even
higher dense phase expansion. However, they are cohesive and hard to fluidizable due to
the strong interparticle forces ascribed to the small particle size [15].
Earlier studies [18-22] showed that nanoparticles can effectively reduce the interparticle
forces of Group C particles and make them fully fluidize. A nano-modulation technique
has been proposed by our group [21] for better integration of nanoparticles with Group C
particles [23]. The nano-modulated Group C particles, referred to as Group C+ particles,
exhibited much higher gas holdup in the dense phase than Group A particles [24]. The
bubbles in the fluidized bed of Group C+ particles also exhibited smaller sizes, lower rise
velocities, and longer residence times than in the bed of Group A particles [25]. All these
characteristics of the two phases for Group C+ particles, smaller and slower bubbles and
higher dense phase gas holdup, contributed to better gas-solid contact [26]. On the other
hand, the higher dense phase gas holdup for the Group C+ particles clearly suggested that
a much higher portion of the gas goes through the dense phase than that of minimum
fluidization, as postulated by the two-phase theory. As such, to fully understand the
fluidization of Group C+ particles, it is important to have a comprehensive study on the gas
flow division between the two phases and on the modification of the two-phase theory.
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7.2 Two-phase theory
The two-phase theory of gas-solid fluidization was initially proposed by Toomy and
Johnstone (1952) [27] who suggested that all gas in excess of that required for minimum
fluidization would pass through the bed in the form of bubbles:
Gb / A = ug ‒ umf

(7.1)

where A is the cross-sectional area of the bed, ug and umf are the superficial gas velocity
and the minimum fluidization velocity, respectively, and Gb is the volumetric bubble
flowrate. This simple two-phase theory was questioned by Turner (1966) [28] and
Davidson and Harrison (1966) [29] suggested a factor K to account for a higher gas velocity
than umf going through the dense phase:
Gb / A = ug ‒ Kumf

(7.2)

with K=1 for the “simple two-phase” assumption. A number of works [30-41] measured
directly or estimated indirectly the visible bubble flowrates in freely fluidized beds and
came up with a range of K values. Grace and Clift [42] summarized those earlier works
and found K to vary in the rang 0.7 to 27. Later on, in their review chapter, Clift and Grace
[43] used a Y value, first proposed by Werther J (1978) [44], to account for the same effect:
Gb / A = Y (ug ‒ umf)

(7.3)

where the value of the empirical parameter Y was usually less than unity which depended
on the powder group, bed height, and bed diameter.
The deviation from the simple two-phase theory, that is Y < 1, has increasingly been found,
especially for systems of Geldart Group A particles and other particles containing a high
fraction of “fines” (dp < 45μm) [1,6-11,16-17,45], due to the increased gas holdup and gas
velocity in the dense phase than those at minimum fluidization. From 1980 onwards, an
increasing number of work had studied the gas flow in the fluidized beds of fine powders
(Group A), and it has become widely recognized that the dense phase voidage and the
interstitial gas flow are much greater than that suggested by the “simple two-phase theory”
and the fine content played a major role in such deviation [7-8,11-13,46-53].. With even
smaller particle size, the bubbling beds of Group C+ particles are expected to deviate more
from the simple two-phase theory, as they exhibited even higher dense phase expansion
than the beds of Group A particles.
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In this project, the gas flow distribution in the fluidized beds of Group C + and Group A
particles was investigated. A modified two-phase theory with a new correlation for the
value of Y was determined for Group C+ particles, based on the experimental results of the
bubble holdup and the bubble rise velocity. The gas velocities in the two phases were also
calculated.

7.3 Experimental
7.3.1

Particulate materials

Two types of Group C+ particles (GB10+ and FCC8.5+) and one type of Group A particles
(FCC76) were used in these experiments with their properties listed in Table 7.1.
AEROSIL R972, a type of fumed silica nanoparticles, has a reported size of 16 nm and a
particle density of 2200 kg/m3. A volume fraction of 0.82% of the fumed silica were mixed
into Group C particles by an ultrasonic vibrating method, as detailed in our earlier patent
[21].
Table 7.1: Particle properties
Particle size
(μm)

Particle
density
(kg/m3)

Bulk
density
(kg/m3)

Minimum
fluidization
velocity
(cm/s)

Powder
classification

Powder
name

Material

GB10+

Glass beads
1.6
with R972

10

29

2500

916

6.5

Group C+

FCC8.5+

FCC
catalysts
with R972

1.5

8.5

26

1780

509

10

Group C+

FCC76

FCC
catalysts

20

76

140

1780

874

0.5

Group A

7.3.2

D10 D50 D90

2-D fluidized bed

The 2-D fluidization column was made up of Plexiglas, with 100cm in height, 10.5cm in
width, and 1cm in depth, as schematically shown in Figure 7.1(a). The distributor plate had
19 holes of 1 mm in diameter with an opening area ratio of 1.4%. Three layers of 625 mesh
screen covered on the distributor plate to prevent fine particles dropping into the wind box.
A commercial digital camera (Canon EOS 800D) was used to record the fluidization
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process, and two lamps were placed behind the column at two fixed positions to increase
the contrast between bubbles and particles, as shown in Figure 7.1(b). The camera viewed
the whole fluidized bed to allow a full field analysis of the bubble dynamics. The whole
apparatus was isolated from the external environment using black boards to shield out
lights in the surrounding environment.
All experiments were conducted at room temperature and room pressure with an initial bed
height of 26cm (Ho). Air at ambient conditions was used as fluidizing gas, and the flow
rate was measured by a rotameter. The minimum fluidization velocities (umf) of GB10+,
FCC8.5+, and FCC76, were experimentally measured to be 6.5cm/s, 10cm/s and 0.5cm/s,
respectively. The operating gas velocities ranged up to 25.5 cm/s.

Figure 7.1: Experimental Setup and camera-lighting arrangement

7.3.3

Image processing

The camera recorded videos at a frequency of 50Hz and each video was 10s long, equal to
500 frames. The image processing routine was developed on Adobe Photoshop CS6 (The
Adobe company) and Matlab R2018b (The MathWorks inc.). The whole process could be
summarized as follows:
(1) Transforming Videos to RGB images frame by frame;
(2) Cropping images to allow the analysis of the fluidized bed only;
(3) Transforming RGB images to grayscale ones;
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(4) Thresholding the grayscale images to binary ones;
(5) Indexing all bubbles inside the area;
(6) Filtering false bubbles and noise.
Figure 7.2 shows an example of the image processing. A threshold value of 60 was used in
this project, which was found by combining visual observation and Otsu thresholding
method [54]. All pixels with a gray-value larger than the threshold were indicated as
bubbles and were coloured white, and all with a value smaller were dense phase and made
black. Each bubble in the image was marked using a program called Regionprops in
Matlab. The bubble rise velocity (ub) could be calculated by comparing the bubble
centroids in subsequent frames (Δt = 0.02s), as shown in Figure 7.3, with the following
equation:
ub =

yc (t+∆t)− yc (t)
∆t

(7.4)

The mean vertical position “tagged” to the bubble rise velocity was:
h=

yc (t+∆t) − yc (t)

(7.5)

2

Figure 7.2: An example of image processing
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Figure 7.3: Four consecutive frames marked with the same bubble for calculating
bubble rise velocity

7.3.4

Bed collapse test

The bed collapse test, initially proposed by Rietema in 1967 [55], was used to characterize
properties of the bubble phase and the dense phase. It was carried out by first achieving the
steady fluidization (bed height Ht) at a high gas velocity, suddenly shutting off the gas
supply, then tracking the fall of the bed surface as a function of time. The typical bed
collapse curves can be divided into three different stages, as shown in Figure 7.4: (1) the
bubble escape stage; (2) the sedimentation stage; and (3) the consolidation stage. The
bubble escape stage happened quickly and normally lasted only 1-2 seconds, followed by
the sedimentation stage which yielded a linear region for Group A particles but an
exponential region for Group C+ particles [24]. The dense phase height (Hd) was obtained
by extrapolating the region of the hindered sedimentation stage back to time 0 when the
gas was shut off, and then the equivalent bubble phase height (Hb) was further obtained by
(Ht - Hd). The bubble volume fraction (δ) was calculated by:
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δ = (Ht - Hd) / Ht

(7.6)

The bed collapse tests were measured at different gas velocities ranging up to 25.5 cm/s
for all three types of particles. The length of bed collapse process was much longer for
Group C+ particles than for Group A particles, giving the longer sedimentation time, as
being reflected in Figure 7.4.

Figure 7.4: Bed collapse curves

7.4 Results and discussion
7.4.1

Bubble rise velocity distribution

The axial distributions of the bubble rise velocity for the three types of particles are shown
in Figure 7.5. The bubble rise velocities of each bubbles were indicated in hollow symbols,
fairly scattered because of the chaotic behaviors in the fluidized beds. The average bubble
rise velocities (in solid symbols with lines) showed a clear trend with the height above the
distributor plate. Among the three types of particles, the axial distribution of the bubble
rise velocity in the bed of FCC8.5+ was very uniform for which the bubble rise velocity
hardly changed as along the height. In the bed of GB10+, the bubble rise velocity slightly
increased initially and then remained constant with the increase of the height. For FCC76,
the bubble rise velocity had a steeper increase with the height before it plateaued.
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Evidently, the distribution of the bubble rise velocity for Group C+ particles was more
homogeneous than that for Group A particles.

Figure 7.5: The axial distributions of the bubble rise velocity for the three type of
particles
When compared with Group C+ particles, Group A particles exhibited higher bubble rise
velocity and lower fluidized bed height, both leading to shorter bubble residence time in
the bubbling fluidized bed. The longer bubble residence time in the bed of Group C+
particles would increase gas-solid contacting time, contributing to better performance for
a fluidized bed reactor.
The axial distributions of the bubble rise velocity at different gas velocities for the three
types of particles are shown in Figure 7.6. As the gas velocity increased, the axial
distributions of the bubble rise velocity for the two C+ particles did not change
significantly, other than for FCC8.5+ at ug-umf of 15.5 cm/s. For example, the bubble rise
velocity remained almost unchanged along the bed height with changing gas velocities,
and the axial distribution of the bubble rise velocity for GB10+ became even more uniform
with increasing gas velocity. For Group A particles, the axial distribution of the bubble rise
velocity was less uniform than that for Group C+ particles, as discussed before. The bubble
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rise velocity for FCC76 obviously increased with the increase of either the bed height or
the gas velocity.

Figure 7.6: Axial distributions of the bubble rise velocity at different gas velocities
for the three types of particles
In summary, the bubble rise velocity in the bed of Group C+ particles was lower and did
not increase significantly along the bed height, i.e., more uniformly distributed throughout
the fluidized bed than that for Group A particles. The bubble rise velocity is closely related
to the bubble diameter [56-58]. The lower bubble rise velocity and the more uniform axial
distribution for Group C+ particles were attributed to the smaller bubbles and more uniform
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bubble size distribution in the bed of Group C+ particles, as carefully discussed in Chapter
6. The smaller bubbles and lower bubble rise velocities in Group C+ particle fluidization
provided larger gas-solid interfacial area and longer time for gas-solid interaction,
increasing the gas-solid contact and thus the reactor performance.

7.4.2

Gas holdup distribution

The bed collapse tests were used to identify the holdups of the two phases in the bubbling
fluidized bed. As shown by the bed collapse curves for the three types of particles at
different gas velocities in Figure 7.7, Group C+ particles exhibited much higher total bed
height and also extremely higher dense phase height than Group A particles with the same
initial bed height of 26cm. In addition, the collapse times for Group C+ particles were much
longer than those for Group A particles, indicating the difficulty in gas escaping from the
dense phase which is ascribed to the higher cohesion of Group C+ particles.

Figure 7.7: The bed collapse curves for the three types of particles at different gas
velocities
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The distributions of the two phases in the fluidized beds of the three types of particles at
different gas velocities are shown in Figure 7.8. Both the total bed height and the dense
phase height for Group C+ particles were evidently higher than those for Group A particles.
For the two Group C+ particles, as the gas velocity increased, the gas seemed to
preferentially go into the dense phase first before “filling up” the bubble phase, so that the
dense phase height initially rose quickly and then remained almost unchanged, while the
bubble phase height had a more steady increase. In the contrary, most gas flow in the Group
A bed goes into the bubble phase with its height rising consistently as the gas velocity
increased.

Figure 7.8: The bed height distribution for the three types of particles at different
gas velocities
The gas holdups in the two phases and the extra gas holdup in the dense phase beyond fixed
bed are shown in Figure 7.9, for the three types of particles with increasing gas velocity.
While the bubble holdups for Group C+ particles were slightly higher than those for Group
A particles, it is the gas holdups in the dense phase (dense phase voidages) for Group C+
particles that were significantly higher, reaching up to 87%, or 160% of those for Group A
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particles. Consequently, the extra gas holdups beyond the fixed bed in the dense phase for
Group C+ particles were also much higher, around 4 times as those for Group A particles.
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Figure 7.9: The gas holdups in the two phases for the three types of particles at
different gas velocities
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The extremely higher gas holdup in the dense phase for Group C+ particles allowed more
space for the gas stream to channel through the dense phase, providing more opportunities
for better gas-solid contact. The high gas holdup in the dense phase for Group C+ particles
may be mainly attributed to the existence of the interparticle forces, which could help
“hold” more gas in the particle interstices. Earlier workers [1,7-12,17] reported that the
dense phase voidage increased with the increase of the fines (<45μm) content or the
introduction of interparticle forces in Group A/B particle fluidization. Such higher gas
holdup in and thus more gas flow through the dense phase, in fluidized bed reactors using
Group C+ particles as catalysts, would lead to better reactor performance, as have been
verified in the study using ozone decomposition reaction [26].

7.4.3

Phase distribution by the two-phase theory

The concept of the two-phase theory is illustrated in Figure 7.10. The simple two-phase
theory [27] suggested that the flowrate of bubbles through the fluidized bed (Gb) was equal
to the excess gas flow above the minimum fluidization velocity (Gb/A = ug - umf), while the
dense phase remained at the minimum fluidization state (Gd/A = umf and εd = εmf). This
theory was later modified and a correction factor Y was introduced [44] to account for the
additional gas flow through the dense phase, because the dense phase voidage for Group
A particles is actually larger than the bed voidage at the minimum fluidization. The total
gas flowrate (Gg) through the fluidized bed can therefore be expressed by the sum of the
gas flowrate through the bubble phase (Gb) and the dense phase (Gd), as shown in the
equations below:
Gg = Gb + Gd

(7.7)

Gb = ub A δ = Y (ug ‒ umf) A
Gd = ud A (1-δ) = udi A (1-δ) εd = ug A ‒ Y (ug ‒ umf) A

(7.8)
(7.9)

where A is the cross-sectional area of the fluidized bed, δ and εd are the bubble volume
fraction and the dense phase voidage found from the bed collapse test, ub is the bubble rise
velocity, ud is the “superficial gas velocity” in the dense phase based on dense phase
volume excluding the bubble phase, and udi is the actual interstitial gas velocity in the dense
phase. For Geldart Group A particles, the range of Y values is relatively narrow and its
numerical value for Group A particles was approximately 0.8 based references [44,59-64].
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Figure 7.10: The concept of the two-phase theory
(a) Typical Group A particles and (b) Typical Group C+ particles
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For Group C+ particles, the gas holdup in the dense phase was considerably higher than
that for Group A particles, as has been discussed. It is therefore important to study and
modify the Y value for correctly predicting the division of the gas flow in the bubbling
fluidized bed of Group C+ particles. Based on the bubble volume and the bubble rise
velocity obtained experimentally, the Y values can be calculated: Dividing the bed into
many differential heights and the bubble volume in a given slice dz is (δ A dz):
δ A dz = (A dz) Y (ug - umf) /ub

(7.10)

The bubble volume in the bed is:
H

H 1

∫0 δ A dz =A Y (ug -umf ) ∫0

ub

dz

(7.11)

The Y values and the superficial gas velocities of the two phases for the three types of
particles are shown in Figure 7.11(a). For Group A particles, the Y values remained
relatively constant at a value of 0.7, while the Y values had a clear decreasing trend with
the increase of the gas velocity for Group C+ particles. In other words, the correction factor,
Y, for the modified two-phase theory was found to be a variable of the gas velocity for
Group C+ particles.
With the Y values determined, the gas flow distribution between the two phases (Gb/A and
Gd/A) could be calculated, as shown in Figures 7.11(b) and 7.11(c). For both Group C+ and
Group A particles, Gb/A was lower than ug-umf and Gd/A was much higher than umf. As a
result, the simple two-phase theory overestimated the gas flow of the bubble phase and
underestimated that of the dense phase. For Group C+ particles, Gb/A was slightly lower
than that for Group A particles, but Gd/A was significantly higher than that for Group A
particles, echoing the experimental observation that much more gas flows through the
dense phase which contributes to better gas-solid contact.
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Figure 7.11: Y values and gas flow distributions for the three types of particles

7.4.4

Further analysis based on the modified two-phase theory

From the bubble holdup (δ) and the Y value obtained experimentally, one can further
calculate the bubble rise velocity (ub), the superficial gas velocity in the dense phase based
on dense phase volume excluding the bubble phase (ud), and the actual interstitial gas
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velocity in the dense phase (udi). To fully characterize the fluidized bed, the bubble holdup
(δ) and the Y value from experiments were first correlated. As shown in Figures 7.12 and
7.13, the correlations of the bubble holdups for the three types of particles were:
For FCC8.5+: δ = 0.40 (ug-umf) + 0.170

(7.12)

For GB10+: δ = 0.93 (ug-umf) + 0.072

(7.13)

For FCC76: δ = 0.90 (ug-umf) + 0.030

(7.14)

For Group A particles, the Y values remained almost constant and were averaged at 0.7,
which was slightly lower than that reported by earlier works with an approximate value of
0.8 [44,59-64], probably because the FCC76 used had a large amount of fine content
(D10 = 20m). For Group C+ particles, the correlation of the Y value was:
Y = 0.33 (ug-umf)-0.30

(7.15)

The above correlation clearly indicated that the correction factor, Y, was a function of and
decreased with the excess gas velocity. This correlation was shown to correctly predict the
results of Gb/A and Gd/A well as given in Figure 7.11.

Figure 7.12: Relationships of the bubble holdup to the excess gas velocity
for the three types of particles
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Figure 7.13: Relationships of Y values to the excess gas velocity
for Group C+ and A particles
Using the above correlations, the gas velocities of the bubble phase (ub) and the dense phase
(ud) and the interstitial gas velocity in the dense phase (udi) were obtained as shown in
Figure 7.14. Group C+ particles showed much lower ub than Group A particles, indicating
longer time for bubbles to interact with surrounding particles, while ud and udi for Group
C+ particles were much higher than for Group A particles, resulting in more gas flowing
through the dense phase. More specifically, ub for the three types of particles was: FCC76
> GB10+ > FCC8.5+, and both ud and udi for the three types of particles showed an inverse
trend: FCC76 < GB10+ < FCC8.5+. The extraordinarily higher interstitial gas flow and the
much lower bubble flow in the bed of Group C+ particles are very favorable from a
chemical reaction point of view. The grater gas flowrate of the dense phase and the lower
gas flowrate of the bubble phase provided more opportunities for the gas flow to be in close
contact with the particles, leading to enhanced reactor performance.

192

193

Figure 7.14: The calculated gas velocities in the two phases
for the three types of particles at different superficial gas velocities
As ub is related to the bubble diameter (db), db can then be obtained using the correlation
proposed by Davidson and Harrison [56] for predicting the bubble rise velocity:
ub = (ug - umf) + 0.71(g db)0.5
This correlation could then be modified with the Y values:
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(7.16)
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ub = Y (ug - umf) + 0.71(g db)0.5

(7.17)

The calculated bubble diameters using Equations (7.16) and (7.17) were compared with
the experimental ones (D10, D50, and D90), as shown in Figure 7.15. D10, D50 and D90
are the mean bubble diameters at which 10%, 50% and 90% of the sum of bubbles area is
comprised of bubbles with a diameter less than these values. Based on the simple twophase theory, the calculated bubble diameters for FCC8.5+ particles were close to the value
of D10, while those for GB10+ were close to the value of D50. When the modified Y
correlation was applied, the calculated bubble diameters were closer to D50, the average
bubble diameter, for both types of For Group C+ particles. For the larger FCC76 particles,
the calculated bubble diameters using both correlations were higher than the experimental
ones, but leveled off at higher gas velocities. The modified correlation with Y could better
predict the relationship between the bubble diameter and bubble rise velocity for Group C+
particles, while overestimating the relationship for Group A particles.
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Figure 7.15: The comparison of the calculated bubble sizes
with the experimental results

7.5 Summary
The fluidized bed of Group C+ particles was shown to have lower bubble rise velocity and
more uniform distribution of the bubble rise velocity than those in the bed of Group A
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particles, corresponding to the smaller bubbles and longer bubble residence time observed
in the bed. It also exhibited extraordinarily higher gas holdup in the dense phase, promoting
more rigorous gas-solid contacts therein. Applying the modified two-phase theory and
using the correction factor Y to account for increased dense phase gas flow, the Y value was
found to be not a constant as previously suggested for Group A particles, but to decrease
with the excess superficial gas velocity, for fine Group C+ particles.
A new correlation for the correction factor, Y, was then developed in this study for Group
C+ particles. Using this new correlation (and the reported Y value for Group A particles),
the distribution of the gas flow between the dense phase and the bubble phase in the beds
of Group C+ in comparison to Group A particles could be determined, quantifying the gas
flow through the dense phase which was clearly higher than the minimum fluidization
velocity (umf), and the gas flow through the bubble phase which was clearly lower than the
excess gas velocity (ug-umf). For Group C+ particles, the lower gas bubble riser velocity
(ub) indicated longer time for gas bubbles to interact with the surrounding particles and the
higher gas velocities through the dense phase (ud and udi) indicated more gas-solid
interfacial contact through the dense phase.

Nomenclature
Gb

Volumetric flow rate into bubble phase (m3/s, cm3/s)

Gd

Volumetric gas flow into dense phase (m3/s, cm3/s)

A

Bed cross-sectional area (cm2)

db

Bubble diameter (cm, m)

Ho

Initial fixed bed height (cm)

Ht

Total fluidized bed height (cm)

Hd

Dense phase height (cm)

Hb

Bubble phase height (cm)

ug

Operating gas velocity (cm/s)

umf

Minimum fluidization velocity (cm/s)

ub

Bubble rise velocity (cm/s, m/s)

udm

Superficial gas velocity in the dense phase (m/s, cm/s)
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ud

Gas velocity based on the dense phase without bubble volume (m/s, cm/s)

udi

Interstitial gas velocity in the dense phase (m/s, cm/s)

εb

Fluidize bed voidage (-)

εd

Dense phase voidage (-)

δ

Bubble volume fraction (-)
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Chapter 8

8

Prediction of Dense Phase Voidage for Group C+
Fluidized Bed Reactor
(A version of this chapter has been published in Chemical Engineering Journal)

Zhou Y, Zhu J. Prediction of Dense Phase Voidage for Group C+ Fluidized Bed Reactor.
Chemical Engineering Journal. 2020 Jul 11:126217.
Group C+ fluidized bed reactor exhibited better reactor performance than conventional
fluidized bed reactors, due to the larger specific surface area of the catalysts and the more
homogeneous fluidization, especially the extraordinary dense phase expansion which
contributes to higher gas-solid contact efficiency. As a critical parameter affecting the
reactor performance, the dense phase voidage (εd) was thoroughly characterized and
general correlations for predicting εd were derived based on both Richardson-Zaki and
Kozeny-Carman approaches. In addition, a new method for predicting the minimum
fluidization velocity of Group C+ particles with the consideration of the particle cohesion
was proposed. The bed voidage at minimum fluidization (εmf) and the maximum dense
phase voidage (εd,max) were shown to correlate well with a dimensionless cohesion index
(σ*). All these new correlations showed good agreements with the experimental data for
various types of Group C+ particles.

8.1 Introduction
Fluidized beds are useful contacting devices especially as industrial reactors for gas-phase
catalytic and gas-solid reactions [1-5], providing high heat and mass transfer rates and large
surface area for gas-solid contact. Generally, the performance of a fluidized bed is
determined by many factors such as the bubble size and frequency, the minimum
fluidization velocity, and the bed expansion, etc. [6-9]. For conventional fluidized bed
reactors, the bed expansion is one of the critical parameters which determines the gas
holdup in the bed, thus affecting the gas-solid contact and the chemical conversion [1011]. More specifically, the bed expansion is influenced by the dense phase expansion and
the bubble holdup on the basis of two-phase theory [12-14]. The degree of the dense phase

203

204

expansion, also expressed as the dense phase voidage (εd), quantifies the gas holdup in the
dense phase which has a greater opportunity to contact with particles and thus is more
beneficial for the gas-phase catalytic reactions.
As classified by Geldart [15], the fluidization quality becomes better with the decreasing
of the particle size, from Group D to B and further to A particles. For example, Group A
particles exhibit a homogenous expansion before the appearance of bubbles, signifying
certain degree of higher dense phase expansion, while Group B particles immediately reach
the bubbling regime at the minimum fluidization velocity, indicating little dense phase
expansion [16-18]. Group C particles have even smaller particle size than Group A
particles and are expected to show better fluidization quality, but the extremely small
particle size results in strong interparticle forces and the difficulty in fluidization. Previous
studies [19-28] have shown that the addition of nanoparticles can improve the flowability
and fluidization quality of Group C particles. Such Group C+ particles, providing larger
specific surface area, had much higher bed expansion and larger dense phase voidage than
Group A particles [28], and therefore significantly increase the reaction conversion due to
the increased gas-solid interfacial contact [29-30].
It has been widely recognized that the homogeneous bed expansion before bubbling
fluidization for Group A particles is ascribed to the interparticle forces [31-36]. Earlier
studies [37-39] suggested that the interparticle forces could contribute to the stability of
the fluidization, increase the dense phase voidage and increase the capability of the bed to
retain gas. Therefore, the interparticle forces have an important effect on the fluidization
hydrodynamics [40] and are helpful in maintaining the stable regime between the minimum
fluidization and minimum bubbling velocities for Group A particles. There is no question
but that interparticle forces play a more important role in the fluidization of Group C +
particles, contributing to the high dense phase bed expansion and large dense phase
voidage.
Considering the extremely high dense phase voidage in the fluidized bed of Group C+
particles, it is necessary and critical to propose a theoretical approach to predict the dense
phase behaviors. This work studied the dense phase voidage and the cohesion for Group
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C+ particles, and proposed equations to theoretically predict the dense phase voidage in the
fluidization of Group C+ particles.

8.2 Experimental
8.2.1

Experimental materials and apparatus

Three types of Group C particles used in the present experiments were glass beads (GB),
fluid catalytic cracking (FCC) catalysts, polyurethane particles (PU) with their physical
properties listed in Table 8.1. The nanoparticles used in this experiment were SiO2 particles
with a particle size of 16 nm and particle density of 2200 kg/m3 (marketed as R972 by
Evonik). Group C+ particles were produced by mixing a small amount of nanoparticles
with Group C particles [41-42]. Three nanoparticle concentrations in volume fractions
were used, namely 0.27%, 0.44%, 0.82%.
Figure 8.1 schematically shows the experimental setup. The fluidization column was 5.08
cm (I.D.) x 45.7 cm (height) and was made of plexiglas. A gas distributor with an open
area ratio of 2.5% was placed between the fluidized column and the wind box. Two layers
of 625 mesh screen covered on the distributor to prevent fine particles dropping into the
wind box. The air flowed through two PVC tubes into the wind box at two opposite
positions. A measuring tape fixed along the fluidization column was used to read the bed
height.
Table 8.1: Physical properties of experimental particles
Powder
Name
GB10
FCC8.5
PU10
PU18
PU36

Particle Size (µm)
D10

D50

D90

Particle Density
(kg/m3)

1.6
1.5
2
4
12

10
8.5
10
18
36

29
26
30
50
74

2500
1780
1200
1200
1200

a

Bulk Densitya
(kg/m3)

ε0b

Sphericity

916
509
560
648
679

0.63
0.71
0.53
0.46
0.43

1
0.88
0.76
0.76
0.78

It is the loose bulk density (or poured density), and is measured using a Hosokawa powder tester by
particles freely falling into a container with a fixed volume.
b Fixed bed voidage (ε ) = 1 ̶ bulk density (ρ ) / particle density (ρ ).
0
b
p
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Figure 8.1: Experimental setup

8.2.2

Bed collapse test

Bed collapse test [43] was used to measure the dense phase voidage. The bed was fully
fluidized at a high superficial gas velocity, and the bed height was recorded using a digital
camera (Canon EOS 800D) when the gas supply was suddenly shut off. The bed height
was a function of time to give a bed collapse curve as shown in Figure 8.2. The dense phase
bed height (Hd) was identified from the bed collapse curves and hence the dense phase
voidage (εd) could be calculated:
εd = 1‒ (H0 / Hd) (1‒ ε0)

(8.1)

where H0 is the initial fixed bed height, ε0 is the initial fixed bed voidage. The bed collapse
tests were conducted at various superficial gas velocities (ug), ranging up to 13 cm/s. The
superficial gas velocity in the dense phase (ud) can be calculated as the following
correlation [44]:
ud = ug − Y (ug-umf)

(8.2)

where the value of Y for Group C+ particles is Y = 0.33(ug-umf)-0.3, from experimental results
in Chapter 7.
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Figure 8.2: A typical bed collapse curve for Group C+ particles

8.2.3

FT4 cohesion test

Powder cohesion was tested following a standard process [45-46] using an FT4 Powder
Rheometer manufactured by Freeman Technology, representing the degree of the
interparticle forces. A powder sample was first conditioned and pre-sheared to reach a
homogenized state and then was compressed under a specified normal stress of 9 kPa.
Afterwards, the powder sample was sheared under normal stresses of 7, 6, 5, 4 and 3 kPa
respectively to obtain shear stresses and the yield locus was achieved to obtain the
cohesion, as shown in Figure 8.3. The test repeated three times and the value of the
cohesion averaged for each sample, as reported in Table 8.2.

Shear Stress

83

Cohesion
Normal Stress
Figure 5.5:

Example yield locus of powder used for determining cohesion

5.3 cohesion
Results and Discussion
Figure 8.3: FT4
test
The average properties of powders from Manufacturer A, B and C were compared
to identify key differences between the different manufacturers.
5.3.1 Particle Size Distribution
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The particle size distribution for virgin powders produced by Manufacturer A, B,

and C was measured and the average D10, D50, and D90 are provided in Table 5.1. The
average particle size distribution of reclaimed powders for each manufacturer is also
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Table 8.2: Cohesion of experimental particles (kPa)
Cohesion
Powder
GB10
FCC8.5
PU10
PU18
PU36

0.27%
0.933
0.470
0.600
0.375
0.057

Nanoparticle volume concentration
0.44%
0.82%
0.917
0.853
0.560
0.410
0.349
0.353
0.226
0.354
0.001
0.001

8.3 Results and discussion
8.3.1

Experimental results

The dense phase voidages for Group C+ particles with the increase of the gas velocity are
shown in Figures 8.4 and 8.5. When the superficial gas velocity reached and exceeded the
minimum fluidization velocity (umf), the bed of Group C+ particles started to fluidize and
to expand significantly. As the gas velocity increased, the dense phase voidage increased
and then leveled off for all types of Group C+ particles, reaching a maximum value (εd,max,
maximum dense phase voidage). For different types of Group C+ particles, the dense phase
voidage increased with the decrease of the particle size, because smaller particles often
have stronger cohesion which may contribute to higher dense phase expansion. In addition,
the nanoparticle concentration had a more significant effect on the dense phase voidage for
finer Group C+ particles (GB10, FCC8.5, and PU10) with stronger cohesion.
The dense phase voidage for Group C+ particles reached as high as 0.84, extremely higher
than that for Group A particles which is around 0.55, as more details in Chapters 3 and 4.
The high dense phase voidage for Group C+ particles indicated more gas holdup in the
dense phase which could contribute to better gas-solid contact. Therefore, the dense phase
voidage is a critical factor that affects the reactor performance for gas-phase catalytic
reactions, and it is an important parameter in reactor models.
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Figure 8.4: Dense phase voidages for GB10 and FCC8.5 at different gas velocities
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Figure 8.5: Dense phase voidages for three types of PU particles at different gas
velocities
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It is noted that for all types of Group C+ particles, the dense phase voidage increased
linearly with the gas velocity until it reached the maximum value, as specifically shown in
Figure 8.6 (take PU18+0.44% as an example). The superficial gas velocity in the dense
phase (ud) when the dense phase voidage just reached its maximum was defined as the
maximum dense phase expansion velocity (ud,max). When ud was between umf and ud,max,
the dense phase voidage (εd) had a linear relationship with ud. The values of umf, ud,max, and
corresponding εmf and εd,max, for all types of Group C+ particles are summarized in
Table 8.3.

Figure 8.6: An example showing the relationship between the voidage and gas
velocity
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Table 8.3: Experimental values for Group C+ particles of superficial gas velocity
and voidage at minimum fluidization and maximum dense phase expansion
conditions
Powder
Nanoparticle
u (cm/s)
εmf
ud,max (cm/s) εd,max
name
concentration (v%) mf
0.27
9.8
0.66
10.0
0.75
GB10
0.44
8.4
0.67
9.5
0.78
0.82
6.4
0.67
6.8
0.80

FCC8.5

0.27
0.44
0.82

8
8.3
6.3

0.74
0.74
0.73

9.8
9.0
7.1

0.82
0.84
0.84

PU10

0.27
0.44
0.82

5.7
4.1
2.3

0.60
0.59
0.58

7.7
4.5
4.1

0.76
0.78
0.77

PU18

0.27
0.44
0.82

3.8
2.8
3.2

0.51
0.51
0.51

4.5
4.2
3.9

0.68
0.68
0.69

PU36

0.27
0.44
0.82

0.8
0.6
0.9

0.47
0.47
0.47

2.3
1.6
2.4

0.59
0.62
0.62

When the gas velocity was between umf and ud,max, the relationships of εd and ud for all
types of Group C+ particles were linear, as shown in Figure 8.7. Based on the linear
relationship in this region, it is feasible to correlate the dense phase voidage with the gas
velocity.
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Figure 8.7: The dense phase voidages for all types of Group C+ particles with the
increase of the gas velocity when umf < ud < ud,max

8.3.2

Theoretical Analysis

In conventional fluidized beds, the bed expands with the superficial fluid velocity, so that
there should be a definite relationship between the bed voidage and the fluid velocity.
Liquid-fluidized beds usually maintain a smooth fluidization, expanding progressively as
the fluid velocity increases. This homogeneous expansion for liquid-fluidized beds has
been correlated with the liquid velocity by several earlier researchers such as Ergun (1949)
[47] and Richardson and Zaki (1954) [48]. Conversely, gas-fluidized beds generally exhibit
heterogeneous structure with rising bubbles, making the relationship unclear. Nonetheless,
aside from the bubble phase, a bubble-free dense phase does exist and displays a
homogeneous expansion especially for smaller and lighter Geldart Group A particles
[15,37]. For Group C+ particles, in our recent studies, with even smaller particle size and
controlled interparticle forces, the gas-fluidized bed shows a more homogeneous
fluidization with a highly expanded dense phase [26,28]. Additionally, the current study
further revealed a linear relationship between the dense phase voidage and the gas velocity
for Group C+ particles, as shown in Figure 8.7. Therefore, it is possible to correlate the
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expansion of the dense phase in fluidized beds of Group C+ particles in a similar way with
the expansion in liquid-fluidized beds.
(a) Based on Richardson-Zaki approach
The Richardson-Zaki equation may be extended to correlate the dense phase expansion for
Group C+ particles with the superficial gas velocity in dense phase. The well-known
Richardson-Zaki equation [48] expresses the bed voidage in liquid-solid fluidization as:
ul / ut = εn

(8.3)

where ul is the superficial liquid velocity, ut is the terminal particle velocity, ε is the bed
voidage, n is a parameter related to Reynolds number at terminal velocity (n=4.65+20dp/D
when Ret < 0.2). Considering the similar structure of the dense phase in the gas-solid
fluidized bed with the liquid-solid fluidized bed, the Richardson-Zaki correlation may be
expressed as:
ud / uta = εdn
or in another form:

(8.4)

log ud = n log εd + log uta

(8.5)

where ud is the superficial gas velocity in the dense phase, εd is the dense phase voidage,
uta is the aggregated particle terminal velocity. When log ud is plotted against log εd, a linear
relationship should be present, and n is the slope of the line.
The logarithmic plots of the superficial gas velocity in the dense phase versus the dense
phase voidage for all types of Group C+ particles are shown in Figure 8.8. Log ud indeed
showed a clearly linear relationship with log εd, indicating that the dense phase expansion
in the fluidization of Group C+ particles follow the Richard-Zaki Equation, and therefore
have similar characteristics to those in a typical liquid-solid fluidized bed. The slopes of
the straight lines varied with the types of Group C+ particles which meant that the values
of n were different for different particles.
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Figure 8.8: The logarithmic plots of ud versus εd for all types of Group C+ particles
The n values were then correlated to the particle cohesion as a key parameter for Group C+
particles, as shown in Figure 8.9:
n = 0.47+3.56*0.013σ

(8.6)

The n value decreased with the increase of the particle cohesion, because higher cohesion
contributed to higher dense phase voidage, which in turn gave lower n value. When the
cohesion approached zero, the n value obtained via the experiments approximated to the
constant n = 4.65 as predicted by the R-Z correlation.
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Figure 8.9: The n values plotted with the particle cohesion
With n correlated and becoming calculable, a general equation to predict the dense phase
voidage could be developed: When the bed is at the minimum fluidization, Equation (8.5)
can be written as:
log umf = n log εmf + log uta

(8.5b)

Combining Equations (8.5) and (8.5b)：
log (ud/umf) = n log (εd/εmf)
or in another form:

ud/umf = (εd/εmf)n

(8.7)

(8.8)

where n=0.47+3.56*0.013^σ (Equation 8.6) and σ is the particle cohesion.
If the particle cohesion (σ), minimum fluidization velocity (umf), and the bed voidage at
minimum fluidization (εmf) for any type of particles are known, the dense phase voidage at
a given gas velocity can be calculated using Equation (8.8).
(b) Based on Kozeny-Carman approach
Ergun equation (1952) [49], was proposed to calculate the interstitial gas flow for a porous
medium consisting of particles and pores between the particulate materials, built upon the
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Kozeny-Carman equation [50-51] which describes laminar flow of fluid across the packed
beds (viscous effect), and the Darcy-Forchheimer equation [52] which approximates the
resistance due to turbulences (kinetic effect). The correlation by Ergun [49] initially
provided the pressure drop across a fixed bed of particles as a function of the Reynolds
number, but then extended to cover minimum fluidized bed [53] and particulate fluidized
bed above the minimum fluidization [54]. Now, it is found that Group C+ particles
exhibited extremely high dense phase expansion [28], and that the dense phase expanded
almost linearly with the gas velocity in between umf and ud,max. Therefore, the dense phase
expansion with homogeneous structure could be considered as particulate fluidization, and
thus be predicted. As the viscous effect is dominant for fine particles with low Reynolds
number, the prediction of the dense phase voidage for Group C+ particles could be
developed based only on Kozeny-Carman theory [51]:
When a fluid flow through a porous media, the pressure drop is described by the KozenyCarman equation [51]:
∆P
H

=

Kμg (1-εb )2
2
d̅ sv

εb 3

ug

(8.9)

where dsv is the surface-volume diameter and K is Kozeny constant, which is theoretically
180 for narrow particle size distribution. If it is assumed that an expanded dense phase in
the fluidized bed has the same basic structure as a packed bed, based on the KozenyCarman theory [51], Equation (8.9) can be rewritten as:
∆P
H

=

Kf μg (1−εd )2
2
d̅ p

εd 3

ud

(8.10)

where εd is the dense phase bed voidage, dp is the mean particle size, and ud is the superficial
gas velocity in the dense phase which is in the region of umf < ud < ud,max. In the fluidized
bed, particles are free to move and the value of Kozeny constant may be different with that
in the fixed bed. Therefore, Kf is proposed here as the Kozeny constant in the fluidized bed
and can be determined experimentally.
When the bed is fluidized, the weight of the fluidized particles equal to the pressure drop
across the bed:
∆P
H

=(1-εd )(ρp -ρg )g (8.11)
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Combing equation (8.10) and (8.11):
f (εd) =

2
(ρp -ρg )gd̅ p εd 3
=Kf ud
μg
1-εd

(8.12)

If this approach is valid, plotting the term on the left-hand side of Equation (12) (the “dense
phase expansion function f (εd)”) against the superficial gas velocity in the dense phase (ud)
should give a straight line of a slope Kf.
Take PU18+0.44% as an example, the dense phase expansion function against the ud
evidently gave a straight line of a slope Kf, as shown in Figure 8.10. The relationships
between the dense phase expansion function f (εd) and the gas velocity ud for all types of
Group C+ particles are shown in Figure 8.11. For all types of Group C+ particles, f (εd)
showed clearly linear relationships with ud, but the straight lines had different slopes,
indicating different values of Kf. As Kf is related to the bed voidage and the particle
properties such as the particle diameter, density, and shape etc., all these factors
contributing, in different degrees, to the particle cohesion (σ). Therefore, Kf was correlated
to the particle cohesion in Figure 8.12, giving the following correlation:
Kf = 82.0 σ2 – 62.0 σ +26.6
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(8.13)
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Figure 8.10: An example showing relationship between dense phase expansion
function and gas velocity (PU18+0.44%)

Figure 8.11: Relationship between dense phase expansion function and gas velocity
for various Group C+ particles
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Figure 8.12: Relationship between Kf and cohesion
In summary, the relationship between the dense phase voidage and the gas velocity could
be expressed by Equation (8.12) based on Kozeny-Carman theory. However, Equation
(8.12) indicates that all the data should fall on the lines passing through the origin, but most
lines in Figure 8.11 did not pass the origin, because the particle mobility and the “real” bed
structure in the expanded bed are not the same as those in the fixed bed [37]. Therefore,
within the region of umf < ud < ud,max, a general expression to predict the dense phase
expansion for Group C+ particles should be written as:
2

(ρp -ρg )gd̅ p εd 3
μg

1-εd

2

=Kf (ud -umf )+

(ρp -ρg )gd̅ p εmf 3
μg

1-εmf

(8.14)

where umf < ud < ud,max, εmf < εd < εd,max, and Kf = 82.0 σ2 – 62.0 σ +26.6 (Equation 8.13).
If the particle cohesion (σ), minimum fluidization velocity (umf), and the bed voidage at
minimum fluidization (εmf) of any types of particles are obtained, the dense phase voidage
at a given gas velocity can be calculated.
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8.3.3

Prediction for minimum fluidization velocity (umf)

Minimum fluidization velocity is an important parameter to describe the fluidizability of
particles [25] and is critical in the design and operation of a fluidized bed. Many literatures
focused on the correct prediction of this parameter, such as the semi-empirical correlation
proposed by Wen and Yu (1966) [53] based on the well-known Ergun equation [49], and
the empirical correlation of Leva (1959) [55]. All these correlations were developed based
on the data of non-cohesive particles, such as Group B particles, and were not applicable
in predicting the umf of fine particles, especially of Group C+ particles with a certain degree
of cohesion. Here, a new method was proposed to predict the umf of Group C+ particles.
For a single particle without the consideration of interparticle forces, the terminal velocity
(ut) occurs when the sum of the drag force (Fd) and the buoyancy (which is negligible in a
gas-solid system) is equal to the gravity (Gp):
Drag force (Fd) = Gravity (Gp)
(π/8) CD ρg ut2 dp2 = (πdp3 /6) (ρp – ρg) g (8.15)
where the drag coefficient CD is given by: CD = 24/ Ret (at low Reynolds number), and
Ret = dp ut ρg / μ.
For Group C+ particles with the consideration of the interparticle forces, the drag force
would be equal to the sum of the gravity and the effective interparticle forces at the
minimum fluidization state:
Drag force (Fd) = Gravity (Gp) + the effective IPFs (φ) = (π/8) CD,mf ρg umf 2 dp2 (8.16)
(Gp + φ) / Gp = (CD,mf umf2) / (CD ut2) = umf /ut

(8.17)

The effective interparticle forces (φ) was related to the particle cohesion (σ), the particle
diameter (dp), and the number of contact points per particle (nc = 1.61 ε0-1.48, proposed by
Krupp in 1967 [56]):
φ = α (σdp2) / (1.61ε0-1.48)

(8.18)

where α is a constant coefficient, around 0.01. More specific values for different types of
particles are shown in Figure 8.13: For FCC8.5, α=0.014; for GB10, α=0.008; for PU10,
α=0.01; and for PU18, α=0.007.
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Figure 8.13: α values for various Group C+ particles
Once the values of φ were determined using Equation (8.18) from the various particle
properties including the particle cohesion , umf could be predicted by Equation (8.17b):
umf = ut (Gp + φ) / Gp

(8.17b)

Figure 8.14 compares the predicted umf with the experimental one using the method in this
work, Wen and Yu equation [umf = (ρp - ρg)gdp / (1650μg) for Remf < 20] and Lava equation
[umf = 7.169x10-4(ρp - ρg)0.94gdp1.82 / (ρg0.06μg0.88) for Remf < 30]. The predicted values of umf
by this work were much closer to the experimental values of umf within a deviation less
than 20%, except for PU36 particles with insignificant cohesion. The predicted value of
umf using Wen and Yu equation [53] and Lava equation [55] were dramatically far from
the experimental results. Therefore, the method proposed in this work was feasible in
predicting the umf of Group C+ particles with a degree of particle cohesion. On the other
hand, the proposed correlation may not be applicable to particles with little or no
interparticle force, such as PU36 in this study, which is a typical type of Group C/A powder
but becomes a typical type of Group A particles after nano-modulation [26].
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Figure 8.14: Comparison of the predicted umf with the experimental one

8.3.4

Prediction for bed voidage at minimum fluidization (εmf) and
maximum dense phase voidage (εd,max)

The bed voidage at minimum fluidization (εmf) is an essential parameter in many
correlations such as Ergun equation to predict umf. The bed voidage at minimum
fluidization (εmf) was suggested to be in the range 0.40-0.45 for nearly spherical particles,
increasing a bit with the decrease of the particle size [57]. In some works, εmf was assumed
to be a fixed value such as 0.5 [58-59]. Other previous works [53,55,60-61] reported that
the value of εmf were dependent on a variety of particle properties including particle size,
shape, and material. For Group C+ particles, the particle cohesion is normally the primary
concern which affects the fluidization behaviors, and it is affected by the particle size and
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density. Therefore, a dimensionless cohesion index (σ*) was proposed here which involved
the particle size (dp), the particle density (ρp), the particle cohesion (σ), and the initial bed
voidage (ε0) to quantify the effect of the particle cohesion on the bed voidage, based on the
concept of dimensionless groups proposed by Grace [55] which involved particle and fluid
properties to describe the transition between the fluidization regimes. The dimensionless
cohesion index (σ*) was:
εmf = F (σ*) = f (dp, ρp, σ, ε0, g)
σ* =

σ ε0 d2p
d3p ρp g

=d

σε0
p ρp g

(8.19)

The bed voidage at minimum fluidization increased with the dimensionless cohesion index,
as shown in Figure 8.15. The correlation of the bed voidage at minimum fluidization (εmf)
with the dimensionless cohesion index were:
εmf = 9x10-5 σ* + 0.46

(8.20)

The same approach was used to correlate the maximum dense phase voidage (εd,max):
εd,max = 7x10-5 σ* + 0.63
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(8.21)
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Figure 8.15: Relationship between bed voidages and dimensional cohesion index
The predicted εmf and εd,max are compared with the experimental ones, as shown in
Figures 8.16 and 8.17. The predicted results agreed well with the experimental ones. The
deviation for εmf was less than 15% and that for εd,max was less than 10%.
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Figure 8.16: Comparison of the predicted εmf with the experimental one

Figure 8.17: Comparison of the predicted εd,max with the experimental one
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8.3.5

Prediction for dense phase voidage (εd)

As umf, εmf, and εd,max can be predicted, the dense phase voidage (εd) at different gas
velocities can be further calculated using Equation (8.8) based on Richardson-Zaki
approach or using Equation (8.14) based on Kozeny-Carman approach. In summary, the
general expressions to predict the dense phase voidage for Group C+ particle fluidization
were:
Based on Richardson-Zaki equation:
Based on Kozeny-Carman equation:

ud/umf = (εd/εmf)n

(8.8)

2
2
(ρp -ρg )gd̅ p εd 3
(ρp -ρg )gd̅ p εmf 3
=Kf (ud -umf )+
μg
1-εd
μg
1-εmf

(8.14)

where umf<ud<ud,max, εmf<εd<εd,max,
n=0.47+3.56*0.013^σ, Kf=82.261σ2-64.054σ+27.265,
umf = ut (Gp + φ)/Gp, φ = α (σdp2) / (1.61ε0-1.48), α is a constant coefficient,
εmf = 9x10-5 σ* + 0.4631, εd,max = 7x10-5 σ* + 0.627, and σ* = d

σε0

.

p ρp g

The predicted dense phase voidages were compared with the experimental ones in
Figure 8.18 based on Richardson-Zaki approach and Figure 8.19 based on Kozeny-Carman
approach. The predicted εd agreed well with the experimental values with deviation less
than 20%, and most points were located within the deviation of 10%. As a result, it is
feasible to predict the dense phase voidage for Group C+ particles based on either
Richardson-Zaki or Kozeny-Carman approach.
In summary, for a given type of Group C+ particle, we only need to characterize the particle
size (dp), the particle density (ρp), the particle cohesion (σ), and the initial bed voidage (ε0)
(or the bulk density) to predict the dense phase voidage at different superficial gas
velocities. The methods proposed in this work could correctly predict the dense phase
voidage for Group C+ particle fluidization, which is an important parameter in reactor
modelling. The correct prediction of εd can further help to evaluate the performance of a
fluidized bed reactor using Group C+ particles as catalysts, and give a guidance for the
design and the operation of the Group C+ fluidized bed reactor.
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Figure 8.18: Comparison of the predicted εd with the experimental one based on
Richardson-Zaki approach

Figure 8.19: Comparison of the predicted εd with the experimental one based on
Kozeny-Carman approach
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8.4 Conclusions
The dense phase voidage (εd) for Group C+ particles was found to increase linearly with
the superficial gas velocity in the dense phase (ud) when operating between the minimum
fluidization velocity, umf, and the maximum dense phase expansion velocity, ud,max, and
then remained unchanged at the value of maximum dense phase voidage (εd,max). The dense
phase in the gas-fluidized bed of Group C+ particles showed a similar structure with the
liquid-fluidized beds, leading to the possibility to make a prediction of the dense phase
voidage.
General expressions to predict the dense phase voidage for Group C+ particles were
developed based on the Richardson-Zaki approach and the Kozeny-Carman approach.
Both correlations predicted well the experimental results within the deviation of 20%. The
correct prediction of the dense phase voidage could provide a guidance in the design and
operation of the Group C+ fluidized bed reactor.
A new method to calculate the minimum fluidization velocity for Group C+ particles with
the consideration of the particle cohesion was proposed. When compared with two
commonly used correlations, the new method gave better agreement with the experimental
data. Both the bed voidage at minimum fluidization (εmf) and the maximum dense phase
voidage (εd,max) were correlated well with the dimensionless cohesion index (σ*), indicating
that the particle cohesion plays a significant role in the bed expansion for Group C+
particles.

Nomenclature
D10

Percentage 10% of particles under this particle size (μm)

D50

Percentage 50% of particles under this particle size (μm)

D90

Percentage 90% of particles under this particle size (μm)

D

Bed diameter (m)

dp

Particle diameter (μm)

CD

Drag coefficient (-)

g

Gravitational acceleration (m/s2)
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Gp

Gravity of a particle (N)

H0

Initial fixed bed height (cm)

Hs

Settled bed height (cm)

Hd

Dense phase height (cm)

Ht

Total fluidized bed height (cm)

K

Kozeny constant (-)

Kf

Kozeny constant under fluidization (-)

nc

Number of contact points per particle (-)

ug

Superficial gas velocity (cm/s)

umf

Minimum fluidization velocity (cm/s)

ud

Superficial gas velocity in the dense phase (cm/s)

ud,max

Maximum dense phase expansion velocity (cm/s)

ul

Superficial liquid velocity (cm/s)

ut

Particle terminal velocity (cm/s)

uta

Aggerated particle terminal velocity (cm/s)

φ

Effective interparticle forces (N)

σ

Particle cohesion (Pa)

σ*

Dimensionless particle cohesion index (-)

ε0

Initial fixed bed voidage (-)

εmf

Bed voidage at minimum fluidization (-)

εd

Dense phase voidage (-)

εd,max

Maximum dense phase voidage (-)

εb

Fluidized bed voidage (-)

ρp

Particle density (kg/m3)

ρg

Gas density (kg/m3)

μg

Gas viscosity (pa s)
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Chapter 9

9

Group C+ Particles: Efficiency Augmentation of
Fluidized Bed Reactor through Nano-modulation
(A version of this chapter has been published in AIChE Journal)

Zhou Y, Zhao Z, Zhu J, Bao X. Group C+ particles: Efficiency augmentation of fluidized
bed reactor through nano‐modulation. AIChE Journal. 2020 Apr;66(4):e16870.
Group C+ particles, Group C particles after nano-modulation, with extremely large specific
surface area, have been shown to exhibit extraordinarily good fluidization quality with
superiorly high bed expansion, significantly increasing gas holdup in the bed. As a first
attempt, Group C+ particles were used as catalysts in a fluidized bed reactor (C-plus FBR)
to evaluate the reaction performance and were compared to that using Group A particles.
C-plus FBR could achieve a much higher reaction conversion, up to 235% of that using
Group A particles. The contact efficiency for Group C+ particles is much higher, being
330% more than that for Group A particles. The greater contact efficiency is due to both
larger specific surface area and higher bed expansion, providing larger gas-solid interfacial
area and longer gas residence time. Conclusively, Group C+ particles with superior
fluidization quality and reaction performance do have huge potential in gas-phase catalytic
reactions.

9.1 Introduction
Gas-solid fluidized bed reactors are used in a wide variety of industrial processes, such as
combustion, gasification of biomass and fluid catalytic cracking processes [1-3]. The major
advantages of the fluidized bed reactors include easy handling of a large quantity of
particles, uniform temperature distribution, high heat-transfer coefficient and providing
large solid-gas exchange areas in the operation of particles of small sizes [4]. Geldart Group
C particles [5] with small particle sizes have attracted the attention of many researchers,
because they can provide a high specific surface for gas-solid contact in the fluidized bed
reactor, which is a crucial parameter for improving the reaction performance. However,
Group C particles tend to form agglomerates and channeling due to their strong
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interparticle forces, resulting in poor or even no fluidization at all, thus limiting their
applications.
Nanoparticles as additives can remarkably reduce the cohesiveness of Group C particles
and enhance their flowability [6-11]. A previous study [12] proposed a nanoparticle
modulation technique, which was mixing a small amount of nanoparticles with Group C
particles by ultrasonic sieving, and have found that this technique can significantly reduce
the interparticle forces of Group C particles and dramatically improve their flowability and
fluidization quality. Group C+ particles, those nano-modulated Group C particles, are
proven to exhibit good fluidization quality with proper minimum fluidization velocities,
high bed expansion and large gas holdup in the dense phase, presumed to be pseudoparticulate fluidization at a wide range of operating gas velocities [12,13]. The good
fluidization quality of Group C+ particles may unleash their potential in industrial
applications. Particularly, these unique characteristics of Group C+ particles, especially the
extremely large surface area and the large dense phase voidage, may bring superior reactor
performance that other reactors cannot match in many chemical processes, especially in
gas-phase catalytic reactions.
Gas-solid interfacial contact area is one of the most important indexes that controls the
performance of a fluidized bed reactor. Generally, the gas-solid fluidized bed reactors are
composed of two phases, a dense or particulate phase and a bubble phase [14-17]. A
significant increase in gas-solid interfacial contact area can be achieved by introducing
more gas into the dense phase where gas is in closer contact with particles, contributing to
better gas-solid contact and thus enhancing the reactor performance. As a result both the
particle size and the dense phase voidage are key parameters that affect the gas-solid
interfacial contact area. As the results in the previous chapters, Group C+ particles of
smaller sizes could not only provide sufficiently large specific surface area for gas to
contact their fluidization, but also exhibited large dense phase voidage, signifying there is
more gas retained in the dense phase to contact with particles [13]. The large gas-solid
contact area provided by the fluidization of Group C+ particles has great possibility of
enhancing the reaction performance especially of gas-phase catalytic reactions. However,
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almost no researches have studied the reaction performance in fluidized beds of Group C+
particles until now.
As a first attempt, C-plus fluidized bed reactor was proposed in this project which was the
fluidized bed reactor using Group C+ particles. The major objective of this project was to
investigate the reaction performance in C-plus fluidized bed reactor with ozone
decomposition reaction and make a comparison with that using Group A particles. The
fluidization hydrodynamics of Group C+ particles and Group A particles were also
investigated and compared and further correlated with their reaction performance by gassolid contact efficiency.

9.2 Experimental
9.2.1

Catalyst preparation

Ozone decomposition is a thermodynamically favored process which happens slowly at
room temperature in the absence of catalysts, so catalysts are necessary for ozone
decomposition at lower temperatures [18-22]. In this project, fresh FCC particles (Group
A) impregnated with ferric nitrate were used as active catalysts since Fe2O3 is the active
component for the ozone decomposition reaction [18]. Due to the high reactivity of the
impregnated FCC catalysts, 10% (weight fraction) of them were added into the fresh FCC
particles which do not have any reactivity for ozone decomposition to obtain a proper
reactivity for the reaction. The measurement of catalyst reactivity is described in detail in
Section of Reaction Characterization.
To obtain Group C+ catalysts, both the fresh FCC particles and the impregnated FCC
catalysts were crushed into Group C particles with almost the same particle size by an air
classifier mill (ACM). Then the same amount of fine impregnated FCC catalysts (10%wt)
were mixed with the fine fresh FCC particles to obtain a similar reactivity with Group A
catalysts. After that, the Group C catalysts were modulated by nanoparticles to prepare
Group C+ catalysts. The details of the nano-modulation technique are described in
literatures [23,24]. The nanoparticles used in these experiments were SiO2 particles with a
reported particle size of 16 nm and material density of 2200 kg/m3, marketed as R972 by
Evonik. Three nanoparticle concentrations were used, namely 0.27%, 0.44%, 0.82%
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(volume fraction). The properties of these Group C+ and Group A catalysts are listed in
Table 9.1. The particle size distribution was obtained by laser diffraction measurement
(Mastersizer 2000, Malvern Instruments, Worcestershire, UK) following standard test
procedures. D10, D50, D90 stand for particle size distribution, for example, D10 is defined as
a diameter where 10 vol.% of the particles of the powder is less or is equal to the diameter.
Scanning electron microscopy (SEM) was used to observe the surface morphology before
and after nanoparticle modulation as shown in Figure 9.1. FCC8.5 and FCC20 which were
produced by ACM exhibited much rougher surfaces than FCC76. The production process
significantly increased the surface roughness of FCC8.5 and FCC20. As a result the nanomodulation technique did not significantly change the surface roughness. In previous
chapters, nano-modulation technique has significantly increased the surface roughness of
Group C particles with smooth surfaces, and nanoparticles could be uniformly distributed
on Group C particles.
Table 9.1: The properties of Group C+ and Group A catalysts
Powder
name

Particle size
(µm)
D10

Materials

D50 D90

FCC8.5 1.5

8.5

26

FCC20

4.4

20

53

FCC76

20

76

139

90%Fresh+10%
Impregnated FCC
90%Fresh+10%
Impregnated FCC
90%Fresh+10%
Impregnated FCC
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Apparent
density
(kg/m3)

Bulk
density
(kg/m3)

Geldart
classification

kr
(s-1)

1780

509

C

1.32

1780

627

C

1.36

1780

874

A

1.36
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Figure 9.1: The catalyst surfaces before and after nanoparticle modulation

9.2.2

Apparatus

As shown in Figure 9.2, the fluidization reactor was made of Plexiglas with 5.08 cm in I.D.
and 45.7 cm in height. An expanding section on the top of the fluidization reactor column
was covered by a filter bag of 625 mesh screen, to prevent particle entrainment and to
collect the extra-fine particles which were entrained. A gas distributor between the
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fluidization column and the wind box below was a plastic plate with 65 holes 1 mm in
diameter, with an opening area ratio of 2.5%. Two layers of 625 mesh screen were covered
on the gas distributor to prevent the fine particles from dropping into the wind box. The
gas reactant entered the reactor through one inlet on the wind box, another one at the
opposite position was used to measure the inlet ozone concentration (C0). Two pressure
taps, one at the bottom and another near the top of the fluidized reactor column, were used
to measure the pressure drop across the entire bed. One sample tap was located near the
top of the column to outlet measure the ozone concentration (C1). A measuring tape fixed
on the reactor can estimate the bed height during fluidization. In this project, the first part
studied the fluidization hydrodynamics of Group A, Group C and Group C+ particles,
including pressure drop (∆P), minimum fluidization velocity (umf), bed expansion (BER)
and dense phase voidage (εd). The second part studied the reaction conversion of the ozone
decomposition reaction (X) using Group A, Group C and Group C+ particles.

Figure 9.2: Schematic diagram of the fluidized bed and ozone testing system

9.2.3

Measurement methods

The pressure drop across the entire bed was measured using a pressure transducer (Omega
PX163 series). The pressure signals are collected by a computer with the LabVIEW DAQ
program. The normalized pressure drop (∆P / (W/A)) was adopted, which is defined as the
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ratio of the measured pressure drops across the whole bed (∆P) to the particle weight per
cross-sectional area. When the entire bed is fluidized, the normalized pressure drop should
attain unity and remain stable thereafter even if the gas velocity further increases. The bed
expansion ratio was defined as the ratio of the fluidized bed height (Ht) to the initial fixed
bed height (H0). The initial bed height was 15cm. The dense phase voidage was obtained
by the bed collapse test, which involved first achieving full fluidization at a high gas
velocity, and then shutting off the gas supply, and recording the bed collapse process by a
digital camera (Canon EOS 800D). The MATLAB software was used to transfer the video
into pictures to easily and clearly obtain the bed height. The bed height was measured
second by second. More details could be found in previous works [13,25,26]. Each test was
repeated 3 times and the average value was used in this paper. The error deviation was
around 5%. The bed height as a function of time could give a collapse curve as shown in
Figure 9.3. After that, the dense phase voidage (εd) could be calculated by the dense phase
height (Hd) obtained from the collapse curve using the following equation:
H

εd =1 − (H0) (1 − ε0 )
d

(9.1)

where H0 is the fixed bed height, ε0 is the fixed bed voidage.

Figure 9.3: A typical bed collapse process
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9.2.4

Reaction characterization

This part aimed to investigate the reaction performance of ozone decomposition in the
fluidized bed reactors using Group A, Group C and Group C+ catalysts. The weight of the
catalysts loaded in the reactor was 166 g for each experiment. The fluidization gas was a
mixture of the ozone and the air. An ozone generator using the corona discharge method
(model AE15M, manufactured by Absolute Ozone Inc.) was used to produce ozone with a
working pressure of 34−340 kPa (5−50 psig) and an oxygen flow rate of 0.1−10 standard
liter per minute (SLPM). The oxygen flow rate entering into the generator was controlled
by a rotameter (VWR, Catalog No: 97004-648) ranging from 0 to 10 L per minute (LPM).
The ozone/oxygen mixture exiting from the ozone generator was mixed with the main
fluidization air in a long flow tube before entering the fluidized bed to ensure thorough
mixing. The initial ozone concentration (C0) was set to 120−140 ppm.
An ozone analyzer (model 49i, Thermo Electron Inc.) that employs the UV photometric
method was used to measure the ozone concentration, which has a measuring range of 0200 ppm with resolutions of 0.0001 ppm for the scale of 0-10 and 0.01 ppm for the scale
of 10-200 ppm. The response time of the analyzer is 4 s. The ozone concentration output
was collected and displayed on a computer with a LabVIEW DAQ program. The reaction
conversion test was repeated 3 times for each sample and the average value was used in
this paper. The error deviation was less than 5%.
To ensure the catalyst activity during the experiments, a fixed bed reactor with 16mm I.D.
and 25cm in height was used to measure the catalyst reactivity before and after each
experiment. 3 grams of catalysts were loaded in the fixed bed reactor and the inlet gas flow
rate operated at 4.5 cm/s. The inlet and outlet ozone concentrations were measured to
calculate the reaction rate constant (kr) using the following equation [27]:
kr =

Fρb
m

C

ln C0
1

(9.2)

No significant change was observed in kr before and after several hours of reaction,
therefore the reaction rate constant was assumed to the same for each experiment.
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9.3 Results and discussion
9.3.1

Fluidization hydrodynamics

Pressure drop and minimum fluidization velocity
Figure 9.4 shows the normalized pressure drop of Group C (FCC8.5, FCC20) and Group
A (FCC76) particles. The pressure drop could clearly reflect the fluidizability of the
particles [10,27]. FCC76 could quickly achieve a high pressure drop close to 1, while
FCC8.5 and FCC20 could reach the similar pressure drop only at high gas velocities. Their
incipient fluidization starts much later than FCC76. Theoretically, the normalized pressure
drop will attain unity when all particles in the bed are fluidized. The larger normalized
pressure drop indicates more particles suspended and fluidized, signifying better
fluidization.

Figure 9.4: Effect of particle size on pressure drop
Figure 9.5 shows the pressure drop of Group C+ particles and the effect of nanoparticle
concentration on it. After nanoparticle modulation, the Group C+ particles could achieve a
higher pressure drop at lower gas velocities than Group C particles, indicating more
particles fluidized and thus better fluidization quality. The nanoparticle concentration of
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0.82% displays the highest pressure drop, which is optimum for Group C+ particle
fluidization. This result is consistent with previous studies [10,12,13,31].

Figure 9.5: Effect of nanoparticle concentration on pressure drop
Minimum fluidization velocity is also an important parameter for describing the flowability
and fluidization of the particles [10]. Figure 9.6 shows the effect of nanoparticle
concentration on the minimum fluidization velocity of Group A and Group C+ particles.
The nanoparticle concentration almost has no effect on the minimum fluidization velocity
for Group A particles (FCC76). For Group C+ particles, the minimum fluidization
velocities of both FCC8.5 and FCC20 increase and then decrease with nanoparticle
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concentration increasing, and all of them are much higher than that of Group A particles.
It is evident that the minimum fluidization velocity increases with particle size. For the
three types of particles, their minimum fluidization velocities follow the sequence: FCC8.5
> FCC20 > FCC76. As demonstrated in previous studies [10,12], the minimum fluidization
velocity strongly depends on powder cohesiveness. The small particles with higher
cohesiveness will result in higher minimum fluidization velocity.

Figure 9.6: Effect of nanoparticle concentration on minimum fluidization velocity
In general, Group C particles are considered to be cohesive and non-fluidizable particles
[5]. In this project, it is found that Group C particles (FCC8.5 and FCC20) are fluidizable
with identifiable minimum fluidization velocity and proper pressure drop. This
phenomenon may be due to the surface roughness which significantly affects the powder
cohesiveness. As shown in Figures 9.1(a), (b) and (c), FCC8.5 and FCC20 particles that
were produced through the crush by ACM have much rougher surfaces than the original
FCC76 particles. The large surface roughness of these Group C particles significantly
reduces their cohesion and makes them fluidizable. As shown in Figures 9.1 (d) and (e),
nanoparticle modulation does not increase the surface roughness of these Group C particles
as that in other works [10,12,28,29], so the minimum fluidization velocities for Group C
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and Group C+ particles do not show significant differences. It could be further speculated
that Group C particles with a certain degree of surface roughness were fluidizable.
Bed expansion
Bed expansion ratio is a key parameter for evaluating the fluidization quality. A high bed
expansion indicates better fluidization with more gas in the fluidized bed. The bed
expansion ratios of Group C and Group A particles are displayed in Figure 9.7. Group C
particles exhibit much higher bed expansion than Group A particles. In Chapter 3, the bed
expansion increases as particle size decreases, while the bed expansion of FCC8.5 is lower
than that of FCC20 in this project. This is because FCC8.5 is harder to fluidize than FCC20,
showing higher minimum fluidization velocity and lower pressure drop which indicate
more incomplete fluidization.

Figure 9.7: Effect of particle size on bed expansion
Figure 9.8 illustrates the effect of nanoparticle concentration on bed expansion of Group
C+ particles. The improvement of the nanoparticles on the bed expansion for FCC8.5 is
more significant than that for FCC20. Since the fluidization of FCC8.5 particles is not as
ideal as that of FCC20 particles, nanoparticles could exert more influence on the
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fluidization of FCC8.5 particles. Both the beds of FCC20 with and without nanoparticles
expand quickly and higher than those of FCC8.5 with and without nanoparticles due to the
relatively low minimum fluidization velocities and more complete fluidization. The
nanoparticle concentrations of 0.27% and 0.44% do not have much influence on the bed
expansion for Group C+ particles. Group C+ particles with nanoparticle concentration of
0.82% show the highest bed expansion, reaching up to 2.6-2.7, which is almost 200% of
Group A particles. The high bed expansion for Group C+ particles indicates more gas
holdup in the bed which could increase the opportunity for gas to make contact with
particles, which is greatly favorable for gas-phase catalytic reactions.
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Figure 9.8: Effect of nanoparticle concentration on bed expansion
Figure 9.9 displays the effects of particle size and nanoparticle concentration on bed
voidage. Group C and Group C+ particles have much higher bed voidages than Group A
particles. For example, the bed voidages for FCC8.5 and FCC20 after nanoparticle
modulation could reach as high as 0.9 and 0.87, respectively, around 144% of that for
Group A particles. The high bed voidage suggests more gas holdup in the bed which
contributes to better gas-solid contact.
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Figure 9.9: Effect of particle size and nanoparticle concentration on bed voidage

9.3.2

Gas distribution in the fluidized bed

As have been discussed, a high bed expansion indicates more gas holdup in the fluidized
bed, leading to more gas possessing the opportunity to make contact with particles which
would enhance the gas-solid contact. It is well accepted that dense phase is the major
location where gas is in intimate contact with particles, while the bubble phase is
insignificant for gas-solid contact [17,30]. To further understand the advantages of Group
C+ particle fluidization, it is vital to investigate the gas distribution in the fluidized bed and
especially the dense phase properties.
Bed collapse test is widely used to identify the dense phase properties and it is considered
as the easiest way to estimate the distribution of gas holdup in the fluidized bed. Figure 9.10
shows the bed collapse curves of the three types of particles under the same gas velocity of
20.8 cm/s. The gas supply shut off at at the point of t = 0s and the bed started to collapse.
Group C+ particles (FCC8.5+0.82% and FCC20+0.82%) exhibited much higher dense
phase height (Hd) and much longer collapse time (tc) than Group A particles (FCC76),
signifying more gas holdup in the dense phase.
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Figure 9.10: Bed collapse curves of different types of particles
Figure 9.11 illustrates the gas distribution in the beds of Group C+ and Group A particles
under different gas velocities. It is clear that Group C+ particles have much higher bed
voidages, dense phase voidages, as well as fixed bed voidages than Group A particles,
which means that Group C+ particles essentially have a greater aeration ability than Group
A particles. As particle size decreases, the aeration ability increases. After fluidization, the
gas flow mainly enters the dense phase in the beds of Group C+ particles, seldom part forms
bubbles. On the contrary, the gas flowing into the dense phase is negligible compared with
that forming bubbles in the beds of Group A particles.
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Figure 9.11: Effect of particle size and nanoparticle concentration on dense phase
voidage
Figure 9.12 shows the dense phase voidage for Group C+ and Group A particles under
different gas velocities. The dense phase voidage in the beds of Group C+ particles are
dramatically larger than that in the beds of Group A particles. For example, the dense phase
voidage for FCC8.5 and FCC20 particles after nanoparticle modulation could reach as high
as 0.85 and 0.8, respectively, which are around 160% of that for FCC76 with a dense phase
voidage of only around 0.52. The remarkably large dense phase voidages for Group C+
particles signify the high gas holdup in the dense phase, a key advantage for improving
gas-solid contact and thus enhancing reaction performance for gas-phase catalytic
reactions. In addition, the nanoparticle concentration of 0.82% shows the maximum
improvement on the dense phase voidage for Group C+ particles which is higher than other
ones, consistent with above results. The nanoparticle concentration does not have obvious
effect on the dense phase voidage for Group A particles.
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Figure 9.12: Effect of nanoparticle concentration on dense phase voidage under
different gas velocities

9.3.3

Reaction conversion in fluidized bed reactor

To verify the advantages of Group C+ particle fluidization, the ozone decomposition
reaction, a typically first-order gas-phase catalytic reaction, was carried out in the fluidized
bed reactors of Group C+ and Group A particles. Figure 9.13 shows reaction conversions
in the reactors of Group C+ and Group A particles. Group C+ particles show higher reaction
conversions than Group A particles. Particularly, FCC8.5+0.82% exhibits a much higher
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reaction conversion than other particles, reaching up to 63%, which is around 235% of
FCC76+0.82%. The high reaction conversion in the fluidized bed reactor of
FCC8.5+0.82% is due to their extremely large specific surface area and the extremely high
gas holdup in the reactor. These two critical characteristics provide more spaces and more
gas reactant for the reaction, contributing to higher reaction conversion.

Figure 9.13: Effect of particle size on reaction conversion
As gas velocity increases, the reaction conversion for FCC8.5+0.82% initially increases
and then slightly decreases. For FCC20+0.82% and FCC76+0.82%, the reaction
conversions show a slight decrease with gas velocity increasing. This is because the
increase of gas velocity would reduce the gas residence time in the bed and also may result
in more bubble holdup, which are not good for gas-solid contacting. However,
FCC8.5+0.82% particles are easier to agglomerate than the other two particles. For
FCC8.5+0.82%, the increase in gas velocity may break the agglomerates to release more
surfaces for gas-solid contacting, which is the major reason that improving the reaction
conversion. After that, the further increase in gas velocity would reduce the gas residence
time in the bed and thus decrease the reaction conversion.
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Figure 9.14 shows the effect of nanoparticle concentrations on the reaction conversion in
the fluidized bed reactors of Group C+ and Group A particles. For the FCC8.5 series, the
reaction conversion increases with nanoparticle concentration, due to the better fluidization
quality with nanoparticle concentration increasing. As seen in the above results, the higher
nanoparticle concentration improves fluidization quality for FCC8.5 particles, resulting in
higher pressure drop, higher bed expansion and larger dense phase voidage. These boosts
indicate more complete fluidization with more fine particles released and fluidized in the
bed, promoting gas-solid contact and thus reaction performance. For the FCC20 series, the
effect of nanoparticle concentration on the reaction conversion shows a similar trend as
that on the fluidization quality. Nanoparticles do not have much effect on both fluidization
quality and reaction conversion for Group A particles.
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Figure 9.14: Effect of nanoparticle concentration on ozone conversion
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9.3.4

Contact efficiency

As seen in the above results, the Group C+ particle fluidized bed reactor with larger specific
surface area and higher bed expansion significantly improves the reactor performance,
showing a much higher reaction conversion than the Group A particle fluidized bed reactor.
To better understand the improvement on the performance of Group C+ fluidized bed
reactor, contact efficiency is proposed to correlate the factors based on an ideal plug-flow
reactor. For a first-order reaction, the ideal plug-flow model is [27]:
C1 / C0 = exp [- ks Ap H / ug]

(9.4)

where ks is the reaction rate constant based on the catalyst surface, / [s (m2/m3)], which is
obtained by the fixed bed reactor, equal to kr/Ap. Ap is the specific surface area of the
catalyst, m2/m3. H is the bed height of the catalyst in the reactor, m. ug is the operating gas
velocity, m/s.
For a fluidized bed, contact efficiency (α) is defined based on the ideal plug-flow model,
where the external surface area of Group A catalysts is fully utilized and available for the
gas reactant:
C1 / C0 = exp [- α ks Ap H / ug] = exp [- α ks Ap τ]

(9.5)

where τ is the gas residence time in the bed.
It is obvious from the equation that a higher reaction conversion is due to a larger Ap and a
longer τ under the same operating gas velocity and catalyst reactivity. Indeed, Group C+
particle fluidization could provide a large catalyst surface area and higher bed expansion,
which result in larger gas-solid interfacial contact area and longer gas residence time in the
reactor, thus enhancing gas-solid contact. Therefore, Group C+ particle fluidization is
expected to improve the contact efficiency. In this project, the total contact efficiency of
the fluidized bed reactors due to both the higher gas-solid interfacial area and longer gas
residence time is defined as αt:
C1 / C0 = exp [- αt ks Ap τ0]

(9.6)

where ks is obtained by the fixed bed reactor using Group A particles and keeps the same
value in both fixed bed and fluidized bed reactors of Group C, Group C+ and Group A
particles, because the true catalyst reactivity is the same for the three types of catalysts. Ap
is the specific surface area of Group A particles (FCC76) based on the assumption of full
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utilization of the external surface area without agglomerates in the fixed bed reactor. τ0 is
the gas residence time at the fixed bed height (H0). αt being calculated represents the contact
efficiency relative to that in the fixed bed reactor.
To specifically examine the relative contribution of the two factors, Ap and τ, another
parameter αp is defined as the contact efficiency only due to the specific surface area of
catalysts, and the difference between αt and αp represents the contact efficiency due to the
gas residence time (αf). αp is calculated as the following:
C1 / C0 = exp [- αp ks Ap τf]

(9.7)

where τf is the gas residence time at the total fluidized bed height (Ht) under the operating
superficial gas velocities.
Figure 9.15 shows the three types of contact efficiencies in the fluidized bed reactors of
Group C, Group C+ and Group A particles relative to those in the fixed bed reactors. As
shown in Figure 9.15, the total contact efficiencies for Group C+ particles, especially for
the series of FCC8.5 particles, are much higher than that for Group A particles. For Group
C and Group C+ particles, the contact efficiency due to the specific surface area (Ap) is
slightly lower than that due to the gas residence time (τ). On the contrary, the contact
efficiency due to Ap is the main factor contributing to the total contact efficiency over that
due to τ. For example, FCC8.5+0.82% shows high total contact efficiency with up to 135%,
among which 57% is due to the specific surface area and 77% is due to the high bed
expansion which allows longer gas residence time in the bed. For FCC76, the highest total
contact efficiency reaches 35%, where 27% is the contact efficiency due to Ap and 8% is
due to τ. As the results in fluidization hydrodynamics, Group C+ particles exhibit much
higher bed expansion than Group A particles, with the highest values around 2.55 and 1.35,
respectively. In consequence the effect of fluidization hydrodynamics which contribute to
long gas residence time for Group C+ particles is more significant than that for Group A
particles on the gas-solid contact efficiency.
Nanoparticle concentration has a significant effect on the contact efficiency for Group C+
particles, while its effect on that for Group A particles is not significant. All the contact
efficiencies (αt, αf, αp) for Group C+ particles increase with nanoparticle concentration.
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Nanoparticles could reduce the cohesiveness of Group C particles and thus release more
surface area for gas reactant in the fluidized bed reactors. Additionally, Group C+ particles
after nanoparticle modulation display better fluidization quality with higher bed expansion,
allowing more gas reactant to make contact with catalytic particles. In this project, a
nanoparticle concentration of 0.82% shows the best fluidization quality and reaction
performance in the fluidized bed reactor of Group C+ particles, consistent with previous
results which shows an optimum nanoparticle concentration of around 0.5-1.0%
[10,12,31].
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Figure 9.15: Contact efficiencies in the fluidized bed reactors of Group C, Group C+
and Group A particles relative to the fixed bed reactors
Figure 9.16 shows the relative contribution of αp and αf to the total contact efficiency in the
fluidized bed reactors of Group C, Group C+ and Group A particles. For Group C and
Group C+ particles, the contribution of the contact efficiency due to τ is slightly higher than
that of due to Ap especially at high gas velocities, because the fluidizations of Group C and
Group C+ particles become better and more complete with gas velocity increasing. For
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Group A particles, the difference between the contribution of αp and αf is much more
significant. The contribution of αp is much higher than that of αf, because Group A particle
fluidization shows little bed expansion which exerts insignificant effects on improving the
gas-solid contact.
The higher contact efficiencies in the fluidized bed reactors of Group C and Group C+
particles than those in the fluidized bed reactors of Group A particles are ascribed from the
two factors Ap and τ. To further compare the contact efficiencies for Group C and Group
C+ particles to Group A particles, the relative contact efficiencies are used to characterize
the improvement of the fluidized bed reactors using Group C and Group C + particles over
that of using Group A particles, as shown in Figure 9.17. FCC8.5 before and after
nanoparticle modulation exhibit significantly higher relative contact efficiencies especially
at high gas velocities. For example, the fluidized bed reactor of FCC8.5+0.82% provides
the highest relative total contact efficiencies, achieving up to 330% more than that of Group
A particles, of which the relative contact efficiency due to Ap could reach 150% and the
relative contact efficiency due to τ could reach 180%. In addition, the higher relative
contact efficiencies for FCC8.5 series due to the fluidization quality is more significant
than that due to the increase of specific surface area especially at low gas velocities. For
example, FCC8.5 virgin and those with low nanoparticle concentrations exhibit lower
relative contact efficiency due to Ap than FCC76 particles at low gas velocities, signifying
the smaller specific surface area for utilization. Although FCC8.5 particles could fluidize
with high bed expansion which contributes to longer gas residence time and better gassolid contact, the agglomeration in the fluidized bed may be more significant than those
after nanoparticle modulation, reducing the available gas-solid interfacial area. For FCC20
series, the contact efficiency slightly increases than FCC76 and the gas residence time
contributes more than the specific surface area.
In summary, the contact efficiency in the fluidized bed reactor of Group C+ particles are
much higher than that in the reactor of Group A particles, due to both the increase of the
particle specific surface area and the increase of gas residence time in the bed. Nanoparticle
concentration of 0.82% contributes to the most significant improvement on the reaction
performance for Group C+ particles.
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Figure 9.16: The relative contribution of contact efficiencies due to Ap and τ
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Figure 9.17: Contact efficiencies for Group C and C+ particles relative to Group A
particles
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9.4 Conclusions
The Group C+ particles have better fluidization quality with much higher bed expansion
and mcuh larger dense phase voidages when compared with Group A particles. The large
dense phase voidage and the large specific surface area ascribed from the small particle
size of Group C+ particles could increase the gas holdup in the particle interstices and
provide more interfacial area for gas-solid contact. These characteristics of Group C+
particle fluidization are important for many processes, especially gas-phase catalytic
reactions.
In the ozone decomposition reaction, the fluidized bed reactors using Group C+ particles
show much higher reaction conversions than those using Group A particles, reaching up to
more than 2 times. The high reaction conversion in the fluidized bed reactor using Group
C+ particles confirms that Group C+ particles with good fluidization quality could improve
the reaction performance. Undoubtedly, Group C+ particles have great potential to bring a
soar in the reactor performance of gas-phase catalytic reactions.
Contact efficiency is proposed to characterize the reactor performance for Group C+ and
Group A particles. The fluidized bed reactors using Group C+ particles contribute to much
higher contact efficiency than those using Group A particles, achieving up to more than 4
times of the latter. The significant increase of the total contact efficiency is due to both the
larger specific surface area and the high bed expansion in the fluidized bed, which provide
larger gas-solid interfacial area and longer gas residence time in the reactors for gas-solid
contact. The relative contribution of the fluidization quality for Group C+ particles is
slightly greater for their particle specific surface area.
Nanoparticle concentration do have an influence on the fluidization behaviors and the
reaction performance for Group C+ particles. Combining all the results, the optimum
nanoparticle concentration would be 0.82%. With a nanoparticle concentration of 0.82%,
Group C+ particles can fluidize better and more completely with the highest pressure drop,
the highest bed expansion and the largest dense phase voidage. Group C+ particle with a
nanoparticle concentration of 0.82% exhibit the best reaction performance, achieving the
highest reaction conversion and the highest contact efficiency.
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Nomenclature
A

Cross-sectional area of the fluidized bed (cm2)

Ap

Specific surface area of the catalysts (m2/m3)

C0

Inlet ozone concentration (ppm)

C1

Outlet ozone concentration (ppm)

D10

Particle diameter that 10% of a sample's volume is smaller than (μm)

D50

Particle diameter that 50% of a sample's volume is smaller than (μm)

D90

Particle diameter that 90% of a sample's volume is smaller than (μm)

F

Volumetric flowrate (l/min)

H0

Initial fixed bed height (cm)

Hd

Dense phase height (cm)

Ht

Fluidized bed height (cm)

kr

Reaction rate constant base on catalyst volume (s-1)

ks

Reaction rate constant base on catalyst specific surface area [s-1/(m2/m3)]

m

Catalyst weight in the fixed bed reactor (g)

ug

Superficial gas velocity (cm/s)

umf

Minimum fluidization velocity (cm/s)

W

Particle weight in the fixed bed (W = mg, N)

X

Reaction conversion (-)

ΔP

Pressure drop across the entire bed (pa)

τ

Gas residence time in the bed (s)

ρb

Bulk density of particles (kg/m3)

ε0

Fixed bed voidage (-)

εd

Dense phase voidage (-)

αt

Total contact efficiency (-)

αp

Contact efficiency due to Ap (-)

αf

Contact efficiency due to H (-)

α t'

Relative total contact efficiency [αt' = (αt(C/C+)-αt(A)) / αt(A), (-)]

αp'

Relative contact efficiency due to Ap [αp' = (αp(C/C+)-αp(A)) / αp(A), (-)]

αf'

Relative contact efficiency due to τ [αf' = αt' - αp', (-)]
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Chapter 10

10 Reaction Performance of Group C+ Fluidized Bed
Catalytic Reactor
(A version of this chapter has been submitted to Particuology for publication)
Often being regarded as non-fluidizable, Group C particles were proven to fluidize well
with the addition of nanoparticles, showing small bubbles and high gas holdup in the dense
phase during experiments. Such so-called Group C+ particles would provide more surface
area for gas-solid contact and significantly improve the reaction performance, especially
for gas-phase catalytic reactions. Based on the previous study of ozone decomposition
reaction using Group C+ catalysts, a two-phase model was used to evaluate the reactor
contact efficiency, and was further utilized to compare the performance of the partial
oxidation of n-butane to maleic anhydride reaction in the fluidized bed reactor using Group
C+ and Group A catalysts. Group C+ catalytic reactor is shown to achieve a much higher
n-butane conversion and MAN yield compared to Group A catalytic reactor, either based
on the identical catalyst quantity or based on the same gas residence time. In other words,
Group C+ fluidized bed reactor can achieve the same reaction conversion and yield with
fewer catalysts and/or smaller reactor size. Therefore, Group C+ fluidized bed reactor is
expected to cause a significant “splash” in industrial processes, especially for gas-phase
catalytic reactions.

10.1 Introduction
Given the superb ability of heat and mass transfer and ease of solids handling, fluidizedbed reactors have been applied in many chemical processes, especially in gas-phase
catalytic reactions [1]. Reactor performance is mainly affected by fluidization
hydrodynamics, which are related to operating conditions [2-3] and particle properties [46]. Geldart [7] classified particles into four groups based on their physical properties and
fluidization behaviors, Groups A, B, C and D. In most reaction processes, the catalysts
used in fluidized bed reactors are always Group A particles due to their good fluidization
quality with more homogeneous bed expansion and large specific surface area. Group C
particles have even larger specific surface area and have attracted the attention of many
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researchers in recent years. However, Group C particles are more difficult to fluidize and
tend to form channels and agglomerates due to their inherent cohesiveness arising from the
strong interparticle forces [6-10]. In recent years, Xu et al. [11] found that the relatively
strong interparticle forces of Group C particles could be reduced and Group C particles
become fluidizable with the addition of nanoparticles. Zhou et al. [12,13] systematically
studied the fluidization behaviors of the so-called Group C+ particles, and revealed a much
higher bed expansion and dense phase voidage than for Group A particles, indicating better
fluidization quality with more gas in the fluidized bed and therefore better solid-gas
contact.
In a more recent work, Zhou et al. [14] “calibrated” the reaction performance using the
ozone decomposition with Group C+ and Group A catalysts, and found that the Group C+
fluidized bed reactor exhibited a much higher reaction conversion and better gas-solid
contact than Group A fluidized bed reactor. As a result, Group C+ fluidized bed reactor has
significant advantages that can be utilized by the industry. Generally, the use of fluidized
beds in chemical industries is associated with uncertainties of the scale-up and the
performance. The prediction of the performance and scale-up of fluidized bed reactors
become important for both research and development of new processes. Therefore, Group
C+ fluidized bed reactor, proposed as a new type of reactor, is necessary to be modeled and
simulated before seeing use in chemical industries.
A large number of fluidized-bed models have been devised to describe the different
regimes of fluidization, such as the Kunii-Levenspiel model [15] and the Grace model [16]
for the bubbling regime, the single-phase plug-flow model [17] and the modified two-phase
model [18] for the turbulent regime, and the single-region models and the two-region
models for the fast fluidization regime [19]. When it comes to traditional fluidized beds,
most fluidized-bed models [20-23] are based on the simple two-phase theory of
fluidization, which was originally proposed by Toomey [24] and suggested that all gas in
excess of that required for minimum fluidization (Umf) passed through the bed as solid-free
bubbles while the dense phase remained at the minimum fluidization state, meaning that
the gas passes through the dense phase at the minimum fluidization velocity. However,
many experiments [25,26] and theories [27,28] have shown that there are solid particles in
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the bubbles, and the dense phase can hold more gas and “stay” at a higher gas velocity than
the minimum fluidization velocity in the fluidized bed of fine particles [26,29].
Considering the deviation of fine particle fluidization from the simple two-phase theory, a
modified two-phase model was utilized to evaluate the reactor performance based on the
experiments from Zhou et al. [14], which were conducted in bubbling regime. The purpose
was to compare the performance of the fluidized bed reactor using Group C+ catalysts with
the same reactor of Group A catalysts, and showed the performance improvements Group
C+ fluidized bed reactor possesses over its counterpart. The production of maleic anhydride
(MAN), as a common reaction in industry, was adopted as an example to exhibit the reactor
performance using Group C+ catalysts.

10.2 A modified two-phase model
As with most multiphase reactors, the modeling of a fluidized bed is complex due to
diversiform hydrodynamic behaviors. The two-phase theory is now generally accepted as
the appropriate modeling approach. In the “simple two-phase model”, a fluidized bed
reactor consists of two phases, the bubble phase and the dense phase. All the gas in excess
of Umf flows through the bed as bubbles while the dense phase remains at minimum
fluidization conditions. This model assumes that there are no solids in the bubbles and
reactions occur only in the dense phase. In practice the reaction in the fluidized bed is more
complicated than what the “simple two-phase model” assumed, as the bubbles contain a
small number of particles and more gas passes through the dense phase. Therefore, the
modified two-phase model takes into consideration both the reaction in the bubbles and the
dense phase. In this model, the gas velocity and voidage in the dense phase were calculated
based on the experimental data and were different with those at minimum fluidization
conditions. The gas flowing through the dense phase is assumed as the plug-flow. The
equations for this model are listed in Table 10.1. Equations 10.1 to 10.3 depict:
Consumption of reactant A in dense phase = reaction in dense phase + transfer to bubble
phase
Consumption of reactant A in bubble phase = reaction in bubble phase + transfer to dense
phase
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Concentration of reactant A = concentration of A in the dense phase + concentration of A
in the bubble phase
In Equation 10.2, γb represents the volume of solids dispersed in the bubble phase divided
by the volume of bubbles and γb is 0.005 based on the observation from the experiment
[30]. In this modified two-phase model, the superficial gas velocity in the dense phase is
calculated from the experimental data using Equations 10.4 and 10.5. δ in Equation 10.4 is
the bubble fraction, measured by the bed collapse test. The dense phase velocity (Udd) was
used in Equation 10.1 to calculate the mole balance for species A in the dense phase.
The correlations for various bubble properties are listed in Table 10.2. In this two-phase
model, all bubbles are assumed to have a uniform size throughout the bed. The average
bubble size in the whole bed (𝑑̅b ) is obtained by integrating dbz over the whole bed. The
bubble rise velocity in the fluidized bed was calculated using Equations 10.11 and 10.12.
Equations for interfacial mass transfer are listed in Table 10.3. Gas interfacial coefficient
between the two phases and number of transfer units (NTU) are used to quantify the
interfacial mass transfer.
Table 10.1: Reaction equations for the modified two-phase model
Mole balance in the dense
phase

-(1-δ)Udd

dCAd
=(1-δ)(1-εd )RAd -δKbd (CAb -CAd )
dz

dCAb
Mole balance in the bubble
-δUb
=δγb RAb +δKbd (CAb -CAd )
phase
dz
Concentration of species A CA =
Dense phase velocity
Superficial gas velocity in
dense phase

(10.1)
(10.2)

Udd (1-δ)
Ub δ
CAd +
C
Ug
Ug Ab

(10.3)

Ug -δUb Ug A-Gb
=
1-δ
A(1-δ)

(10.4)

Udd =

Udf =(1-δ)Udd = Ug -
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Gb
A

(10.5)
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Table 10.2: Equations for the hydrodynamics in two-phase model
0.4

0.8

dbz =0.54(Ug -Umf ) (z+4√AD ) g-0.2

Bubble diameter [31]

D
Equilibrium bubble diameter
0.5 2
2
(
)
d
=
[-γ
+(γ
+4d
/D)
]
be
bm
M
M
[32]
4
γM =2.56×10-2 (D/g)0.5 /Umf
Maximum
[33]

bubble

diameter

dbm =2.59[(Ug -Umf )At ]0.4 /g0.2

(10.6)
(10.7)
(10.8)
(10.9)

Average bubble diameter [34]

d̅b =

1 Hf
∫ d dz
Hf 0 bz

(10.10)

Bubble velocity [20]

Ub =Ug -Udf +Ubr

(10.11)

Single bubble velocity [20]

Ubr =0.71√gd̅ b

(10.12)

Table 10.3: Equations for interfacial mass transfer
Gas interchange coefficient
between bubble and dense phase
[15]

Number of transfer units [35]

1

K bd

=

1

K bc

+

1

K cd

(10.13)
1 1

Dg 2 g4
Udd
Kbc =4.5 ( ) +5.85 ( 5 )
d̅b
d̅ b 4
1/2
Dg εd Ubr
Kcd =6.77 (
3 )
d̅ b
NTU=

kbd Sb H Kbd H
=
Ub Vb
Ub

(10.14)

(10.15)
(10.16)

10.3 Experimental results on ozone decomposition reaction
The ozone decomposition reaction is often used as the probe reaction to characterize the
reactor performance, as it happens at a low reactant concentration. The reaction rate could
be measured at room temperature and the analysis of the ozone concentration is quick and
accurate [36-41]. As shown in literatures [36,38,40], the ozone decomposition reaction is
a simple irreversible first-order catalytic reaction, given as:
2O3(g) →3O2(g)
The rate of ozone decomposition reaction is RO3 =ks ∙Ap ∙CO3 , where ks is the reaction rate
constant based on the specific surface area of the catalyst, which is determined by the
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experimental data. Assuming the catalysts are spherical in shape, Ap is the particle surface
area per unit volume, equal to 6/ds.
In the fluidized bed, the catalysts formed agglomerates, resulting in a reduction of the
surface area which could come in contact with the gas reactant. Here, the reaction rate in
the fluidized bed was set as: RA =ks ∙Ap '∙CA , where Ap′ is the effective surface area of the
catalyst in the fluidized bed, which was calculated based on the experimental data of the
ozone decomposition reaction. Two types of particles, FCC76 belonging to the category of
Group A particle and FCC8.5+0.82% (FCC8.5 with nanoparticle volume fraction of
0.82%) belonging to the category of Group C particles were selected in this project. The
properties of the catalysts in the fluidized bed and the results of the ozone decomposition
reaction were reported by Zhou et al. [14], as listed in Tables 10.4 and 10.5. The ozone
diffusion coefficient (Dg) is 1.8×10-5 m2/s [40].
Table 10.4: Properties of catalysts and fluidized bed [14]
Parameter
D
AD
ds (FCC76)
ds (FCC8.5+0.82%)
Ap (FCC76)
Ap (FCC8.5+0.82%)
ε0 (FCC76)
ε0 (FCC8.5+0.82%)
ks (FCC76 and FCC8.5+0.82%)

Value
5.08×10-2 m
5.10×10-5 m2
76μm
8.5μm
7.89×104m-1
7.06×105m-1
0.509
0.747
1.72×10-5m/s

Table 10.5: Experimental results of ozone decomposition reaction
Catalyst
FCC76

FCC8.5+
0.82%

Umf
Ug
(cm/s) (cm/s)
0.5
12.7
0.5
16.7
0.5
20.8
0.5
24.9
9.8
9.8
9.8
9.8

12.7
16.7
20.8
24.9

H0
(cm)
8.5
8.5
8.5
8.5

Hf
(cm)
11.0
11.2
11.5
11.8

BER
(-)
1.30
1.32
1.36
1.39

εd
(-)
0.519
0.532
0.533
0.534

δ
(-)
0.162
0.178
0.198
0.217

Conversion
(-)
0.196
0.195
0.207
0.223

12.5
12.5
12.5
12.5

23.1
27.8
30.0
32.4

1.85
2.22
2.41
2.59

0.856
0.863
0.865
0.865

0.130
0.169
0.212
0.268

0.400
0.573
0.634
0.610
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10.4 Effect of particle size on fluidization hydrodynamics
The bubble size reported by Chapter 6 was found to be small and rapidly reached the
maximum stable bubble size at a bed height of 0.03m at all superficial gas velocities.
Because the height of 0.03m was much lower than the total fluidized bed height, the bubble
size at this height was considered to be the average bubble size for FCC8.5+0.82%. For
Group A particles, the bubble size grew significantly along the bed height at given
superficial gas velocities, and would reach a maximum stable bubble diameter [32] due to
bubble coalescence and splitting, which may be calculated using Equation 10.7, or, due to
the restriction by the reactor diameter, will considered to be 2/3 of the fluidized bed
diameter (D). Figure 10.1 shows that the bubble size for Group A and Group C+ particles
and the possible maximum stable bubble size. Because the maximum bubble size
calculated by Equation 10.7 for Group A particles was much larger, ⅔D was considered as
the maximum stable bubble size. Therefore, the average bubble size throughout the bed
was obtained by integrating the bubble sizes along the entire bed, including a possible
section of the upper bed where the maximum bubble size has been reached. As shown in
Figure 10.2, the average bubble size was much smaller for FCC8.5+0.82% than for FCC76,
leading to different bubble behaviors, especially for the bubble rise velocity. The effect of
capping at the maximum bubble size was shown to have a small effect only when the gas
velocity was larger than 0.2m/s, as shown by the dotted line.
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Figure 10.1: The bubble size at the top of Group C+ and Group A fluidized bed
reactors

Figure 10.2: The average bubble size in Group C+ and Group A fluidized bed
reactors
Bubble rise velocity is closely related to the bubble diameter and the operating gas velocity.
It also plays an important role in the bubble residence time of the fluidized bed reactor. The
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bubble rise velocities calculated using Equation 10.11 based on the average bubble
diameter and the bubble residence time are shown in Figure 10.3. Group C+ fluidized bed
reactor exhibited much lower bubble rise velocities than Group A reactor, resulting in
longer bubble residence time in the bed. The smaller bubble size, lower rise velocity, and
longer residence time in the Group C+ fluidized bed reactor would contribute to better mass
transfer between the bubble phase and the dense phase. For both particles, as superficial
gas velocity increased, the bubble rise velocity increased and the bubble residence time
decreased.

Figure 10.3: Bubble rise velocity and bubble residence time in Group C+ and Group
A fluidized bed reactors
The extend of mass transfer between the bubble phase and the dense phase can be
quantified by the gas interchange coefficient, as may be calculated by Equation 10.13, or
by the number of transfer units (NTU), which may be calculated using Equation 10.16.
As shown in Figure 10.4, the gas interchange coefficients in Group C+ fluidized bed reactor
were much higher than those in the Group A reactor, indicating a higher mass transfer rate.
The NTU values for Group C+ catalysts were also much higher than those for Group A
catalysts, signifying that more reactants were being transferred to the dense phase, which
subsequently contributes to better mass transfer. As gas velocity increased, the values of
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both the gas interchange coefficient and NTU decreased, indicating that the increase of the
gas velocity would produce a negative effect on the mass transfer between the bubble phase
and the dense phase. The superior mass transfer showcased by the Group C+ fluidized bed
reactor supported the thinking that smaller bubbles in the bed could improve the mass
transfer between the bubble phase and the dense phase, which is expected to enhance the
reactor performance.

Figure 10.4: The number of mass transfer units and the bubble to dense phase gas
interchange coefficient in Group C+ and Group A fluidized bed reactors
Gas velocity (Udd) and gas residence time in the dense phase for Group C+ and Group A
particles with increasing superficial gas velocity are shown in Figures 10.5 and 10.6. The
reactor of FCC8.5+0.82% showed higher gas velocities in the dense phase (Udd) than the
reactor of FCC76, indicating that gas flowrates were higher through the dense phase. The
gas residence time in the dense phase for Group C+ particles was much longer than that for
Group A particles despite the higher Udd, due to the much higher bed expansion for Group
C+ particles [14]. Both the higher Udd and longer gas residence time contributed to more
gas going through the dense phase and staying longer, causing better gas-solid contact and
thus increasing the reaction conversion.
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Figure 10.5: The dense phase velocity (Udd) in Group C+ and Group A fluidized bed
reactors

Figure 10.6: Gas residence time in the dense phase in Group C+ and Group A
fluidized bed reactors
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10.5 Effect of particle size on reactor performance: Ozone
decomposition
The fluidization hydrodynamics in the fluidized bed reactor of Group C+ and Group A
particles are summarized in Table 10.6, including the bubble and the dense phase properties
and the mass transfer between the two phases. Less gas holdup in the bubble phase, more
gas holdup in the dense phase, longer gas residence time in the bed, and better mass transfer
between the two phases in the reactor of Group C+ particles could enhance the gas-solid
contact and contribute to a better reactor performance.
Table 10.6: Relative magnitude of the various fluidization properties for Group C+
and Group A particles
Bubble diameter
Bubble rise velocity
Bubble residence time
Gas velocity in dense phase
Gas residence time in dense phase
Mass transfer between two phases

Group C+ reactor
↓
↓
↑
↑
↑
↑

Group A reactor
↑
↑
↓
↓
↓
↓

Another critical factor that affects the reactor performance is the gas-solid contact area.,
which is represented by the effective specific surface area. Because of the agglomeration
in the fluidized bed, the surface area (Ap) of individual particles cannot be completely
exposed to and come into contact with the gas reactant. The effective specific surface area
(Ap′) is used to present the surface area available for gas-solid contact and quantify the
contact efficiency. Figure 10.7 shows the various effective specific surface areas and those
deduced from the experiments. As shown, the effective surface area of FCC8.5+0.82% was
much larger than that of FCC76 in the fluidized bed reactor based on the same quantity of
catalyst particles. The larger effective surface area of the catalysts could provide a larger
interfacial area for gas-solid contact, resulting in higher contact efficiency. However, the
effective surface area of FCC8.2+0.82% was still much smaller than the surface area
without agglomeration (Ap), due to the significant agglomeration in the fluidized bed of
Group C+ particles. As the increase in the gas velocity reduced the agglomeration in the
fluidized bed of Group C+ particles, the effective surface area of FCC8.5+0.82% went close
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to Ap, while that for FCC76 could reach Ap, indicating that the surfaces of all the individual
particles were released to the gas reactant.
Experimentally obtained effective surface areas were correlated with the superficial gas
velocities for the purpose of modelling the fluidized bed reactor, expressed as follows:
Group C+ (FCC8.5+0.82%): Ap’ = -1.34x107Ug2 + 7.84x106Ug – 6.42x105

(10.17)

Group A (FCC76): Ap’ = 1.24x106Ug2 – 1.64x104Ug + 2.28x104

(10.18)

Figure 10.7: The effective surface area of catalyst in Group C+ and Group A
fluidized bed reactors
Aside from the effective specific surface area, the fluidization hydrodynamics such as the
bubble fraction and the bed expansion are also required for the reactor model. The bubble
fraction and the bed expansion ratio (BER) for FCC8.5+0.82% and FCC76 are obtained
from the previous chapter 9, as shown in Figures 10.8 and 10.9, predicted by the following
correlations:
Bubble fraction (δ):
Group C+ (FCC8.5+0.82%): δ = 2.556Ug2 + 0.161Ug +0.069

(10.19)

Group A (FCC76): δ = 0.451Ug2 +0.285Ug + 0.119

(10.20)

Bed expansion ratio (BER):
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Group C+ (FCC8.5+0.82%): BER = 415.73Ug3 – 262.73Ug2 +59.188Ug – 2.276 (10.21)
Group A (FCC76): BER = -74.253Ug3 – 43.327Ug2 -7.403Ug +1.693

(10.22)

The fluidized bed height could be obtained using Hf = Ho×BER when the initial bed height
is fixed. The dense phase voidage could be calculated from the following equation:
εd =1-

1-εo
(1-δ)∙BER

(10.23)

where ε0 is fixed bed voidage.

Figure 10.8: The bubble fraction in Group C+ and Group A fluidized bed reactors
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Figure 10.9: The bed expansion ratio in Group C+ and Group A fluidized bed
reactors
With these correlations above, the reaction conversion of the ozone decomposition reaction
could be calculated using the modified two-phase model, as shown in Figure 10.10. The
calculated results were consistent with the experimental ones, validating this modified
model and suggesting that this model was acceptable and could be used to predict the
reactor performance under the operating conditions in this work.
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Figure 10.10: Calculated and experimental results of ozone decomposition

10.6 Effect of particle size on reactor performance: Maleic
anhydride production
Industrial interest in the selective oxidation of n-butane to maleic anhydride (MAN) on
vanadium-phosphorus oxides (VPO) has increased rapidly. The production of MAN is
considered as the example reaction in this work for comparing the performance of Group
C+ and Group A fluidized bed reactors. The complete reaction pathway involves both serial
and parallel reactions as follows:

n-C4

k1

MAN

k2

k3
CO2

The detailed reactions are:
n-C4 H10 +3.5O2 →MAN+4H2 O
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k1 Ap KB CB CαO
r1 =
1+KB CB

(10.24)

n-C4 H10 +6.5O2 →4CO2 +5H2 O
β

r2 =k2 Ap CO

(10.25)

MAN+3O2 →4CO2 +H2 O
r3 =k3 Ap CMAN (

CθO
)
CσB

(10.26)

The overall reaction rates for all the species in the MAN production are listed in Table 10.7.
The kinetic parameters of these reactions were obtained from the work by Centi et al. [43],
as summarized in Table 10.8, and were not much different at various reaction temperatures.
The reaction temperatures ranged from 300 to 340C, and were assumed to have no
influence on the fluidization hydrodynamics. The particle size and physical properties of
the VPO catalyst are close to the properties of FCC76 used in Chapter 9, without the
consideration of Catalyst deactivation. The feed concentrations of n-butane in air was 5
mol%. The conversion X = (CB0 - CB)/CB0, selectivity S = CMAN/(CB0 - CB), and yield of the
MAN production Y= CMAN/CB0 were predicted using the modified two-phase model which
has been validated by the ozone decomposition reaction.
Table 10.7: Overall reaction rates for partial oxidation of n-butane
A
n-butane
MAN
CO2
O2

RA
r1+r2
-r1+r3
-4r2-4r3
3.5r1+6.5r2+3 r3

Table 10.8: Kinetic parameters*
Temperature (C)
300
320
340

k1
(mol1-αLα-1·m/s)
7.57×10-9
1.04×10-8
1.40×10-8

k2
(mol1-βLβ-1·m/s)
4.51×10-9
9.84×10-9
2.04×10-8

k3
(molσ-θ Lθ-σ·m/s)
9.92×10-10
1.49×10-9
2.18×10-9

*KB=2616; α=β=0.2298；θ=0.6345；σ=1.151.

The n-butane conversion, MAN yield and MAN selectivity observed in the fluidized bed
reactors using FCC8.5+0.82% and FCC76 at different reaction temperatures are shown in
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Figure 10.11. FCC8.5+0.82% showed a much higher conversion and MAN yield than
FCC76 at the same temperature, indicating a better reactor performance. As the gas
velocity increased, the n-butane conversion and MAN yield both increased significantly
for FCC8.5+0.82%, while those for FCC76 remained stable or showed a slight increase.
The selectivities for the two particle sizes were similar and also remained nearly unchanged
by the gas velocity, due to the change of either the particle size or the gas velocity did not
affect the kinetics based on the specific surface area (k1, k2, and k3). The significant increase
of the conversion and yield for FCC8.5+0.82% was due to the better fluidization quality
and the larger effective surface area of catalysts. For FCC8.5+0.82%, the higher bed
expansion with more gas holdup in the bed and the larger surface area of catalysts with
more surfaces available for gas reactant contributed to the increase of the conversion and
yield. As the temperature increased, the n-butane conversion and the MAN yield increased
for both particle sizes, while the MAN selectivity decreased. This is because all the reaction
kinetics increased with the temperature, leading to a higher reaction conversion, while the
kinetics (k2, k3) of the side reactions increased more significantly than that of the main
reaction (k1), leading to more side productions thus decreasing the selectivity.
The mass transfers between the bubble phase and the dense phase for FCC8.5+0.82% and
FCC76 are shown in Figure 10.12. The bed of FCC8.5+0.82% displyed better mass transfer
than the bed of FCC76. For both particles, the values of NTU decreased as the gas velocity
increased, mainly due to the higher gas velocity and shorter gas residence time in the bed.
The reactor performance is mainly affected by two factors: the gas-solid contact efficiency
and the mass transfer between the two phases. The larger gas-solid interfacial area in Group
C+ fluidized bed reactor is ascribed from the larger surface area of catalysts, more gas
holdup in the dense phase, and higher gas flowrate through the dense phase. The better
mass transfer between the two phases for Group C+ catalysts is due to smaller bubbles,
longer bubble residence time, and less bubble holdup. All these characteristics of the Group
C+ fluidized bed reactor improve the gas-solid contact efficiency and enhance the reactor
performance.
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With increasing gas velocity, the interfacial contact area increased, positive on the reaction
conversion, while the mass transfer decreased, negative on the reaction conversion.
Therefore, with the increase of gas velocity, the reaction conversion in the reactor with
Group C+ particles increased and then remain stable or slightly decreased. This
phenomenon indicated that the effect of the interfacial contact area played a more important
role at lower gas velocities, while the effect of the mass transfer between the two phases
became more significant at higher gas velocities.
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Figure 10.11: Prediction of partial oxidation of n-butane in Group C+ and Group A
fluidized bed reactors:
(a) FCC76; (b) FCC8.5+0.82%;
(1) n-butane conversion; (2) MAN selectivity; (3) MAN yield
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Figure 10.12: The number of mass transfer units with the superficial gas velocities
at T=340 C

10.7 Effect of scale up of the fluidized bed reactor
The scale up of the fluidized bed reactor is further studied in this section, because it can act
as a guide for industrial applications. The effects of scale up are investigated in three
aspects: reactor diameter (D), gas distributor (AD), and the initial bed height (H0). The
parameters of the scale-up are listed in Table 10.9a, and their effects are listed in
Table 10.9b.
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Table 10.9a: Scale-up parameters of the fluidized bed reactor
Name

H0 (m)

Hf (m)

F1

0.25

-

F2

0.25

-

F3

0.25

-

F4

0.25

-

F5

0.50

-

F6

0.50

-

F7

0.50

-

F8

0.50

-

F9

-

0.8

Weight of catalyst (kg)

AD (m2)

D (m)

0.43 (FCC76)
0.25 (FCC8.5+0.82%)
43 (FCC76)
25 (FCC8.5+0.82%)
0.43 (FCC76)
0.25 (FCC8.5+0.82%)
43 (FCC76)
25 (FCC8.5+0.82%)
0.86 (FCC76)
0.50 (FCC8.5+0.82%)
86 (FCC76)
50 (FCC8.5+0.82%)
0.86 (FCC76)
0.50 (FCC8.5+0.82%)
86 (FCC76)
50 (FCC8.5+0.82%)

5.01×10-5

0.05

5.01×10-5

0.50

5.01×10-4

0.05

5.01×10-4

0.50

5.01×10-5

0.05

5.01×10-5

0.50

5.01×10-4

0.05

5.01×10-4

0.50

-

5.01×10-5

0.50

Table 10.9b: Depiction of effects of scale-up parameters
Effects of parameters
Reactor diameter (D)

Groups
F1 and F2; F3 and F4;
F5and F6; F7 and F8

Gas distributor (AD)

F1 and F3; F2 and F4
F5 and F5; F6 and F8

Initial bed height (H0)

F1 and F5; F2 and F6
F3 and F7; F4 and F8

The effect of the scale-up on the reactor performance was shown in Figure 10.13. The
reactor diameter (D) and the gas distributor (AD) would affect mainly the bubble diameters
and thus influence the fluidization hydrodynamics. For FCC8.5+0.85%, the reactor
diameter had no effect the bubble diameter, as the bubble diameter remained constant at
the bed height of 0.03m and was only related to AD and the superficial gas velocity. As AD
increased, the bubble diameter increased but not significantly. As a result, the n-butane
conversion, MAN selectivity, and MAN yield showed minimal change (Figure 10.13a).
For FCC76, the bubble diameter was related to both AD and D. The increase of AD and D
resulted in the increase of the bubble diameter, the subsequent increase of the bubble rise

290

291

velocity, and the decrease of the gas residence time, leading to lower conversion,
selectivity, and yield (Figures 10.13b and c). The effect of the reactor diameter on the
bubble diameter was more significant than the effect of AD.
The change of the initial bed height would mainly affect the gas residence time in the
fluidized bed reactor. For both FCC8.5+0.82% and FCC76, the increase of the initial bed
height (H0) contributed to a longer gas residence time in the bed, thus increasing the
conversion and the yield. Regarding the selectivity, the longer gas residence time would
make more MAN further convert to CO2, which decreased the selectivity. Overall,
combining the conversion, selectivity and yield, the reactor performance was improved
with the increase of the initial bed height. Based on the same gas residence time, there for
a smaller quantity of Group C+ catalysts, Group C+ fluidized bed reactor could reach an
even higher conversion and yield than Group A fluidized bed reactor, mainly due to the
larger effective specific surface area and the higher bed expansion. Conclusively, using
Group C+ particles as catalysts could remarkably improve the reactor performance and
increase the profits in industrial processes.
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Figure 10.13: Effect of scale-up parameters on the performance of Group C+ and
Group A fluidized bed reactors:
(1) n-butane conversion; (2) MAN selectivity; (3) MAN yield
Under the condition that the total fluidized bed height is the same in the reactor of both
FCC8.5+0.82% and FCC76 (F9 in Table 10.9a), the results are shown in Figure 10.14.
FCC8.5+0.82% exhibited much higher conversion, selectivity and yield than FCC76, thus
boosting the reactor performance. As gas velocity increased, the conversion and the yield
for FCC8.5+0.82% increased and then decreased, resulting in optimal reactor performance.
With the increase of the gas velocity, the increased effective surface area had a positive
effect on the reactor performance, while the decreased NTU produced a negative effect. As
a result, the fluidized bed reactor using FCC8.5+0.82% created an optimal operating
condition and reactor performance.
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Figure 10.14: The reactor performance of Group C+ and Group A fluidized bed
reactors under the same fluidized bed height:
(1) n-butane conversion; (2) MAN selectivity; (3) MAN yield.
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Under the same reaction conversion, the fluidized bed heights, the gas residence times and
the catalyst weights that were required in the reactors of both FCC8.5+0.82% and FCC76
are shown in Figure 10.15. The fluidized bed height and the gas residence time required
for FCC8.5+0.82% were 67% of that required for FCC76, which were needed to achieve
the same reaction conversion. Additionally, the catalyst weight of FCC8.5+0.82% was only
20% of that of FCC76. The lower fluidized bed height, shorter gas residence time, and
much lower catalyst weight of FCC8.5+0.82% could significantly reduce costs in industrial
processes and thus increase profits earned.

Figure 10.15: Comparison of Group C+ and Group A fluidized bed reactors under
the same n-butane conversion
Considering that the industrial MAN reactor is operated in a turbulent regime, the
comparison of the reactor performance in the bubbling regime (this work) with that in the
turbulent regime [35] was investigated and shown in Figure 10.16. Mostoufi et al. [35]
calculated the reaction conversion, the selectivity, and the yield of MAN production in a
fluidized bed reactor using Group A catalysts (FCC75) at 0.9m/s in the turbulent regime.
The catalyst activity, the reaction temperature, and the gas residence time used in this work
and the work by Mostoufi et al. [35] are identical. As shown in Figure 10.16, the conversion
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and the yield in the Group C+ fluidized bed reactor (in this work) were higher than those
calculated using the DTP and STP model in the work by Mostoufi et al. [35]. The selectivity
was similar in the two works. Although the Group C+ fluidized bed reactor was operated
in the bubbling regime, its performance was superior to that of the MAN reactor using
Group A catalysts which was operated in the turbulent regime. It is expected that the Group
C+ fluidized bed reactor could achieve an even better performance in the turbulent
fluidization regime, which usually occurs in the industrial MAN reactor.

Figure 10.16: Comparison of the reactor performance in bubbling regime in this
work with that in turbulent regime in the work by Mostoufi et al [35].

10.8 Conclusions
The Group C+ fluidized bed reactor possessed a smaller bubble size, lower bubble rise
velocity, and a longer gas residence time than the Group A fluidized bed reactor. The
effective surface area in the Group C+ fluidized bed reactor was much larger than that of
the Group A fluidized bed reactor, meaning that more catalyst surface could come into
contact with the the gas reactant and the catalyst utilization has been significantly
improved.
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The reactor performances of Group C+ and Group A fluidized bed reactors were compared
using a modified two-phase model. The fluidized bed reactor using FCC8.5+0.82%
exhibited a much higher conversion, higher MAN yield, and the same selectivity when
compared with that of using FCC76. The increase of superficial gas velocity significantly
increased the reactor performance of FCC8.5+0.82%, but had less of an effect for FCC76.
The effect of scale-up was considered in three aspects, the bed diameter (D), the gas
distributor (AD), and the initial bed height (H0). The increase of AD increased the bubble
diameter for both FCC8.5+0.82% and FCC76, reducing the reactor performance. The
increase of bed diameter had no effect on the bubble behaviors for FCC8.5+0.82%, but
could significantly increase the bubble diameter for FCC76, leading to poorer reactor
performance. The increase of H0 remarkably improve the reactor performance for both
FCC8.5+0.82% and FCC76 due to the longer gas residence time in the fluidized bed. When
compared with the industrial turbulent MAN reactor, the Group C+ bubbling fluidized bed
reactor performed even better. Conclusively, the Group C+ fluidized bed catalytic reactor
could bring huge advancements to industrial processes, especially for gas-phase catalytic
reactions.

Nomenclature
AD

Reflect area of single hole in the distributor, m2

𝐴t

Bed cross-sectional area, m2

Ap

Specific surface area, m-1

Ap'

Effective reaction specific surface area, m-1

CA

Concentration of species A, mol/L

D

Fluidized bed diameter, m

Dg

Gas diffusion coefficient, m2/s

dbz

Bubble size at the height of z, m

𝑑be

Equilibrium bubble diameter, m

𝑑bm

Maximum bubble diameter from total coalescence of bubbles, m

𝑑bmax

Maximum bubble diameter, equal to 2/3 fluidized bed diameter, m

𝑑̅b

Average bubble diameter, m
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ds

Solid diameter, m

g

Acceleration due to gravity, m/s2

Gb

Bubble flowrate, m3/s

Hf

Fluidized bed height, m

k1

Rate constant for MAN formation, mol1-αLα-1·m/s

k2

Rate constant for CO2 formation, mol1-βLβ-1·m/s

k3

Rate constant for maleic anhydride decomposition, molσ-θ Lθ-σ·m/s

kbd

Bubble to dense mass transfer coefficient, m/s

ks

Rate constant based on specific surface area, m/s

Kbd

Bubble to dense phase gas interchange coefficient, s-1

Kbc

Bubble to cloud phase gas interchange coefficient, s-1

Kcd

Cloud to dense phase gas interchange coefficient, s-1

KB

Equilibrium constant in Centi et al. [43] kinetics, L/mol

NTU

Number of mass transfer units [35]

r1

Rate of MAN formation, mol/(L·s)

r2

Rate of CO2 formation, mol/(L·s)

r3

Rate of MAN decomposition, mol/(L·s)

RA

Overall reaction rate of species A, mol/(L·s)

S

MAN selectivity

Sb

Bubble surface area, m2

ts

Bubble residence time, s

td

Gas residence time in dense phase, s

Ubr

Single bubble velocity, m/s

Ug

Superficial gas velocity, m/s

Ub

Bubble velocity, m/s

Udd

Dense phase velocity, m/s

Udf

Superficial gas velocity in dense phase, m/s

Umf

Minimum fluidization velocity, m/s

Vb

Bubble volume, m3

X

n-butane conversion

Y

MAN yield
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z

Distance above the distributor, m

Greek Notation
α, β, θ, σ

Exponents in Centi et al. [43] rate expressions

δ

Bubble fraction in fluidized bed

εo

Fixed bed voidage

εd

Dense phase voidage

γb

Volume of solids in bubble phase divided by the volume of bubbles,
m3 of solid/m3 of gas

ρs

Solid density, kg/m3

γM

Parameter from Mori and Wen correlation [33]

Subscripts
0

Inlet

B

n-butane

b

Bubble

c

Cloud phase

d

Dense phase

MAN

Maleic anhydride

mf

Minimum fluidization

O

Oxygen

s

Solid

10.9 References
[1]

Grace JR, Leckner B, Zhu J, Cheng Y. Fluidized beds, In: Crowe, CT, editor.
Multiphase Flow Handbook. New York, 2006: 5-1.

[2]

Xiong Q, Aramideh S, Kong SC. Modeling effects of operating conditions on
biomass fast pyrolysis in bubbling fluidized bed reactors. Energ Fuel. 2013; 27:
5948-5956.

[3]

Almuttahar A, Taghipour F. Computational fluid dynamics of a circulating fluidized
bed under various fluidization conditions. Chem Eng Sci. 2008; 63:1696-1709.

298

299

[4]

Saayman J, Ellis N, Nicol W. Fluidization of high-density particles: The influence
of fines on reactor performance. Powder Technol. 2013; 245: 48-55.

[5]

Sun G, Grace JR. The effect of particle size distribution on the performance of a
catalytic fluidized bed reactor. Chem Eng Sci. 1990; 45: 2187-2194.

[6]

Geldart D. The effect of particle size and size distribution on the behavior of gas
fluidized beds. Powder Technol. 1972; 6: 201-209.

[7]

Geldart D. Types of gas fluidization. Powder Technol. 1973; 7: 285-292.

[8]

Sugihara K, Ono S. Galvanomagnetic properties of graphite at low temperature. J
Phys Soc Japan. 1966; 21: 631-637.

[9]

Baerns M. Effect of interparticle adhesive forces on fluidization of fine particles. Ind
Eng Chem Res. 1966; 5: 508-516.

[10] Geldart D, Wong ACY. Fluidization of powders showing degrees of cohesivenessI: Bed expansion. Chem Eng Sci. 1984: 39:1481-1488.
[11] Xu CC, Zhang H, Zhu J. Improving flowability of cohesive particles by partial
coating on the surfaces. Can J Chem Eng. 2009; 87: 403–414.
[12] Zhou Y, Zhu J. Group C+ particles: Enhanced flow and fluidization of fine powders
with nano-modulation. Chem Eng Sci. 2019; 207: 653-662.
[13] Zhou Y, Zhu J. Group C+ particles: Extraordinary dense phase expansion during
fluidization through nano-modulation. Chem Eng Sci. 2020; 214:115420.
[14] Zhou Y, Zhao Z, Zhu J, Bao X. Group C+ particles: Efficiency augmentation of
fluidized bed reactor through nano‐modulation. AIChE J. 2019; e16870.
[15] Kunii D, Levenspiel O. Fluidization Engineering, 2nd ed. Boston: ButterworthHeinemann, 1991.
[16] Grace JR. Generalized models for isothermal fluidized bed reactors. Recent
Advances in the Engineering Analysis of Chemically Reacting Systems. Doraiswamy
LK, ed., Wiley, New Delhi, 1984: pp 237-255.
[17] Fane AG, Wen CY. Fluidized bed reactors. Handbook of Multiphase System.
Hetsroni G, ed., Hemisphere Publishing, Washington DC, 1982: pp 104-151.
[18] Foka M, Chaouki J, Guy C, Klvana D. Gas phase hydrodynamics of a gas-solid
turbulent fluidized bed reactor. Chem Eng Sci. 1996; 51:713-723.

299

300

[19] Grace JR, Lim KS. Reactor modeling for high-velocity fluidized beds. Circulating
Fluidized Beds. Grace JR, Avidan AA, Knowlton TM, eds, Chapman and Hall,
London, 1997:pp 504-524.
[20] Davidson JF, Harrison D. Fluidized Particles. Cambridge University Press, New
York, 1963.
[21] Werther J. Mathematical modeling of fluidized bed reactors. Int Chem Eng. 1980;
20: 310-315.
[22] Theologos KN, Markatos NC. Modelling of flow and heat transfer in fluidized
catalytic cracking riser-type reactors. Chem Eng Res Des. 1992; 70: 239-245.
[23] Partridge BA, Rowe PN. Chemical reaction in a bubbling gas-fluidized bed. Chem
Eng Res Des. 1966; 44: 335-348.
[24] Toomey RD. Gaseous fluidization of solid particles. Chem Eng Progr. 1952; 48:
220-226.
[25] Aoyagi M, Kunii D. Importance of dispersed solids in bubbles for exothermic
reactions in fluidized beds. Chem Eng Commun. 1974; 1:191-197.
[26] Chaouki J, Gonzalez A, Guy C, Klvana D. Two-phase model for a catalytic turbulent
fluidized-bed reactor: Application to ethylene synthesis. Chem Eng Sci. 1999;
54:2039-2045.
[27] Batchelor GK, Nitsche JM. Expulsion of particles from a buoyant blob in a fluidized
bed. J Fluid Mech. 1994; 278: 63-81.
[28] Gilbertson MA, Yates JG. The motion of particles near a bubble in a gas-fluidized
bed. J Fluid Mech. 1996; 323:377-385.
[29] Abrahamson AR, Geldart D. Behaviour of gas-fluidized beds of fine powders: part
II. Voidage of the dense phase in bubbling beds. Powder Technol. 1980; 26:47-55.
[30] Kunii D, Levenspiel O. Fluidized reactor models. 1. For bubbling beds of fine,
intermediate, and large particles. 2. For the lean phase: freeboard and fast
fluidization. Ind Eng Chem Res. 1990; 29:1226-1234.
[31] Darton RC, LaNauze RD, Davidson JF, Harrison D. Bubble growth due to
coalescence in fluidized beds. Trans Am Inst Chem Eng. 1977; 55: 274-280.
[32] Horio M, Nonaka AA. generalized bubble diameter correlation for gas‐solid
fluidized beds. AIChE J. 1987; 33:1865-1872.

300

301

[33] Mori S, Wen CY. Estimation of bubble diameter in gaseous fluidized beds. AIChE
J. 1975; 21:109-115.
[34] Cai P, Schiavetti MG, Michele D, Grazzini GC, Miccio M. Quantitative estimation
of bubble size in PFBC. Powder Technol. 1994; 80: 99-109.
[35] Mostoufi N, Cui H, Chaouki J. A comparison of two- and single-phase models for
fluidized-bed reactors. Ind Eng Chem Res. 2001; 40:5526-5532.
[36] Frye CG, Lake WC, Eckstrom HC. Gas-solid contacting with ozone decomposition
reaction. AIChE J. 1958; 4:403-408.
[37] Van Swaaij WPM, Zuiderweg FJ. Investigation of ozone decomposition in fluidized
beds on the basis of a two-phase model. Proceeding of the European Symposium on
Chemical Reaction Engineering. Amsterdam: Elsevier, 1972: B9-B25.
[38] Orcutt JC, Davidson JF, Pigford RL. Reaction time distributions in fluidized
catalytic reactors. Chem Eng Prog Symp Ser. 1962; 58:1-15.
[39] Hovmand S, Freedman W, Davidson JF. Chemical reaction in a pilot-scale fluidized
bed. Trans Am Inst Chem Eng. 1971; 49:149-162.
[40] Fryer C, Potter OE. Experimental investigation of models for fluidized bed catalytic
reactors. AIChE J. 1976; 22:38-47.
[41] Ouyang S, Lin J, Potter OE. Ozone decomposition in a 0.254 m diameter circulating
fluidized bed reactor. Powder Technol. 1993; 74:73-78.
[42] Zhou Y, Xu J, Zhu J. Bubble behaviors in Group C+ and Group A fluidized reactors.
submitted to AIChE J.
[43] Centi G, Fornasari G, Trifiro F. n-Butane oxidation to maleic anhydride on vanadium
phosphorous oxides: Kinetic analysis with a tubular flow stacked-pellet reactor. Ind
Eng Chem Prod Res Dev. 1985; 24:32-37.

301

302

Chapter 11

11 General Discussion
Fine particles are gaining increasing importance in a variety of industrial processes due to
their small particle size and large specific surface area. Fluidization is often the preferred
mode of powder operations because of its many advantages over the fixed bed operation,
such as good gas-solid contact, uniform temperature distribution, and high mass and heat
transfer rates, etc. However, the fluidization of fine particles, especially Geldart Group C
particles, is very difficult due to the strong interparticle forces. Therefore, Geldart Group
C particles are often considered as non-fluidizable. In this present work, a nano-modulation
technique developed for our group’s research on ultrafine particle coating technology was
used to effectively reduce or eliminate the interparticle forces of Group C particles and
made them free-flowable and fluidizable. The term of “Group C+” particles was first
proposed as a new type of powders.
In this present work, the effects of the nanoparticle concentrations, the particle size, and
the gas properties on the fluidization hydrodynamics of Group C+ particles were
systematically investigated, including the minimum fluidization velocity, bed expansion,
dense phase properties, and bubble behaviors. Moreover, the performance of the fluidized
bed reactor using Group C+ particles as catalysts was also experimentally studied using
ozone decomposition reaction, and modelled based on the two-phase theory and further
applied to the industrial reaction (MAN production).
The most important contribution in this work was the great fluidization quality of Group
C+ particles, showing extraordinary bed expansion, especially the extremely high dense
phase expansion, during fluidization. The large specific surface area and more gas holdup
in the fluidized bed of Group C+ particles then contributed to good gas-solid interfacial
contact and thus enhanced reactor performance. Based on our experimental findings, the
high dense phase expansion or the large dense phase voidage is one critical characteristic
in the fluidization of Group C+ particles. Therefore, it is necessary to find out the reason
contributing to the good fluidization quality of Group C+ particles.
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Fluidization happens when the drag forces on the particles by the fluid overcome the
gravitational forces, however, the interparticle forces are predominant over the
gravitational forces for fine particles and govern the fluidization behaviors. As a result, for
fine particles especially Group C particles, fluidization is a balance between the drag force
and the interparticle forces. Although the interparticle forces of Group C+ particles have
been effectively reduced and are much lower than that of Group C particles, for some finer
Group C+ particles, they are still significant when compared with larger particles such as
Group A particles. Therefore, it is necessary to consider the interparticle forces as well as
the drag force when investigating the fluidization behaviors of Group C+ particles.

11.1 The consideration of particle cohesion
The particle cohesion is a key parameter reflecting the degree of the interparticle forces for
Group C+ particles, which is affected by particle properties such as the particle size and
density, etc. A dimensionless cohesion index (σ*) was proposed in this work which
involved the particle size (dp), the particle density (ρp), the particle cohesion (σ), and the
initial bed voidage (ε0) to quantify the effect of the particle cohesion on the fluidization
behaviors. The dimensionless cohesion index was in the form of:
σ* = (σε0dp2) / (dp3ρpg) = (σε0) / (dpρpg) (11.1)
where σ is the particle cohesion (pa) which can be obtained by FT4 test, and ε0 is the initial
bed voidage which can be calculated using the particle apparent density (ρp) and bulk
density (ρb).
The dimensionless cohesion index, in fact, is the ratio of the particle cohesion to the particle
gravity. Therefore, it is an index that reflects the relative significance of the cohesion effect
over the gravity effect on the fluidization behaviors of Group C+ particles. The physical
meaning of the dimensionless cohesion index is described as:
Dimensionless cohesion index = Cohesion effect/ Gravity effect
The larger dimensionless cohesion index indicated more significant effect of the particle
cohesion than the particle gravity. The effect of the dimensionless cohesion index on the
fluidization behaviors of Group C+ particles including the minimum fluidization velocity,
the bed voidage, and the dense phase voidage were shown in Figures 11.1. The minimum
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fluidization velocity for Group C+ particles increased with the increase of the
dimensionless cohesion index, as shown in Figure 11.1a. The minimum fluidization
velocity increased more significantly when the dimensionless cohesion index was larger.
This is reasonable because most Geldart Group C particles are non-fluidizable due to strong
cohesion, and their minimum fluidization velocity can be considered as infinite.
In addition to the minimum fluidization velocity, the fluidized bed voidage is another
important parameter in the fluidization and needs to be characterized. The effect of the
dimensionless cohesion index on the bed voidage for Group C+ particles is shown in
Figure 11.1b. The bed voidage for Group C+ particles increased with the increase of the
dimensionless cohesion index, indicating that the particle cohesion has a positive effect on
the bed expansion.
The dense phase voidage is a more important parameter to characterize the fluidization
quality, because the large dense phase voidage indicates more gas holdup in the dense
phase and contributes to better gas-solid contact. The maximum dense phase voidage for
Group C+ particles also increased with the increase of the dimensionless cohesion index,
as shown in Figure 11.1c.
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Figure 11.1: The effect of the dimensionless cohesion index on the fluidization
behaviors for Group C+ particles
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In summary, the particle cohesion did play a significant role in determining the fluidization
quality for Group C+ particles. Geldart Group C particles with too strong particle cohesion
cannot fluidize with almost infinite umf, while Group C+ particles with reduced cohesion
had the minimum fluidization velocity. Although the particle cohesion resulted in higher
umf, more importantly, it contributed to higher bed expansion and larger dense phase
voidage. Therefore, a controlled particle cohesion of Group C+ particles is important and
can improve the fluidization quality. Additionally, for Group A or Group A/C particles, the
cohesion effect was insignificant and the gravity effect would be predominant in the
fluidization, so that it is not suitable to use the dimensionless cohesion index when
evaluating their fluidization behaviors.

11.2 The consideration of drag force
Another important factor affecting the fluidization behaviors is the drag force exerted on
the particles by the fluid which is affected by the fluid properties such as the fluid density
and viscosity. In viscous fluid dynamics, the Archimedes number (Ar) is used to determine
the fluid motion and is the ratio of gravitational forces to viscous forces, in the form of:
Ar = dp3ρg(ρp-ρg)g / μg2 = Gravitational forces / Viscous forces

(11.2)

For Group C+ particles, as the cohesion effect is more significant than the gravity effect
and viscous forces are the main drag forces, the revised Archimedes number (Ar*) with the
consideration of the cohesion effect could be defined as:
Ar* = Particle cohesion / Viscus forces = Ar σ* = σdp2ρgε0 / μg2

(11.3)

where ρp-ρg ≈ ρp for gas-solid fluidized beds, ρg is the gas density, and μg is the gas viscosity.
The revised Archimedes number (Ar*) can describe the relative significance between the
cohesion forces of the particles and the drag forces exerted on the particles by the fluidizing
gas. The larger Ar* indicates more significant particle cohesion and the smaller Ar*
indicates more significant drag forces. The effect of the revised Archimedes number on the
fluidization behaviors of Group C+ particles using different fluidizing gases is shown in
Figures 11.2. The minimum fluidization velocity for Group C+ particles increased with the
increase of the revised Archimedes number, as shown in Figure 11.2a, due to the more
significant cohesion forces than the drag force on the particles as Ar* increased. Lower umf
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could be achieved when the particle cohesion was lower or the fluidizing gas with higher
viscosity was used.
In addition to the minimum fluidization velocity, the effect of Ar* on the bed voidage and
the maximum dense phase voidage were insignificant, as shown in Figures 11.2b and 2c.
As have been discussed, the particle cohesion had a positive effect on both bed voidage
and maximum dense phase voidage. The increase of the drag force due to higher gas
viscosity would also contribute to larger bed voidage and larger maximum dense phase
voidage. As a result, the higher particle cohesion resulting in a larger Ar* increased the
voidage, and the higher gas viscosity resulting in a smaller Ar* also increased the voidage
in the fluidized bed. Combining the two factors, Ar* number did not affect the voidage in
the fluidized bed significantly.
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Figure 11.2: The effect of the revised Archimedes number on the fluidization
behaviors for Group C+ particles
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In summary, the fluidization behaviors of Group C+ particles were significantly affected
by the particle cohesion. The dimensionless cohesion index can be used to effectively
evaluate the fluidization quality for Group C+ particles. The revised Archimedes number
considered the balance between the particle cohesion and the drag forces exerted on the
particles by the fluidizing gas. Both the increase of the particle cohesion and the drag forces
could contribute to better fluidization quality for Group C+ particles, showing larger bed
voidage and larger maximum dense phase voidage.
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Chapter 12

12 Conclusions and Recommendations
12.1 Conclusions
Group C+ particles can be fluidized well after nanoparticle modulation. Nanoparticles as
fluidization aids, do have the ability to reduce the cohesion of Group C particles and
improve the fluidization quality. Nanoparticle concentration greatly affects the fluidization
quality of Group C+ particles, and there exists an optimum nanoparticle concentration
depending on the surface coverage and surface roughness. The optimum nanoparticle
concentration was around 0.5-1% (volume fraction) for Group C+ particles.
The minimum fluidization velocities of Group C+ particles can be clearly identified and the
values are acceptable, even if they are higher than that of Group A particles. The fluidized
bed of Group C+ particles can expand as high as 2-3 times of the fixed bed height. The bed
expansion for Group C+ particles is around 180% of that for Group A particles. The high
bed expansion can retain more gas in the bed and contribute to better gas-solid contact.
Group C+ particles exhibit much longer bed collapse time and higher dense phase height
than Group A particle. The bed collapse curves for Group C+ particles are curved and those
for Group A particles are much more linear. Group C+ particles exhibit a much higher dense
phase expansion and larger dense phase voidages than Group A particles, indicating more
gas holdup in the dense phase so that gas can closely contact with the particles.
The fluidization quality of Group C+ particles is closely related to the gas properties. The
fluidization quality in various gases from good to poor exhibits: argon > air > (nitrogen) >
helium > hydrogen, with the increase of the gas viscosity and/or the gas density, both of
which can enhance the fluidization quality of Group C+ particles. Both theoretical and
experimental methods are used to evaluate the relative importance of the gas viscosity and
density on the fluidization quality. The effect of increasing the gas viscosity is shown to be
more significant than increasing gas density, suggesting that the gas viscosity plays a more
important role on determining the fluidization quality.
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The bubble behaviors for Group C+ particles and Geldart Group A particles are fully
characterized in a 2-D bubbling fluidized bed, including the bubble distribution, diameter,
rise velocity and the residence time. Smaller bubbles (< 2cm) homogeneously occupy the
bed for both Group C+ and Group A particles, while larger bubbles tend to form in the
middle of the bed. The maximum bubble diameter for Group C+ particles is less than 4cm,
much smaller than that in the bed of Group A particles, reaching up to 6-7cm in the range
of studies. When compared with the bed of Group A particles, the bed of Group C+ particles
exhibits a smaller total number of bubbles, lower “density” of bubbles (number of bubbles
per unit volume), more uniform bubble size distribution, lower bubble rise velocity, and
longer bubble residence time.
Based on the fluidization characteristics for Group C+ particles showing smaller bubbles,
lower bubble rise velocity, less bubble holdup, and extraordinarily higher gas holdup in the
dense phase, the two-phase theory for Group C+ particles is re-viewed. Applying the
modified two-phase theory and using the correction factor Y to account for increased dense
phase gas flow, the Y value is found to be not a constant as previously suggested for Group
A particles, but to decrease with the excess superficial gas velocity, for fine Group C+
particles. A new correlation for the correction factor, Y, is then developed in this study for
Group C+ particles. Using this new correlation (and the reported Y value for Group A
particles), the distribution of the gas flow between the dense phase and the bubble phase in
the beds of Group C+ in comparison to Group A particles can be determined, quantifying
the gas flow through the dense phase which is clearly higher than the minimum fluidization
velocity (umf), and the gas flow through the bubble phase which is clearly lower than the
excess gas velocity (ug-umf).
The most unique and important characteristic for Group C+ particles is the extremely high
dense phase voidage, which is also a critical parameter for evaluating the gas-solid contact.
The dense phase voidage (εd) for Group C+ particles is found to increase linearly with the
superficial gas velocity in the dense phase (ud) when operating between the minimum
fluidization velocity, umf, and the maximum dense phase expansion velocity, ud,max, and
then remains unchanged at the value of maximum dense phase voidage (εd,max).
Considering the similar structure of the dense phase with the liquid-fluidized beds, general
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expressions to predict the dense phase voidage for Group C+ particles are developed based
on the Richardson-Zaki approach and the Kozeny-Carman approach. Both correlations
predict well with the experimental results within the deviation of 20%. The correct
prediction of the dense phase voidage can provide a guidance in the design and operation
of the Group C+ fluidized bed reactor. In addition, a new method to calculate the minimum
fluidization velocity for Group C+ particles with the consideration of the particle cohesion
is proposed. Both the bed voidage at minimum fluidization (εmf) and the maximum dense
phase voidage (εd,max) are correlated well with the dimensionless cohesion index (σ*),
indicating that the particle cohesion plays a significant role in the bed expansion for Group
C+ particles.
The good fluidization quality of Group C+ particles contributes to good gas-solid contact,
which is a key factor determining the reactor performance especially for gas-phase catalytic
reactions. Therefore, Group C+ particles are further used as catalysts in a gas-solid catalytic
fluidized bed reactor to evaluate the performance using the ozone decomposition reaction.
The fluidized bed reactor using Group C+ particles shows much higher reaction
conversions and much higher contact efficiency than the bed using Group A particles. The
significant increase of the contact efficiency for Group C+ catalysts is due to both the larger
specific surface area and the higher bed expansion in the fluidized bed, which provide
larger gas-solid interfacial area and more gas reactants for gas-solid contact. The high
reaction conversion in the fluidized bed reactor using Group C+ particles confirms that
Group C+ particles with good fluidization quality improve the reaction performance. Group
C+ particles have great potential to bring a soar in the reactor performance of gas-phase
catalytic reactions.
The production of maleic anhydride (MAN), as a common reaction in industry, is adopted
as an example to exhibit the reactor performance using Group C+ catalysts. The reactor
performances of Group C+ and Group A fluidized bed reactors are theoretically compared
using a modified two-phase model. The fluidized bed reactor using Group C+ catalysts
exhibits a much higher conversion, higher MAN yield, and the same selectivity when
compared with that of using Group A catalysts. The effect of scale-up is also considered in
three aspects, the bed diameter (D), the gas distributor (AD), and the initial bed height (H0).

312

313

The increase of AD increases the bubble diameter for both catalysts, reducing the reactor
performance. The increase of bed diameter almost has no effect on the bubble behaviors
for Group C+ catalysts, but significantly increases the bubble diameter for Group A
catalysts, leading to poorer reactor performance for Group A catalysts. The increase of H0
remarkably improves the reactor performance for both Group C+ and Group A catalysts
due to the longer gas residence time in the fluidized bed. When compared with the
industrial turbulent MAN reactor, the Group C+ bubbling fluidized bed reactor performs
even better. Conclusively, the Group C+ fluidized bed catalytic reactor could bring huge
advancements to industrial processes, especially for gas-phase catalytic reactions.
A dimensionless cohesion index (σ*) which involves the particle cohesion, size, and density
is proposed to quantify the relative importance of the cohesion effect to the gravity effect
for Group C+ particles. For Group C+ particles, the cohesion effect predominates over the
gravity effect and determines the fluidization behaviors. The larger dimensionless cohesion
index leads to higher umf, larger bed voidage, and larger dense phase voidage. Therefore,
the good fluidization quality of Group C+ particles is ascribed to their particle cohesion.
Although the nano-modulation technique has reduced the particle cohesion of Group C
particles, that of some Group C+ particles cannot be neglected when compared with other
larger particles. The controlled particle cohesion contributes to higher bed expansion and
larger dense phase voidage in the fluidized bed of Group C+ particles.

12.2 Recommendations
Comprehensive studies have been carried out in the present work on the fundamentals for
Group C+ particle fluidization (including the effects of nanoparticle concentration, particle
size and gas properties on umf, bed expansion, and dense phase properties), the two-phase
characterization (including the bubble behaviors, the modification of the corrector Y in
two-phase theory, the prediction of dense phase voidage), and the evaluation of reactor
performance using Group C+ particles as catalysts. Nevertheless, further investigations on
these subjects are necessary and recommendations are brought into attention here for more
researches on fine particle fluidization technology.
⚫

Interparticle forces play an important role in fine particle fluidization, and Van der
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Waals forces are predominant over other forces. Group C+ particles with controlled
interparticle forces exhibit good fluidization. It is necessary to quantify the
interparticle forces of Group C+ particles and their effects on the fluidization quality.
⚫

Nanoparticles adhered on the surfaces of Group C particles to increase the separation
distance and surface roughness, thus reducing the interparticle forces. As a result, the
separation distance and the surface roughness are key factors for evaluating the
interparticle forces for Group C+ particles. However, the surface roughness and the
separation distance of Group C+ particles cannot be measured. Further works need to
characterize the surface properties as well as the separation distance to quantify the
interparticle forces of Group C+ particles.

⚫

Group C+ particles exhibit smaller bubbles than Group A particles in the fluidized bed.
Theoretical explanation needs to be proposed, and the prediction of the bubble
diameter for Group C+ particles also needs to be developed.

⚫

Based on the full characterization of the fluidization behaviors of Group C+ particles,
a reactor model for predicting the reaction conversion in the Group C+ fluidized bed
reactor needs to be further developed.

⚫

The present work comprehensively investigated the bubbling behaviors of Group C+
particles. Other fluidization regimes such as the turbulent regime need to be further
determined and characterized.

⚫

In terms of the scale-up of Group C+ fluidized bed reactors, problems such as the
recycle of the extra-fine particles, the stability of the nanoparticles, etc. need to be
considered.
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Appendices
Appendix A: Data repeatability and error analysis
Basic fluidization behaviors
Fluidization experiments for each type of particles including the measure of the pressure
drop and the bed expansion were repeated at least three times and the average data were
used. When measuring the pressure drop across the entire bed, the pressure transducer was
used and the measure frequency was 1000 data points per second and the measure time was
5s. The pressure drop at one gas velocity was obtained by averaging 5000 data points. Take
GB10+0.82% R972 as an example, Figure A1 shows the normalized pressure drop across
the entire bed for 1 time. Each point was the average of 5000 signals obtained from the
transducer, with the deviation less than 0.25%, as shown in Figure A2. Figure A3 shows
the error bars for the pressure drop curved measured for 6 times. Figure A4 shows the error
bars for minimum fluidization velocity (for 6 times). For the bed expansion ratio, the bed
surface fluctuated, so the bed height at a given superficial gas velocity was measured for
10 times and the average was used with the deviation less than 2.5% (the black points in
Figure A5). The bed expansion test was conducted for 6 times and the average bed
expansion ratio with error bars was shown in Figure A5 (red line).
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Figure A1: The normalized pressure drop curve for one sample

Figure A2: The fluctuation of one point at ug = 9.45cm/s of the pressure drop curve

316

317

Figure A3: The average pressure drop curve for 6 times

Figure A4: The average minimum fluidization velocity for 6 times
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Figure A5: The average bed expansion ratio for 6 times

Bubble diameters
200 to 400 bubbles were collected at a given gas velocity for each sample, and the average
bubble diameter was calculated. Figure A6 shows the bubble diameter spread for FCC8.5+
at different velocities; Figure A7 shows the bubble diameter spread for GB10+ at different
velocities; and Figure A8 shows the bubble diameter spread for FCC76 at different
velocities. For Group C+ particles, most bubbles were smaller than 2cm and were
distributed along the entire fluidized bed. The largest bubbles were smaller than 4cm and
occasionally appeared in the bed.
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Figure A6: The bubble diameter spread and the average values for FCC8.5+
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Figure A7: The bubble diameter spread and the average values for GB10+
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Figure A8: The bubble diameter spread and the average values for FCC76
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Appendix B: Image processing
The image processing routine was developed on Adobe Photoshop CS6 (The Adobe
company) and Matlab R2018b (The MathWorks inc.). It is able to collect all data relative
to bubble position and bubble size. The camera recorded videos at a frequency of 50Hz
and each video was 10s, equal to 500 frames. The video was transferred into images frame
by frame, equal to 500 pictures. Each picture consists of 1080 x 1920 pixels and is in the
Red, Green and Blue (RGB) format. Then the images were cropped to allow the analysis
of the fluidized bed only, excluding all surroundings. To simplify the analysis process, the
cropped RGB images were converted into greyscale ones. Each pixel in the grayscale
images has a value ranging from 0 to 255 expressing a so-called grey-value, which
indicates brightness. Gray-value 0 means the pixel is black and gray-value 255 means
white. The image processing routine can be summarized as follows:
(1) Transforming of Videos to RGB images frame by frame;
(2) Cropping of images to allow the analysis of the fluidized bed only;
(3) Transforming of RGB images to grayscale ones;
(4) Thresholding of the grayscale images to obtain binary images;
(5) Indexing of all bubbles inside the area;
(6) Filtering false bubbles and noise.
1. Threshold value
The critical step is to discriminate the bubbles from the dense phase. This is done by
choosing a threshold value to transform the grayscale images to binary ones, suitable for
objective identification. In binary pictures, all pixels with a gray-value larger than the
threshold are indicated as object pixels and are coloured white, represented by 1; all with
a value smaller are background and made black, represented by 0. This can be
accomplished by the following expression, relating the pixel coordinates l(x,y) of the
grayscale image to the pixel coordinates g(x,y) of the binary image for a given threshold δ:
g(x,y) = {

1

when l(x,y) ≥ δ;

0

when l(x,y) ≤ δ
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(B1)
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In the binary images, all pixels equal 1 are identified ad bubble phase pixels, while the
others are identified as dense phase. One of the crucial step in image processing is to choose
a proper threshold value, which has an impact one the detection of bubble boundaries. The
threshold is found automatically using so-called Ostu thresholding method, named after
Nobuyuki Ostu [1,2]. This algorithm assumes that the greyscale image contains two classes
of pixels following bi-modal histogram, that are foreground pixels (bubbles in the images)
and background pixels (dense phase in the images), it then calculates the optimum
threshold separating the two classes so that their within-class variance is minimal or their
between-class variance is maximal. The within-class (σw2) variance is defined as a
weighted sum of variances of the two classes:
σ2w (δ) = ω0 (δ) σ20 (δ) + ω1 (δ) σ21 (δ)

(B2)

where weights ω0 and ω1 are the probabilities of the two classes separated by a threshold
δ, σ02 and σ02 are variances of the two classes. The class probability ω0,1(δ) is calculated
from the L bins of the histogram:
ω0 (δ) = ∑δ-1
i=0 p(i)

(B3)

ω1 (δ) = ∑L-1
i=δ p(i) (B4)
where p(i) is the probability of each grey value. Ostu shows that minimizing the withinclass variance is the same as maximizing the between-class variance (σb2), which is far
quicker to calculate and more appropriate for implementations in Matlab:
σ2b (δ) = σ2 − σ2ω = ω0 (μ0 -μT )2 + ω1 (μ0 -μT )2 = ω0 (δ) ω1 (δ) [μ0 (δ) − μ1 (δ)]

2

(B5)

The between-class variance is expressed in terms of class probabilities ω and class means
μ. While the class mean μ0,1,T(δ) is :
μ0 (δ)=
μ1 (δ)=

∑δ-1
i=0 ip(i)
ω0 (δ)
∑L-1
i=δ ip(i)
ω1 (δ)

μT = ∑L-1
i=0 ip(i)

(B6)
(B7)
(B8)

The following relations can be easily verified:
ω0μ0 + ω1μ1 = μT

(B9)

ω0 + ω1 =1

(B10)
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As shown in Figure B1, Figure C1(a) is an RGB image, Figure B1(b) is a typical greyscale
image, while the its grey level distribution is shown in Figure B1(c) (the different frames
of the same run or different experimental runs give similar histograms), Figure B1(d) is the
binary image after thresholding and Figure B1(e) is the binary image with bubbles marked.
A threshold value of 60 can be obtained by combining the Otsu thresholding method and
visual observation, which is good for discriminating the bubble boundaries and removing
noise.
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Figure B1: Example of image analysis: (a) original image; (b) greyscale image; (c)
image histogram; (d) binary image; (e) image with bubble marked
2. Bubble diameter and bubble rise velocity
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The area of a bubble (Ab) is the number of pixels forming this bubble, and each bubble is
marked with a circle which has the same area by a function called Regionprops in Matlab.
The bubble centroid is the circle centroid, which is used to identify the bubble position in
the bed. Bubble area is calculated as follows:
Ab = ∑ b(xj ,yj ) = ∬ b(x,y) dx dy

(B11)

Bubble centroid coordinates can be computed as follows:
xc = ∬ x b(x,y) dx dy / Ab

(B12)

yc = ∬ y b(x,y) dx dy / Ab

(B13)

where the integrals are extended to the area occupied by analyzed bubbles.
Equivalent bubble diameter (db) is calculated as follows:
4Ab

db =√

π

(B13)

Every video was 500 frames, and was transformed into 500 pictures. 100 pictures were
selected evenly among the 500 pictures and were analyzed to identify bubble positions and
bubble diameter. D10, D50 and D90 were the mean bubble diameter at which 10%, 50%
and 90% of the sum of bubbles area is comprised of bubbles with a diameter less than these
values. For the purpose of calculating bubble rise velocity, several consecutive frames must
be compared. The bubble rise velocity can be found by comparing bubble centroid
positions in subsequent frames. Figure B2 shows 4 consecutive frames where one bubble
was marked in different positions (with Δt = 0.02s). Since the number of bubbles in the
fluidized bed of Group C+ and Group A particles was not large, it is reasonable to track
each bubble by observation. All bubbles in 500 frames that could be tracked by observation
were used to calculate the bubble rise velocity (ub):
ub =

yc (t+∆t)− yc (t)
∆t

(B14)

The velocity was attributed to the mean vertical position according to:
h=

yc (t+∆t) − yc (t)
2
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(B15)
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Figure B2: Four consecutive frames (with Δt = 0.02s) with one bubble marked in
different positions
3. Bubble diameters smaller than 1cm
Figure B3 shows the distribution of bubbles in different diameters in the fluidized bed
composed of FCC8.5+ particles at ug-umf = 9cm/s. In the fluidized bed of fine particles,
bubbles smaller than 1cm in diameter accounted for a large proportion of the overall
population. Those small bubbles were fairly uniformly distributed throughout the fluidized
bed. Although the 2-D fluidized bed was 1cm in depth, smaller bubbles were still visible
as much more lights penetrated through those areas than the dense phase. It is not advisable
to ignore all the small bubbles in the fluidized bed, but the bubbles that are too small in
size would result in a decrease in accuracy of the results., Plus, the identified objects
smaller than 0.2cm in diameter were close to the level of noises. Therefore, the lower cutoff size for the analysis of bubbles in the fluidized bed were chosen as 0.5cm.
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Figure B3: Distribution of bubbles in different diameters staring from 0.3cm (the
fluidized bed of FCC8.5+, ug-umf = 9cm/s)
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Appendix C: Measurement of ozone decomposition
The ozone decomposition reaction system consists of five components: ozone generation,
ozone sampling, ozone measurement, the fluidized bed and a fixed bed reactor. The fixed
bed reactor (16 mm i.d.) was used to monitor the catalyst reactivity before and after
experiments, keeping the catalyst reactivity constant.
1. Ozone generation
The ozone/oxygen mixture existing from the ozone generator (Model AE15M,
manufactured by Absolute Ozone Inc.) was mixed with air and then entered the fluidized
bed. The inlet ozone concentration (C0) was set to 120-140 ppm. The ozone generator was
preheated for 1 h before each experiment. To make sure the data reliable, it is necessary to
keep the inlet ozone concentration stable. C0 usually remained stable after running 5
minutes and kept constant during each experimental run, with fluctuations within the range
of ±1.5%, as shown in Figure C1. Figure C2 shows the fixed bed reactor and the ozone
generation.

Figure C1: Stability of the inlet ozone concentration with time
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Figure C2: Ozone generation system
2. Ozone sampling
To reduce ozone losses during sampling, brass tubes (6mm o.d. and 0.36 mm wall
thickness) which are a kind of ozone-inert materials were used as ozone sampling probes.
The tubes were mounted with type 316 stainless steel porous disks (pore size 2μm, 6mm
diameter, and 1.6mm thickness) to completely stop FCC particles in the fluidized bed from
entering the ozone measurement system. A type 304 stainless steel wire mesh with pore
size of 30.5μm was made in a hemispherical shape and loosely covered on the tip of the
brass tube. This dome-shaped top cover can mitigate the accumulation of particles near the
sampling probe tip and accurate measurement of ozone concentration. Figure C3 shows the
ozone sampling system. The velocity of sucking in gas sample was 1.5L/min, which was
low and would not affect the gas flow in the fluidized bed.
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Figure C3: Ozone sampling system
3. Ozone measurement
Ozone concentration was detected using Model 49i UV ozone analyzer manufactured by
Thermo Electron Inc. (Ohio, USA). It is a dual-cell photometer, having both sample and
reference air flowing at the same time. Each cell has a length of 37.84 cm and an inner
diameter of 0.91 cm, with the internal surfaces coated with polyvinylidine fluoride (PVDF)
to ensure that ozone undergoes no decomposition upon exposure to the internal surface of
the cells. The UV light source used in ozone photometers is 253.7 nm from a low-pressure
Hg discharge lamp. The light intensities in the sample air and the sample-free air are used
to calculate ozone concentration according to the Beer-Lamber law:
P T

1

I

C = (106 × PT0 ) σl ln( I0 )
0

(D1)

where I0 is the intensity of the light beam with no ozone present (cd), I is the intensity of
the light beam after passing through the sample (cd), l is the length path through the sample
(cm), C is the molar fraction of ozone in the sample (ppm), σ is the specific absorption
coefficient of ozone at wavelength 253.7nm,308cm-1, P is the pressure (mmHg), P0 is the
standard pressure (760mmHg), T is the temperature (K), and T0 is the standard temperature
(273.15K).
Figure C4 shows the schematic diagram of the TEI 49i ozone analyzer. The air sample is
pulled through the analyzer by an air pump at the exit of the analyzer. Ozone concentration
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of the air is measured in the cells using UV radiation. The solenoid valves operating under
computer control allow sample gas to pass through Cell A and reference gas (with ozone
depleted in an ozone scrubber) through Cell B, or vice versa, depending upon which cycle
the instrument is performing. The analyzer monitors temperature (accuracy ± 0.2°C),
pressure (accuracy ± 0.3 mmHg) and flow rates of the sample air in the cells.

Figure C4: Ozone analyzer
Before each ozone sampling and measurement cycle, the 3-way valve before the ozone
analyzer was switched to the room-air side to protect the ozone analyzer from the high
pressure (791 kPa) air flow. After sampling and measurement, the valve was switched to
the high-pressure-air side to blow away any particles accumulated on its tip and purge the
sampling probe. Each test repeated 3 times and the average value was used.
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Appendix D: Preparation of catalysts for ozone decomposition
Spent fluid catalytic cracking (FCC) particles are activated as the catalyst for ozone
decomposition by being impregnated with ferric nitrate solution at room temperature. The
impregnation process is shown in Figure D1.

Figure D1: Particle activation process
FCC particles are impregnated with a 41% Fe(NO3)3 solution for about 12 hours and
thereafter the wet particles are dried at 120°C for 6hrs in the oven followed by calcination
at 450°C for 4hrs. After calcination, iron nitrate is decomposed to iron oxide as the active
component loaded on the particles. After breaking up the agglomerates formed during
calcination using a ball mill, the resulting particles are sifted using a sieve with pore size
250μm. Scanning electron microscopy (SEM) images of the SFCC particles at 500
magnifications shown in Figure D2 suggest that, particles before and after impregnation
are similar in size distribution [1]. Table D1 shows the active component concentration of
FCC particles after impregnation. The impregnated FCC particles of three different sizes
have the similar active component concentration.
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Figure D2: (a) Original FCC particles; (b) Impregnated FCC particles
The activated and non-activated particles are sieved into different particle sizes (Group C
and Group A particles) and mixed together to control the overall activity of the particles.
Chemical activity of the catalysts used in the experiments is measured before and after each
run in the small fixed bed reactor (16mm I.D. and 25cm in height). For each measurement,
3g catalysts are loaded into the fixed bed reactor, and the inlet (C0) and outlet (C1) ozone
concentrations are measured to calculate the chemical activity (kr) using the equation:
kr = (Fρb/m) ln (C0/C1)

(E1)

where F is the gas flowrate, and ρb is the bulk density of particles. Table D2 shows the
physical properties and chemical reactivities of different catalysts.
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Table D1: The active component concentration of impregnated FCC particles
Impregnated Catalysts
FCC8.5
FCC20
FCC76

Analyte
Fe
Fe
Fe

Compound formula
Fe2O3
Fe2O3
Fe2O3

Concentration
7.86%
7.75%
9.28%

Table D2: Properties of impregnated FCC catalysts
Catalysts
FCC8.5
FCC20
FCC76
FCC32
FCC100
The

internal

D50 (μm)
8.5
20
76
32
100
porosity

ρp (kg/m3)
1780
1780
1780
1780
1780
and

pore

ρb (kg/m3)
509
627
874
921
953
size

distribution

kr (s-1)
1.32
1.36
1.36
1.50
1.76
was

Classification
Group C
Group C
Group A
Fine Group A
Group A

measured

using

N2

adsorption/desorption measurements (Quanta Autosorb-iQ). The total pore volumes of
FCC8.5+0.82% and FCC76 are 0.250 cm3/g and 0.254 cm3/g separately, and the results
of pore size distribution show in Figure D3.

Figure D3: Pore size distribution curves of FCC8.5+0.82% and FCC76
Reference
[1]

Wang, Chengxiu. High density gas-solids circulating fluidized bed riser and downer
reactors. Ph.D thesis. Western University, London, Canada, 2013.
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Appendix E: SEM images for different types of Group C+ particle

a

b

c

Figure E1: (a) GB10 virgin (x5K); (b) GB10+0.82% R972 (x5K); (c)
GB10+0.82%R972 (x10K)
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a

b

d

c

e

Figure E2: (a) PU10 virgin (x5K); (b) PU10+0.44% R972 (x5K); (c)
PU10+0.44%R972 (x10K); (d) PU10+0.82% R972 (x5K); PU10+0.82% R972 (x10K)
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a

b

c

Figure E3: (a) PU18 virgin (x3K); (b) PU10+0.44% R972 (x3K); (c)
PU10+0.44%R972 (x3K)
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a

b

d

c

e

Figure E4: (a) PU36 virgin (x2K); (b) PU36+0.44% R972 (x2K); (c)
PU36+0.44%R972 (x10K); (b) PU36+0.82% R972 (x2K); (c) PU36+0.82%R972
(x10K)
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a

b

Figure E5: (a) FCC8.5 virgin (x10K); (b) FCC8.5+0.82% R972 (x10K)
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a

b

c

Figure E6: (a) FCC20 virgin (x2.5K); (b) FCC20+0.82% R972 (x2.5K); (c)
FCC20+0.82% R972 (x10K)
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a

b

Figure E7: (a) FCC76 virgin (x500); (b) FCC76+0.82% R972 (x500)
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Appendix F: Raw data
Flowability
Powder

GB10

PU10

PU18

PU36

FCC8.5

FCC20

GB39
PU105

Nano% (v)
0
0.27
0.44
0.82
1.7
0
0.27
0.44
0.82
0
0.27
0.44
0.82
0
0.27
0.44
0.82
0
0.27
0.44
0.82
0
0.27
0.44
0.82
0
0.9
0
0.9

AOR (°)
53.0
48.5
46.3
45.5
46.0
52.5
47.1
44.6
45.2
50.6
45.6
42.2
44.3
49.6
42.3
39.4
42.0
49.8
51.6
50.8
51.5
39.0
41.5
42.5
44.4
34.0
33.0
39.5
38.1
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AVA (°)
64.4
61.2
58.7
57.5
59.1
63.9
58.8
55.0
54.3
59.4
55.5
52.0
52.3
56.1
49.8
49.3
50.8
53.4
51.8
51.8
52.8
54.8
58.1
59.7
60.6
46.0
45.0
49.5
49.0

Cohesion (kPa)
1.27
0.93
0.92
0.85
0.85
0.99
0.60
0.35
0.35
1.00
0.38
0.23
0.35
0.36
0.06
0.001
0.001
0.45
0.47
0.56
0.41
0.00
0.09
0.00
0.00
0.05
0.00
0.03
0.00
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Raw data for chapter 3
Normalized pressure drop across the whole bed
GB10
ug (cm/s)
ΔP (-)
9.8
0.08
9.0
0.11
8.2
0.11
7.4
0.11
6.6
0.11
5.7
0.10
4.9
0.09
4.0
0.08
2.5
0.06
1.6
0.06
0
0

GB10+0.27%
ug (cm/s)
ΔP (-)
12.3
0.91
11.5
0.91
10.7
0.89
9.9
0.91
9.0
0.47
8.2
0.34
7.4
0.16
6.2
0.13
4.1
0.10
2.1
0.08
0
0

GB10+0.44%
ug (cm/s)
ΔP (-)
12.3
0.85
11.5
0.85
10.7
0.85
9.4
0.85
8.6
0.95
7.8
0.53
6.2
0.42
4.9
0.45
4.1
0.08
2.1
0.05
0
0

GB10+0.82%
ug (cm/s)
ΔP (-)
11.5
0.96
10.3
0.96
9.0
0.96
8.2
0.96
6.6
0.92
5.7
0.66
4.9
0.52
4.1
0.27
3.3
0.20
1.6
0.09
0
0

PU10
ug (cm/s)
ΔP (-)
6.6
0.26
5.7
0.26
5.0
0.26
4.1
0.20
3.6
0.18
3.0
0.13
2.5
0.10
1.9
0.08
1.3
0.05
0.7
0.01
0
0

PU10+0.27%
ug (cm/s)
ΔP (-)
8.2
0.83
7.4
0.83
6.6
0.83
5.7
0.83
4.9
0.20
4.1
0.15
3.3
0.08
2.5
0.05
1.2
0.03
0
0

PU10+0.44%
ug (cm/s)
ΔP (-)
7.0
0.85
5.7
0.85
4.9
0.85
4.1
0.85
3.3
0.15
2.5
0.1
1.6
0.07
0
0

PU10+0.82%
ug (cm/s)
ΔP (-)
7.4
0.91
6.6
0.91
5.7
0.89
4.9
0.89
4.1
0.91
3.3
0.91
2.5
0.91
2.3
0.86
1.8
0.07
1.3
0.06
0
0
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PU18
ug (cm/s)
ΔP (-)
7.4
0.13
6.6
0.13
5.5
0.13
4.8
0.10
3.9
0.08
3.3
0.07
2.8
0.06
2.4
0.06
1.6
0.04
1.3
0.04
0.8
0.01
0
0

PU18+0.27%
ug (cm/s)
ΔP (-)
6.6
0.95
5.9
0.95
5.2
0.95
4.5
0.95
4.1
0.95
3.9
0.96
3.5
0.09
2.9
0.06
2.0
0.04
1.0
0.01
0
0

PU18+0.44%
ug (cm/s)
ΔP (-)
6.6
0.99
6.2
0.99
5.4
0.99
4.5
0.99
3.6
0.99
3.1
0.95
2.9
0.95
2.5
0.28
1.8
0.12
0.9
0.05
0.6
0.03
0
0

PU18+0.82%
ug (cm/s)
ΔP (-)
8.2
0.94
7.4
0.94
6.6
0.94
5.7
0.94
4.9
0.94
4.1
0.92
3.7
0.92
3.3
0.91
2.9
0.47
2.5
0.54
1.6
0.04
0
0

PU36
ug (cm/s)
ΔP (-)
5.1
0.14
4.3
0.11
3.7
0.10
3.0
0.07
2.5
0.06
2.1
0.04
1.1
0.03
0.7
0.01
0
0

PU36+0.27%
ug (cm/s)
ΔP (-)
5.7
0.96
4.9
0.96
4.1
0.94
3.1
0.92
2.5
0.85
1.6
0.76
0.8
0.63
0.6
0.59
0
0

PU36+0.44%
ug (cm/s)
ΔP (-)
6.6
1.02
6.1
1.03
5.3
1.03
4.4
1.03
3.3
1.03
2.7
0.95
2.2
0.92
1.6
0.91
1.2
0.85
0.7
0.74
0
0

PU36+0.82%
ug (cm/s)
ΔP (-)
5.7
0.95
4.8
0.90
4.1
0.88
3.3
0.83
2.4
0.81
1.6
0.71
1.1
0.64
0.6
0.52
0
0
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GB39
ug (cm/s)
ΔP (-)
8.2
0.93
7.2
0.93
6.6
0.93
5.7
0.90
5.0
0.90
4.1
0.91
3.3
0.91
2.6
0.91
1.6
0.92
1.3
0.91
0.7
0.88
0.4
0.57
0
0

GB65
ug (cm/s)
ΔP (-)
8.2
0.95
7.2
0.99
6.6
0.99
5.7
0.98
5.0
1.00
4.1
1.00
3.3
0.99
2.6
0.97
1.6
0.99
1.3
0.98
0.7
0.97
0.4
0.26
0
0

Minimum fluidization velocity
Powder

GB10

PU10

PU18

PU36

GB39
PU105

Nano% (v)
0
0.27
0.44
0.82
0.9
1.7
0
0.27
0.44
0.82
0
0.27
0.44
0.82
0
0.27
0.44
0.82
0
0.9
0
0.44

umf (cm/s)
9.8
8.4
6.2
3
4
5.7
4.1
2.3
3.8
2.8
3.2
0.8
0.6
0.9
0.8
0.8
0.5
0.5
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Bed expansion ratio
GB10
ug (cm/s) BER (-)
0.0
1.00
0.7
1.00
1.6
1.02
2.5
1.04
3.3
1.10
4.0
1.08
4.9
1.09
5.7
1.08
6.6
1.10
7.4
1.10
8.2
1.10
9.0
1.10
9.9
1.10

GB10+0.27%
ug (cm/s) BER (-)

PU10
ug (cm/s) BER (-)
0.0
1.0
1.6
2.6
3.4
4.1
5.1
5.8
6.6
7.4
8.2

1.00
1.16
1.17
1.16
1.14
1.11
1.14
1.14
1.14
1.14
1.17

GB10+0.44%
ug (cm/s) BER (-)
0.0
1.00
2.1
1.05
2.9
1.07
4.1
1.12
4.9
1.15
5.7
1.32
6.6
1.80
8.2
1.88
10.3
1.97
11.5
2.01

GB10+0.82%
ug (cm/s) BER (-)

PU10+0.27%
ug (cm/s) BER (-)

PU10+0.44%
ug (cm/s) BER (-)

PU10+0.82%
ug (cm/s) BER (-)

0.0
1.6
2.5
2.9
3.7
4.5
5.3
6.2
7.0
7.8
8.6
9.5

0.0
1.6
2.5
3.7
4.5
5.3
6.6
7.4
8.6

0.0
1.2
2.1
2.9
3.7
4.5
5.8
7.0
8.2

0.0
2.1
2.9
4.1
5.7
6.6
7.4
8.2
9.0
10.3
11.5

1.00
1.07
1.09
1.13
1.17
1.17
1.17
1.13
1.48
1.70
1.83

1.00
1.03
1.06
1.06
1.15
1.58
1.76
1.82
1.88
2.06
2.12
2.15
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1.00
1.06
1.29
1.68
1.74
1.81
2.00
2.10
2.29

0.0
0.7
1.7
2.5
3.3
4.1
4.8
5.7
6.5
7.3
8.1
9.0
9.9
10.7

1.00
1.09
1.43
1.57
1.61
1.85
1.91
1.97
2.01
2.11
2.17
2.22
2.26
2.30

1.00
1.07
1.26
1.40
1.69
1.77
1.83
1.91
1.94
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PU18
ug (cm/s) BER (-)

PU18+0.27%
ug (cm/s) BER (-)

PU18+0.44%
ug (cm/s) BER (-)

PU18+0.82%
ug (cm/s) BER (-)

0.0
0.6
1.1
1.6
2.5
3.5
4.4
5.1
5.5
6.6

0.0
1.6
2.8
3.5
4.4
5.5
6.2
6.8

0.0
0.9
2.6
4.1
4.7
6.2
7.0
8.2
9.9

0.0
0.8
1.6
2.5
3.3
4.1
4.9
5.8
6.4

1.00
1.09
1.09
1.12
1.14
1.15
1.17
1.17
1.17
1.17

1.00
1.10
1.14
1.14
1.34
1.48
1.55
1.62

1.00
1.11
1.35
1.70
1.74
1.81
1.81
1.89
2.00

1.00
1.05
1.16
1.24
1.42
1.51
1.56
1.63
1.67

PU36
ug (cm/s) BER (-)

PU36+0.27%
ug (cm/s) BER (-)

PU36+0.44%
ug (cm/s) BER (-)

PU36+0.82%
ug (cm/s) BER (-)

0.0
0.4
1.2
2.0
2.8
3.6
4.5
5.1
5.8
6.6
7.4
8.2

0.0
1.2
2.1
2.9
3.7
4.5
5.3
6.6
8.2

0.0
1.6
2.9
3.7
4.9
5.8
6.6
7.4
8.2
9.9

0.0
1.2
2.1
2.9
4.1
4.9
5.8
6.6
7.4
8.2

1.00
1.10
1.10
1.10
1.17
1.17
1.17
1.21
1.21
1.21
1.24
1.24

GB39
ug (cm/s) BER (-)
9.8
1.28
9.0
1.24
8.2
1.21
7.4
1.18
6.6
1.15
5.7
1.12
4.9
1.11
4.1
1.11
3.3
1.11
2.5
1.10
1.6
1.08
0.8
1.05
0.4
1.01
0
1.00

1.00
1.16
1.37
1.47
1.58
1.63
1.74
1.79
1.84

GB39+0.82%
ug (cm/s) BER (-)
9.9
1.31
9.0
1.31
8.2
1.28
7.4
1.24
6.6
1.21
5.7
1.19
4.9
1.16
4.1
1.13
3.3
1.10
2.5
1.08
1.7
1.06
1.1
1.04
0.5
1.01
0.0
1.00

1.00
1.29
1.50
1.58
1.73
1.81
1.85
1.88
1.92
2.04

PU105
ug (cm/s) BER (-)
9.9
1.29
8.2
1.26
7.4
1.25
6.6
1.25
5.7
1.24
4.9
1.19
4.1
1.18
3.3
1.14
2.5
1.14
1.6
1.14
0
1.00
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1.00
1.12
1.18
1.29
1.47
1.59
1.65
1.76
1.76
1.82

PU105+0.44%
ug (cm/s) BER (-)
9.9
1.48
9.0
1.44
8.2
1.36
7.0
1.32
6.2
1.24
4.9
1.16
4.1
1.16
3.3
1.12
2.5
1.12
1.6
1.12
0
1.00
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Bed voidage
GB10+0.82%
ug (cm/s) εb (-)
0.0
0.63
0.6
0.66
1.4
0.74
2.0
0.76
2.7
0.77
3.3
0.80
3.9
0.81
4.7
0.81
5.3
0.82
5.9
0.82
6.6
0.83
7.3
0.83
8.0
0.84
8.7
0.84
9.7
0.85

PU10+0.44%
ug (cm/s) εb (-)
0.53
0.0
0.56
1.6
0.64
2.5
0.72
3.7
0.73
4.5
0.74
5.3
0.77
6.6
0.78
7.4
0.79
8.6

GB39+0.82%
ug (cm/s)
εb (-)

PU105+0.44%
ug (cm/s)
εb (-)

0.0
0.3
0.7
1.3
2.0
2.7
3.3
4.1
4.7
5.3
6.0
6.7
7.3
7.9

0.0
1.6
2.5
3.3
4.1
4.9
6.2
7.0
8.2
9.0
9.9

0.49
0.51
0.51
0.53
0.54
0.54
0.55
0.56
0.57
0.59
0.60
0.60
0.60
0.61

PU18+0.44%
ug (cm/s) εb (-)
0.46
0.0
0.51
0.9
0.60
2.6
0.68
4.1
0.69
4.7
0.70
6.2
0.70
7.0
0.71
8.2
0.73
9.9

0.40
0.46
0.46
0.46
0.48
0.48
0.52
0.55
0.56
0.58
0.59
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PU36+0.44%
ug (cm/s) εb (-)
0.43
0.0
0.56
1.6
0.62
2.9
0.64
3.7
0.67
4.9
0.68
5.8
0.69
6.6
0.70
7.4
0.70
8.2
0.72
9.9
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Raw data for chapter 4
Bed collapse test (H0 =15cm)
ug
(cm/s)
12.5
11.5
10.3
9.4
8.2

GB10+0.27%
Ht
Hd
(cm) (cm)
26.0 21.8
24.3 20.2
25.8 21.3
16.9 16.6
16.6 16.0

εd
(-)
0.75
0.73
0.74
0.67
0.67

PU10+0.27%
ug
Ht
Hd
(cm/s) (cm) (cm)
11.5
37.7 28.3
10.3
33.6 26.5
8.2
27.6 22.4
7.4
25.0 20.2
6.2
24.8 19.3
4.9
21.9 17.7
4.1
20.0 18.4

εd
(-)
0.75
0.73
0.69
0.65
0.63
0.60
0.62

PU18+0.27%
Ht
Hd
(cm) (cm)
33.8 25.5
31.8 25.1
30.7 24.7
27.6 23.4
25.5 22.0
24.3 20.4
21.7 19.1
15
15

εd
(-)
0.68
0.68
0.67
0.65
0.63
0.60
0.58
0.46

ug
(cm/s)
11.5
10.3
8.2
7.4
6.2
4.9
4.1
3.3

ug
(cm/s)
11.5
10.3
9.4
8.2
7.4

GB10+0.44%
Ht
Hd
(cm) (cm)
29.7 25.9
23.7 19.3
21.3 19.2
21.6 20.0
16.8 16.0

εd
(-)
0.79
0.71
0.71
0.72
0.63

PU10+0.44%
ug
Ht
Hd
(cm/s) (cm) (cm)
11.5
42.8 31.3
10.3
40.0 32.3
8.2
36.1 28.7
7.4
35.1 28.7
6.2
33.4 28.3
4.9
31.5 27.2
4.1
28.7 26.1
3.3
21.9 20.3
2.5
16.1 15.5

εd
(-)
0.77
0.78
0.75
0.75
0.75
0.74
0.73
0.65
0.55

PU18+0.44%
Ht
Hd
(cm) (cm)
33.6 25.4
32.4 25.4
30.9 24.9
30.4 24.4
28.4 24.0
23.7 20.4
15
15

εd
(-)
0.68
0.68
0.67
0.67
0.66
0.60
0.46

ug
(cm/s)
11.5
10.3
8.2
7.4
6.2
4.9
2.5
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GB10+0.82%
Ht
Hd
(cm) (cm)
30.8 26.8
31.8 28.3
27.7 25.0
27.6 26.0
26.9 24.7
17.3 16.9

εd
(-)
0.79
0.80
0.78
0.79
0.77
0.67

PU10+0.82%
ug
Ht
Hd
(cm/s) (cm) (cm)
11.5
41.5 31.5
10.3
36.2 28.5
8.2
34.9 27.9
7.4
33.9 26.1
6.2
31.6 27.1
4.9
22.4 20.4
3.3
15.1 15.1

εd
(-)
0.78
0.75
0.75
0.73
0.74
0.65
0.53

PU18+0.82%
Ht
Hd
(cm) (cm)
34.4 25.7
34.5 26.6
28.7 23.2
28.7 23.8
27.0 22.6
23.2 20.7
22.7 21.0
18.3 16.5
15
15

εd
(-)
0.69
0.70
0.65
0.66
0.64
0.61
0.61
0.51
0.46

ug
(cm/s)
11.5
10.3
8.2
7.4
6.2
4.9

ug
(cm/s)
11.5
10.3
8.2
7.4
6.2
4.9
4.1
3.3
2.5
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PU36+0.27%
ug
Ht
Hd
(cm/s) (cm) (cm)
11.5
30.5 20.7
10.3
28.9 20.9
8.2
26.4 19.9
7.4
26.4 20.5
6.2
27.8 19.9
4.9
24.0 19.9
4.1
21.5 17.9
3.3
20.7 19.1
2.5
19.1 17.9
0.41
15
15

FCC8.5+0.27%
ug
Ht
Hd
(cm/s) (cm) (cm)
13
32.2 24.0
11.5
28.2 21.5
9.8
26.5 19.0
8.2
15
15

FCC76
ug
Ht
Hd
(cm/s) (cm) (cm)
12.3
21.2 19.4
10.7
21.4 19.2
9
21.0 19.2
7.4
20.9 19.4
5.8
20.8 19.2
4.1
20.7 20.1
2.5
21.4 20.8
1.2
22.6 22.2
0
15
15

εd
(-)
0.59
0.59
0.57
0.58
0.57
0.57
0.52
0.55
0.52
0.43

PU36+0.44%
ug
Ht
Hd
(cm/s) (cm) (cm)
11.5
31.4 22.4
10.3
29.2 22.1
8.2
27.6 21.7
7.4
26.5 21.4
6.2
25.4 21.0
4.9
23.8 20.6
4.1
23.2 20.8
3.3
22.1 20.6
2.5
21.0 19.9
0.41
15
15

εd
(-)
0.82
0.80
0.77
0.71

FCC8.5+0.44%
ug
Ht
Hd
(cm/s) (cm) (cm)
13
32.8 27.1
11.5
31.6 25.3
9.8
28.5 24.6
8.2
15.1 15.1

εd
(-)
0.84
0.83
0.82
0.71

PU90
ug
Ht
Hd
(cm/s) (cm) (cm)
9.8
20.4 15.5
8.2
20.7 16.1
6.6
16.2 15.1
4.9
16.1 15.1
0
15
15

εd
(-)
0.44
0.46
0.42
0.42
0.42

εd
(-)
0.61
0.60
0.60
0.61
0.60
0.62
0.63
0.66
0.49
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εd
(-)
0.62
0.61
0.61
0.60
0.59
0.58
0.59
0.58
0.57
0.43

PU36+0.82%
ug
Ht
Hd
(cm/s) (cm) (cm)
11.5
35.5 22.4
10.3
32.5 22.0
8.2
29.6 21.2
7.4
28.6 22.0
6.2
26.7 21.0
4.9
24.7 20.8
4.1
23.8 20.1
3.3
21.8 19.5
2.5
18.9 17.9
0.41
15
15

εd
(-)
0.62
0.61
0.60
0.61
0.59
0.59
0.57
0.56
0.52
0.43

FCC8.5+0.82%
ug
Ht
Hd
(cm/s) (cm) (cm)
13
29.7 26.1
11.5
29.0 26.4
9.8
28.2 26.4
8.2
25.4 23.4
6.6
15.1 15

εd
(-)
0.83
0.84
0.84
0.81
0.71
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Raw data for chapter 5
Normalized pressure drop across the whole bed
Ar
ug
(cm/s)
7.1
6.5
5.5
4.8
3.9
3.2
2.6
1.6
1.0
0

Air
ΔP
(-)
0.86
0.87
0.86
0.86
0.84
0.80
0.44
0.34
0.08
0.00

ug
(cm/s)
9.5
8.3
7.6
6.4
5.7
4.5
3.8
3.0
1.9
1.1
0

ΔP
(-)
0.89
0.89
0.89
0.87
0.86
0.79
0.67
0.39
0.19
0.07
0.00

GB10+0.82%
N2
ug
ΔP
(cm/s)
(-)
11.7
0.83
10.1
0.84
9.0
0.79
7.8
0.75
6.6
0.74
5.8
0.70
4.7
0.58
3.9
0.36
2.7
0.04
1.9
0.02
0
0.00

He
ug
(cm/s)
11.4
10.2
8.1
6.9
6.1
5.3
4.5
4.1
3.3
2.4
1.6
0

H2
ΔP
(-)
1.00
0.98
0.95
0.91
0.89
0.81
0.62
0.59
0.47
0.14
0.09
0.00

ug
(cm/s)
15.6
13.0
10.4
9.1
7.8
6.5
5.2
3.2
1.9
0

ΔP
(-)
0.78
0.66
0.78
070
0.66
0.58
0.55
0.58
0.08
0.00

PU17+0.82%
Ar
ug (cm/s)
4.7
4.1
3.5
2.8
2.4
1.9
1.6
1.3
1.1
0.9
0.8
0.6
0.5
0

ΔP (-)
0.99
0.99
0.99
0.99
1.00
1.00
0.99
0.97
0.96
0.94
0.93
0.97
0.72
0.00

Air
ug (cm/s)
5.5
4.6
3.7
2.8
2.0
1.5
1.1
0.9
0.7
0.6
0

ΔP (-)
0.96
0.96
0.96
0.97
0.96
0.94
0.93
0.92
0.88
0.79
0
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He
ug (cm/s) ΔP (-)
5.7
0.97
4.9
0.95
4.1
0.96
3.3
0.95
2.4
0.96
1.9
0.95
1.6
0.94
1.3
0.94
1.0
0.89
0.8
0.88
0.6
0.88
0.4
0.82
0
0.00

H2
ug (cm/s)
6.8
5.9
4.9
4.1
3.2
2.7
2.2
1.6
1.4
0.9
0.7
0

ΔP (-)
1.02
1.01
1.00
1.00
0.99
0.98
0.97
0.96
0.97
0.92
0.89
0.00
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PU22+0.82%
Ar
ug (cm/s)
4.7
4.1
3.5
2.8
2.4
1.9
1.6
1.3
0.9
0.8
0.6
0.5
0

ΔP (-)
0.97
0.97
0.97
0.98
0.97
0.98
0.97
0.98
0.97
0.96
0.93
0.88
0

Air
ug (cm/s)
5.5
4.6
3.7
2.8
2.0
1.5
1.1
0.9
0.7
0.5
0

ΔP (-)
0.99
0.98
0.99
0.99
0.99
0.99
0.98
0.97
0.95
0.85
0

He
ug (cm/s)
5.7
4.9
4.1
3.3
2.6
2.0
1.5
1.1
0.9
0.8
0.6
0

H2
ΔP (-) ug (cm/s)
0.99
6.8
0.99
5.7
0.98
4.6
0.98
3.5
0.97
2.7
0.97
1.9
0.98
1.4
0.99
0.9
0.98
0.7
0.98
0
0.95
0

ΔP (-)
0.89
0.92
0.94
0.94
0.95
0.98
0.98
0.93
0.91
0

Minimum fluidization velocity and BER at 10cm/s
Ar
Nano%
0.27
0.44
0.82

umf
(cm/s)
0.70
0.60
0.60

BER
(-)
2.60
2.74
2.63
Ar

Nano%
0.27
0.44
0.82

umf
(cm/s)
0.90
0.50
0.50

BER
(-)
2.3
2.64
2.7

PU17
Air
umf
BER
(cm/s)
(-)
0.80
2.35
0.80
2.50
0.65
2.45
PU22
Air
umf
BER
(cm/s)
(-)
1.10
2.23
0.80
2.30
0.60
2.40
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He
umf
(cm/s)
0.75
0.65
0.50

H2
BER
(-)
2.20
2.30
2.36

umf
BER
(cm/s)
(-)
0.85
1.63
0.70
1.64
0.70
1.81

BER
(-)
2.08
2.26
2.35

H2
umf
BER
(cm/s) (-)
1.00
1.59
0.85
1.72
0.70
1.82

He
umf
(cm/s)
1.05
0.60
0.55
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Bed expansion ratio
Ar
ug
(cm/s)
0
0.9
1.6
2.6
3.2
4.2
4.8
5.8
6.8
8.1
9.7

Air
BER
(-)
1.00
1.04
1.17
1.48
1.52
1.74
1.78
1.83
1.87
1.91
2.00

ug
(cm/s)
0
1.1
1.9
3.0
4.2
5.7
6.8
7.9
9.5
11.3

BER
(-)
1.00
1.00
1.02
1.28
1.41
1.64
1.73
1.81
1.90
1.99

GB10+0.82%
N2
ug
BER
(cm/s)
(-)
0
1.00
1.2
1.02
1.9
1.02
3.1
1.07
3.9
1.22
4.7
1.38
5.8
1.53
7.0
1.58
7.8
1.63
8.5
1.68
9.7
1.73
10.9
1.78
11.7
1.84

He
ug
(cm/s)
0
2.0
3.2
4.1
5.3
6.1
7.3
8.1
9.8
11.0
12.2

H2
BER
(-)
1.00
1.14
1.24
1.33
1.52
1.57
1.67
1.71
1.76
1.81
1.85

ug
(cm/s)
0
3.2
5.2
6.5
8.4
9.7
11.7
13.0

BER
(-)
1.00
1.05
1.05
1.05
1.19
1.28
1.33
1.38

PU17+0.82%
Ar
ug (cm/s) BER (-)
0
1.00
1.0
1.76
1.9
2.19
2.9
2.32
3.9
2.38
4.8
2.42
5.8
2.46
6.7
2.54
7.7
2.59
8.7
2.63
9.7
2.77

Air
ug (cm/s) BER (-)
0
1.00
1.1
1.86
2.3
2.04
3.8
2.17
5.3
2.27
6.8
2.35
8.3
2.39
9.8
2.45
11.4
2.58

He
ug (cm/s) BER (-)
0
1.00
1.2
1.44
2.0
2.01
2.8
2.18
4.1
2.21
5.7
2.25
7.3
2.28
9.8
2.37
12.2
2.54
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H2
ug (cm/s)
0
2.0
2.6
3.9
5.2
6.5
7.8
9.1
10.4
11.7
13.0

BER (-)
1.00
1.43
1.58
1.65
1.68
1.69
1.72
1.74
1.77
1.80
1.85
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PU22+0.82%
Ar
ug (cm/s) BER (-)
0
1.00
1.0
2.02
1.9
2.12
3.2
2.18
4.5
2.27
5.8
2.41
7.1
2.47
8.4
2.56
9.7
2.70

Air
ug (cm/s) BER (-)
0
1
1.1
1.89
2.3
1.93
3.8
1.97
5.3
2.04
6.8
2.13
8.3
2.27
9.8
2.40
11.3
2.51

He
ug (cm/s)
0
1.2
2.4
4.1
5.7
7.3
9.0
10.6
12.2

BER (-)
1.00
1.57
1.82
1.91
1.99
2.09
2.24
2.36
2.51

H2
ug (cm/s) BER (-)
0
1.00
2.0
1.66
3.9
1.69
5.8
1.72
7.8
1.75
9.7
1.82
11.7
1.89
13.0
1.96

Bed collapse test at 8.14cm/s (H0=10cm)
Gas
Ar
Air
He
H2

PU17+0.27%
Ht (cm) Hd (cm)
25
20.1
22.5
18.0
20.0
17.2
15.6
13.5

εd (-)
0.68
0.64
0.63
0.53

PU17+0.44%
Ht (cm) Hd (cm)
26
20.8
23.6
18.2
20.8
17.2
16
14.0

Gas
Ar
Air
He
H2

PU22+0.27%
Ht (cm) Hd (cm)
21.5
15.7
20.1
15.8
19.5
14.4
15.5
12.5

PU22+0.44%
εd (-) Ht (cm) Hd (cm)
0.61 24.0
18.0
0.61 21.8
16.4
0.58 21.0
17.2
0.51 15.9
13.2

Gas
Ar
Air
N2
He
H2

GB10+0.82%
Ht (cm) Hd (cm)
18.3
16.8
18.3
16.4
17.0
15.7
15.7
14.8
13.0
12.2

εd (-)
0.78
0.77
0.76
0.75
0.70

356

PU17+0.82%
Ht (cm) Hd (cm)
25.6
19.6
22.7
18.4
22.6
18.4
16.4
14.2

εd (-)
0.67
0.65
0.65
0.55

PU22+0.82%
εd (-) Ht (cm) Hd (cm)
0.66 26.7
20.0
0.63 22.7
17.7
0.65 22.0
16.7
0.54 16.7
13.5

εd (-)
0.70
0.66
0.63
0.55

εd (-)
0.69
0.65
0.63
0.54

357

Mixed gases as the fluidizing gas (PU22+0.82%)
Mixed gas-1
ug (cm/s) BER (-)
0
1.00
1.3
1.67
2.7
1.70
4.7
1.76
6.7
1.82
9.3
1.91
12.0
2.01
13.3
2.09

Mixed gas-2
ug (cm/s) BER (-)
0
1.00
0.7
1.11
1.4
1.74
2.7
1.85
4.0
1.97
5.4
2.08
6.7
2.18
8.0
2.31
10.1
2.38

He
ug (cm/s)
0
1.2
2.4
4.1
5.7
7.3
9.0
10.6
12.2

Bed collapse test at 8.14 cm/s (H0=10cm)
Gas
Mixed gas-1
Mixed gas-2
He

Ht (cm)
18.0
22.1
22.0

Hd (cm)
13.6
17.4
16.4

εd (-)
0.55
0.65
0.63

357

BER (-)
1.00
1.57
1.82
1.91
1.99
2.09
2.24
2.36
2.51

358

Raw data for chapter 6
Bubble diameter distribution along the bed height at ug-umf = 12 cm/s (H0=26cm)
Height (cm)
7.5
14.8
25.2
34.6
44.9
53.2
63.0

FCC8.5+
D10 (cm)
D50 (cm)
0.74
1.52
0.87
1.59
0.70
1.51
0.77
1.74
0.69
1.48
0.60
2.02
0.65
1.04

D90 (cm)
2.59
2.73
2.05
2.47
2.21
2.30
1.39

Height (cm)
43.5
38.3
32.4
26.7
20.0
15.0
10.2

GB10+
D10 (cm)
D50 (cm)
0.81
1.65
0.76
2.06
0.85
1.58
0.76
1.23
0.61
1.02
0.66
1.14
0.70
1.45

D90 (cm)
3.29
4.31
2.59
2.28
1.52
2.15
1.79

Height (cm)
8.4
12.5
17.6
22.9
27.6
31.0

FCC76
D10 (cm)
D50 (cm)
0.58
0.78
0.71
2.11
1.02
2.22
0.96
2.91
1.18
3.45
0.82
1.85

D90 (cm)
1.42
2.26
3.63
4.68
4.92
2.99

358

359

D50 vs. ug-umf
ug-umf (cm/s)
25.0
21.5
18.5
15.5
12.0
9.0
6.0

ug-umf (cm/s)
25.0
21.5
18.5
15.5
12.0
9.0
6.0

FCC8.5+

GB10+

1.58
1.60
1.30
1.37

1.44
1.64
1.70
1.95

FCC76
4.17
3.30
3.52
2.99
2.68
2.10
1.84

Top

FCC8.5+
Middle Bottom Top

2.84
2.08
1.63
2.74

3.24
2.34
2.47
1.80

2.80
2.71
1.62
2.02

2.21
3.85
2.91
3.56

GB10+
Middle Bottom Top
6.95
5.57
4.42
2.20
1.90
4.90
2.28
1.88
3.80
2.83
1.64
3.40
3.10
1.20
6.95

FCC76
Middle Bottom
4.70
2.43
5.60
2.40
4.21
2.50
3.80
1.50
2.50
0.85
2.73
1.10
4.70
2.43

Bubble rise velocity (H0=26cm)
u g-umf =6.0cm/s
Height
ub
(cm)
(m/s)
17.5
0.33
25.9
0.24
34.1
0.29

FCC8.5+
u g-umf =9.0cm/s
u g-umf =12.0cm/s
Height
ub
Height
ub
(cm)
(m/s)
(cm)
(m/s)
6.1
0.21
9.2
0.34
17.6
0.28
16.22
0.35
33.6
0.30
32.2
0.28
44.2
0.27
45.8
0.33

u g-umf =6.0cm/s
Height
ub
(cm)
(m/s)
9.6
0.28
18.9
0.37
31.7
0.54

GB10+
u g-umf =9.0cm/s
u g-umf =12.0cm/s
Height
ub
Height
ub
(cm)
(m/s)
(cm)
(m/s)
8.0
0.29
10.5
0.23
20.6
0.38
19.5
0.39
32.4
0.46
32.7
0.44
41.3
0.37
42.8
0.43

359

u g-umf =15.5cm/s
Height
ub
(cm)
(m/s)
8.1
0.38
18.2
0.51
34.0
0.60
50.0
0.47

u g-umf =15.5cm/s
Height
ub
(cm)
(m/s)
19.1
0.26
34.5
0.39
45.1
0.38

360

FCC8.5+
Height (cm)
ub (m/s)
8.1
0.38
18.2
0.51
34.0
0.60
50.0
0.47

FCC8.5+
Height (cm)
ub (m/s)
6.1
0.21
17.6
0.28
33.6
0.30
44.2
0.27

db (cm)
0.72
0.88
1.13
1.39
1.61
1.82
2.05
2.38

db (cm)
0.97
1.30
1.68
2.22
2.82
4.60

FCC8.5+
ub (m/s)
0.29
0.29
0.45
0.49
0.49
0.50
0.48
0.59

FCC8.5+
ub (m/s)
0.25
0.22
0.38
0.34
0.59
0.61

u g-umf =15.5cm/s
GB10+
Height (cm)
ub (m/s)
19.1
0.26
34.5
0.39
45.1
0.38

FCC76
Height (cm)
ub (m/s)
15.9
0.50
22.6
0.60
28.8
0.47

u g-umf =9.0cm/s
GB10+
Height (cm)
ub (m/s)
8.0
0.29
20.5
0.38
32.4
0.46
41.3
0.37

FCC76
Height (cm)
ub (m/s)
11.7
0.28
15.6
0.35
22.4
0.39
27.6
0.43

u g-umf =15.5cm/s
GB10+
db (cm)
ub (m/s)
0.84
0.22
1.28
0.32
1.72
0.34
2.23
0.50
2.80
0.49
3.68
0.53

u g-umf =12.0cm/s
GB10+
db (cm)
ub (m/s)
1.36
0.32
1.73
0.37
2.25
0.43
2.76
0.63
3.20
0.53
3.77
0.62

360

db (cm)
0.79
1.25
1.79
2.24
2.77
3.22
3.75
4.30
4.69
5.03
6.23

FCC76
ub (m/s)
0.24
0.25
0.36
0.58
0.48
0.67
0.63
0.62
0.65
0.72
0.52

db (cm)
1.27
1.72
2.17
2.87
3.68
4.13
5.25

FCC76
ub (m/s)
0.45
0.47
0.45
0.51
0.55
0.54
0.78

361

FCC8.5+
db (cm)
ub (m/s)
0.86
0.15
1.27
0.25
1.67
0.29
2.21
0.26
2.76
0.34
3.79
0.52

FCC8.5+
db (cm)
ub (m/s)
0.84
0.20
1.24
0.22
1.77
0.31
2.25
0.31
2.60
0.35
3.33
0.39

u g-umf =9.0cm/s
GB10+
db (cm)
ub (m/s)
0.82
0.20
1.29
0.35
1.70
0.41
2.21
0.49
2.65
0.42
3.25
0.59
3.91
0.62
u g-umf =6.0cm/s
GB10+
db (cm)
ub (m/s)
0.81
0.21
1.25
0.34
1.77
0.44
2.28
0.52
2.76
0.53
3.22
0.61
3.59
0.64

361

db (cm)
0.90
1.25
1.70
2.17
2.71
3.33
3.64

FCC76
ub (m/s)
0.32
0.42
0.24
0.36
0.33
0.49
0.59

db (cm)
1.31
1.76
2.20
2.75
4.15

FCC76
ub (m/s)
0.20
0.31
0.37
0.31
0.49

362

Raw data for chapter 7
Bubble rise velocity vs. bed height (H0=26cm)
u g-umf =6.0cm/s
Height
ub
(cm)
(m/s)
17.5
0.33
25.9
0.24
34.1
0.29

u g-umf =6.0cm/s
Height
ub
(cm)
(m/s)
9.6
0.28
18.9
0.37
31.7
0.54

u g-umf =6.0cm/s
Height
ub
(cm)
(m/s)
11.1
0.29
16.7
0.32
22.9
0.35

u g-umf =18.5cm/s
Height
ub
(cm)
(m/s)
10.3
0.40
18.0
0.53
22.9
0.53
28.6
0.50

FCC8.5+
u g-umf =9.0cm/s
u g-umf =12.0cm/s
Height
ub
Height
ub
(cm)
(m/s)
(cm)
(m/s)
6.1
0.21
9.2
0.34
17.6
0.28
16.22
0.35
33.6
0.30
32.2
0.28
44.2
0.27
45.8
0.33
GB10+
u g-umf =9.0cm/s
u g-umf =12.0cm/s
Height
ub
Height
ub
(cm)
(m/s)
(cm)
(m/s)
8.0
0.29
10.5
0.23
20.6
0.38
19.5
0.39
32.4
0.46
32.7
0.44
41.3
0.37
42.8
0.43
FCC76
u g-umf =9.0cm/s
u g-umf =12.0cm/s
Height
ub
Height
ub
(cm)
(m/s)
(cm)
(m/s)
11.7
0.28
11.6
0.38
15.6
0.35
16.8
0.49
22.4
0.39
23.5
0.53
27.6
0.42
28.9
0.55
FCC76
u g-umf =21.5cm/s
u g-umf =25.0cm/s
Height
ub
Height
ub
(cm)
(m/s)
(cm)
(m/s)
8.5
0.41
9.7
0.49
16.6
0.48
16.3
0.56
23.0
0.52
23.2
0.66
29.3
0.51
29.3
0.57
33.6
0.52

362

u g-umf =15.5cm/s
Height
ub
(cm)
(m/s)
8.1
0.38
18.2
0.51
34.0
0.60
50.0
0.47
u g-umf =15.5cm/s
Height
ub
(cm)
(m/s)
19.1
0.26
34.5
0.39
45.1
0.38

u g-umf =15.5cm/s
Height
ub
(cm)
(m/s)
15.9
0.50
22.6
0.60
28.8
0.53

363

Bed height distribution (H0=26cm)
ug-umf
6.0
9.0
12.0
15.5
18.5
21.5
25.0

FCC8.5+
Ht (cm) Hd (cm)
45.5
38
61
48
64
50
70
54

εd (-)
0.80
0.84
0.85
0.86

Ht (cm)
45
50
51.5
53.5

GB10+
Hd (cm)
39.5
42
41
42.5

εd (-)
0.76
0.78
0.77
0.78

Ht (cm)
29
31.5
33
34
36
37.2
38

Y corrector
ug-umf (cm/s)
6.0
9.0
12.0
15.5
18.5
21.5
25.0

FCC8.5+
Y
0.76
0.62
0.59
0.59

GB10+
Y
0.79
0.64
0.59
0.59

363

FCC76
Y
0.71
0.69
0.67
0.74
0.70
0.62
0.64

FCC76
Hd (cm)
26.8
28.2
27.8
28.6
28.6
28.8
28.6

εd (-)
0.554
0.557
0.554
0.554
0.541
0.547
0.524

364

Raw data for chapter 8
Dense phase voidage vs. gas velocity
FCC8.5+0.27%
ud (cm/s)
εd (-)
10.1
0.82
9.7
0.82
9.2
0.80
8.6
0.77
8.0
0.74
GB10+0.27%
ud (cm/s)
εd (-)
10.7
0.75
10.4
0.73
10.0
0.74
9.8
0.66
PU10+0.27%
ud (cm/s)
εd (-)
8.1
0.76
7.7
0.75
7.3
0.73
6.6
0.68
6.3
0.65
5.9
0.63
5.7
0.60
PU18+0.27%
ud (cm/s)
εd (-)
6.5
0.68
6.1
0.68
5.3
0.67
5.1
0.65
4.6
0.63
4.2
0.60
3.9
0.58
3.8
0.51
PU36+0.27%
ud (cm/s)
εd (-)
4.5
0.59
4.1
0.59
3.4
0.57
3.1
0.58
2.7
0.57
2.2
0.57
2.0
0.52

FCC8.5+0.44%
ud (cm/s)
εd (-)
9.9
0.84
9.4
0.83
8.8
0.82
8.3
0.74
GB10+0.44%
ud (cm/s)
εd (-)
10.0
0.78
9.5
0.78
9.1
0.71
8.7
0.71
8.4
0.68
PU10+0.44%
ud (cm/s)
εd (-)
6.7
0.77
6.3
0.78
5.5
0.75
5.3
0.75
4.8
0.75
4.4
0.74
4.1
0.59
PU18+0.44%
ud (cm/s)
εd (-)
5.8
0.68
5.4
0.68
4.7
0.67
4.4
0.67
4.0
0.66
3.5
0.60
2.8
0.51
PU36+0.44%
ud (cm/s)
εd (-)
4.4
0.62
4.0
0.61
3.3
0.61
3.0
0.60
2.6
0.59
2.1
0.58
1.8
0.59

364

FCC8.5+0.82%
ud (cm/s)
εd (-)
8.6
0.83
8.1
0.84
7.5
0.84
7.0
0.81
6.3
0.73
GB10+0.82%
ud (cm/s)
εd (-)
8.2
0.79
7.8
0.80
7.0
0.78
6.7
0.79
6.4
0.67
PU10+0.82%
ud (cm/s)
εd (-)
5.5
0.78
5.1
0.75
4.4
0.75
4.1
0.73
3.7
0.74
3.2
0.65
2.3
0.58
PU18+0.82%
ud (cm/s)
εd (-)
6.1
0.69
5.7
0.70
5.0
0.65
4.7
0.66
4.2
0.64
3.8
0.61
3.5
0.61
3.2
0.51
PU36+0.82%
ud (cm/s)
εd (-)
4.6
0.62
4.2
0.61
3.5
0.60
3.2
0.61
2.7
0.59
2.3
0.59
2.0
0.57

365

1.7
1.4
0.8

0.55
0.52
0.47

1.5
1.3
0.6

0.59
0.57
0.47

1.7
1.5
0.9

0.56
0.52
0.47

n and kf
Cohesion (kPa)
0.93
0.92
0.85
0.47
0.56
0.41
0.60
0.35
0.35
0.38
0.23
0.35
0.06
0.001
0.001

n (-)
0.20
0.80
0.35
1.93
0.64
0.91
1.33
0.29
2.03
0.62
1.40
0.66
4.64
3.64
3.57

kf (-)
42.0
25.0
50.0
9.0
20.9
17.5
10.0
24.0
8.0
19.0
10.7
20.0
17.4
35.0
23.8

365

366

Raw data for chapter 9
Fluidization behaviors
FCC8.5
ug (cm/s) ΔP (-)
20.0
0.86
16.7
0.80
15.1
0.75
12.7
0.71
10.2
0.67
8.6
0.63
7.0
0.06
4.5
0.04
2.9
0.02
0
0.01

FCC8.5+0.27%
ug (cm/s) ΔP (-)
19.2
0.81
16.7
0.74
14.3
0.68
12.7
0.70
11.0
0.67
9.0
0.44
7.0
0.05
4.5
0.06
2.9
0.05
0
0

FCC8.5
ug (cm/s) BER (-)
0
1.00
2.9
1.03
4.5
1.03
7.0
1.07
8.6
1.17
11.0
1.62
12.7
1.72
15.1
1.83
16.7
1.93
20.8
2.10
24.9
2.17

FCC8.5+0.27%
ug (cm/s) BER (-)
0
1.00
2.9
1.01
4.5
1.01
7.0
1.01
8.6
1.01
11.0
1.06
12.7
1.11
14.3
1.76
16.7
1.93
20.8
2.22
24.9
2.37

FCC8.5+0.44%
ug (cm/s)
ΔP (-)
20.8
0.83
16.7
0.82
15.1
0.83
12.7
0.67
11.0
0.71
8.6
0.20
7.0
0.05
4.5
0.05
2.9
0.02
0
0

FCC8.5+0.44%
ug (cm/s) BER (-)
0
1.00
2.9
1.00
5.3
1.02
7.8
1.04
10.2
1.36
12.7
1.56
15.1
1.68
16.7
1.88
20.8
2.12
24.9
2.44

366

FCC8.5+0.82%
ug (cm/s)
ΔP (-)
20.8
0.94
16.7
0.91
15.1
0.87
12.7
0.84
11.0
0.84
9.4
0.72
7.8
0.05
6.1
0.03
4.5
0.04
2.9
0.02
0
0

FCC8.5+0.82%
ug (cm/s) BER (-)
0
1.00
2.9
1.00
4.5
1.04
6.1
1.04
8.6
1.63
10.2
1.67
12.7
1.85
15.1
1.96
16.7
2.22
20.8
2.40
24.9
2.59

367

FCC20
ug (cm/s) ΔP (-)
24.9
0.93
20.8
0.85
16.7
0.79
14.3
0.76
12.7
0.76
11.0
0.75
8.6
0.73
6.1
0.72
4.5
0.66
2.9
0.52
0
0

FCC20+0.27%
ug (cm/s) ΔP (-)
24.9
0.96
20.8
0.96
16.7
0.94
14.3
0.92
12.7
0.93
11.0
0.92
8.6
0.90
6.1
0.84
4.5
0.63
2.9
0.57
0
0

FCC20+0.44%
ug (cm/s)
ΔP (-)
24.9
1.00
20.8
0.99
16.7
0.80
14.3
0.79
12.7
0.80
11.4
0.81
8.6
0.82
6.1
0.83
4.5
0.62
2.9
0.28
0
0

FCC20
ug (cm/s) BER (-)
0
1.00
2.9
1.21
4.5
1.41
6.1
1.58
8.6
1.75
11.0
1.88
12.7
1.97
15.1
2.05
16.7
2.18
20.8
2.35
24.9
2.52

FCC20+0.27%
ug (cm/s) BER (-)
0
1.00
2.9
1.04
4.5
1.32
6.1
1.60
8.6
1.80
11.0
1.94
12.7
2.00
15.1
2.08
16.7
2.12
20.8
2.36
24.9
2.56

FCC20+0.44%
ug (cm/s) BER (-)
0
1.00
2.9
1.24
4.5
1.56
6.1
1.72
8.6
1.84
11.0
1.94
12.7
2.04
15.1
2.12
16.7
2.24
20.8
2.44
24.9
2.68

367

FCC20+0.82%
ug (cm/s) ΔP (-)
24.9
0.97
20.8
0.96
16.7
0.94
14.3
0.92
12.7
0.95
11.0
0.92
8.6
0.92
6.1
0.78
4.5
0.59
2.9
0.08
0
0

FCC20+0.82%
ug (cm/s) BER (-)
0
1.00
2.9
1.04
4.5
1.54
6.1
1.75
8.6
1.88
11.0
2.00
12.7
2.08
15.1
2.12
16.7
2.21
20.8
2.45
24.9
2.71

368

ug (cm/s)
20.8
17.6
15.1
13.5
11.8
9.4
7.8
6.1
4.5
2.9
2.1
1.2
1.0
0

Nano%
0
0.27
0.44
0.82

ug (cm/s)
13
17
21
25
ug (cm/s)
13
17
21
25
ug (cm/s)
13
17
21
25

FCC76
ΔP (-)
ug (cm/s)
0.89
0
0.92
2.9
0.93
4.5
0.95
7.0
0.95
8.6
0.95
10.2
0.96
12.7
0.95
15.1
0.95
16.7
0.95
20.8
0.93
24.9
0.91
0.91
0

FCC8.5
umf (cm/s)
εb (-)
9.0
0.86
12.0
0.87
12.5
0.89
9.5
0.90

FCC8.5
εd (-)
0.81
0.82
0.83
0.82
FCC20
εd (-)
0.75
0.77
0.77
0.77
FCC76
εd (-)
0.519
0.532
0.533
0.534

BER (-)
1.00
1.12
1.14
1.20
1.24
1.27
1.30
1.32
1.32
1.36
1.39

FCC76+0.82%
ΔP (-)
ug (cm/s)
0.74
0
0.76
2.9
0.79
4.5
0.78
6.1
0.80
8.6
0.80
11.0
0.76
12.7
0.75
15.1
0.74
16.7
0.73
20.8
0.65
24.9
0.66
0.63
0

ug (cm/s)
24.9
20.8
16.7
15.1
12.7
11.0
8.6
6.1
4.5
2.9
2.1
1.2
1.0
0

FCC20
umf (cm/s)
εb (-)
6.0
0.86
6.0
0.85
6.5
0.86
6.5
0.87

FCC8.5+0.27%
εd (-)
0.75
0.82
0.84
0.84
FCC20+0.27%
εd (-)
0.77
0.77
0.77
0.80
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BER (-)
1.00
1.09
1.12
1.15
1.19
1.21
1.22
1.23
1.25
1.27
1.29

FCC76
umf (cm/s)
εb (-)
0.8
0.64
----1.2
0.58

FCC8.5+0.44%
εd (-)
0.75
0.84
0.83
0.85
FCC20+0.44%
εd (-)
0.78
0.78
0.79
0.79

FCC8.5+0.82%
εd (-)
0.86
0.86
0.86
0.86
FCC20+0.82%
εd (-)
0.79
0.79
0.80
0.80
FCC76+0.82%
εd (-)
0.524
0.522
0.523
0.524
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Reaction conversion
ug (cm/s)
13
17
21
25
ug (cm/s)
13
17
21
25
ug (cm/s)
13
17
21
25

FCC8.5
Conversion (%)
13.8
27.2
39.8
38.7
FCC20
Conversion (%)
20.8
17.5
16.6
18.0
FCC76
Conversion (%)
19.6
19.5
20.7
22.3

FCC8.5+0.27%
Conversion (%)
21.5
32.6
43.2
46.2
FCC20+0.27%
Conversion (%)
26.1
25.0
26.2
26.1

FCC8.5+0.44%
Conversion (%)
24.3
41.5
51.3
53.6
FCC20+0.44%
Conversion (%)
22.2
19.9
19.7
20.5

FCC8.5+0.82%
Conversion (%)
40.0
57.3
63.4
61.0
FCC20+0.82%
Conversion (%)
25.7
24.8
26.4
27.2
FCC76+0.82%
Conversion (%)
23.7
20.7
20.2
20.7

FCC8.5+0.27%
αt (%)
9.2
18.2
30.0
37.9
FCC20+0.27%
αt (%)
11.4
13.2
16.1
18.3

FCC8.5+0.44%
αt (%)
11.6
24.7
36.4
44.8
FCC20+0.44%
αt (%)
8.6
9.5
11.1
13.2

FCC8.5+0.82%
αt (%)
19.7
39.1
54.2
57.5
FCC20+0.82%
αt (%)
10.0
11.7
14.4
17.1
FCC76+0.82%
αt (%)
18.2
19.4
22.6
26.6

Total contact efficiency (αt)
ug (cm/s)
13
17
21
25
ug (cm/s)
13
17
21
25
ug (cm/s)
13
17
21
25

FCC8.5
αt (%)
6.4
15.7
28.1
31.7
FCC20
αt (%)
9.3
9.5
10.9
13.7
FCC76
αt (%)
12.7
16.0
20.8
27.0
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Contact efficiency due to Ap (αp)
ug (cm/s)
13
17
21
25
ug (cm/s)
13
17
21
25
ug (cm/s)
13
17
21
25

FCC8.5
αp (%)
6.4
15.6
28.1
31.7
FCC20
αp (%)
9.3
9.5
10.9
13.7
FCC76
αp (%)
12.7
16.0
20.8
27.0

FCC8.5+0.27%
αp (%)
9.2
18.2
30.0
37.9
FCC20+0.27%
αp (%)
11.4
13.2
16.1
18.3

FCC8.5+0.44%
αp (%)
11.6
24.7
36.4
44.8
FCC20+0.44%
αp (%)
8.6
9.5
11.1
13.2

FCC8.5+0.82%
αp (%)
19.7
39.1
54.2
57.5
FCC20+0.82%
αp (%)
10.0
11.7
14.4
17.1
FCC76+0.82%
αp (%)
18.2
19.4
22.6
26.6

FCC8.5+0.27%
αf (%)
8.7
20.0
37.6
50.3
FCC20+0.27%
αf (%)
10.3
13.9
19.2
23.5

FCC8.5+0.44%
αf (%)
8.9
27.3
49.8
64.6
FCC20+0.44%
αf (%)
9.4
11.4
14.4
18.5

FCC8.5+0.82%
αf (%)
18.1
43.2
66.0
76.5
FCC20+0.82%
αf (%)
11.4
15.1
21.2
26.9
FCC76+0.82%
αf (%)
1.2
2.4
3.6
5.4

Contact efficiency due to τ (αf)
ug (cm/s)
13
17
21
25
ug (cm/s)
13
17
21
25
ug (cm/s)
13
17
21
25

FCC8.5
αf (%)
4.6
15.0
32.6
38.0
FCC20
αf (%)
7.5
8.6
10.2
13.7
FCC76
αf (%)
3.0
4.3
6.1
7.9
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Enhanced Fluidization of Group A Particles Modulated by Group C powder
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Abstract
Geldart Group A powders are widely utilized in various industrial processes because of their good
fluidization quality, which is closely related to the fine content (≤ 45μm). This work systematically
investigated the effect of different types of fine powders (≤ 20μm) as additives on the fluidization quality of
Group A powders. Three types of additives, Coal-15, GB-6, and SiO2-5 were added into the base powder
FCC-76 (Group A) in various volume fractions. Among the three types of additives, the addition of SiO2-5
showed a significant improvement on the fluidization quality of Group A power, exhibiting lower minimum
fluidization velocity and higher bed expansion, while the addition of Coal-15 slightly improved the
fluidization quality. The addition of high-volume fraction of GB-6 would turn Group A powder into Group
C/A, exhibiting some fluidization characteristics of Group C particles. Overall, the advancement of the fine
contents on the fluidization quality of Group A powders has advantages for various industrial processes,
especially for the gas-phase catalytic reactions.
Keywords: Geldart Group A powder; Group C powder; Fine content; Gas-solid fluidization; Fluidization
quality; Bed expansion.
1. Introduction
Fluidization is a technology that utilizes a vertical flowing gas or liquid to suspend solid particles, giving
the solid particles many properties of a real fluid [1-5]. Fluidization technology has achieved many
applications in food processing [6-7], waste-water treatment [8], solids handling [9], coating [10], etc.,
because of the great extent of gas-solid contact, the excellent heat/mass transfer, and the ability to handle
abundant particles continuously [11-13].
Based on the different fluidization characteristics of different particles, Geldart classified particles into
four groups, Group A, B, C, and D [14]. Geldart Group B are bubble-ready particles with average particle
size of 100-800μm, which directly go to bubbling fluidization after the gas velocity reaches the minimum
fluidization velocity [15-17]. Group C particles are cohesive powders with small average particle size below
30μm, which have high surface area and can be utilized in gas-solid catalytic reactions [3,15,20,21]. Group
D particles are spoutable with imperfect fluidization ability and are usually larger than 800μm [22-24].
Geldart Group A are aeratable powders and have the typical average particle size of 30-100μm. Group A
powders possess great benefits in fluidization, including a low minimum fluidization velocity (Umf), a degree
of particulate bed expansion, small and more uniform bubble size, etc. [18-19]. Because of the outstanding
fluidization performance, Group A powders have been employed widely in various industrial applications,
such as fluid catalytic cracking (FCC) processes in petroleum refineries and many other catalytic reactions.
Figure 1 shows typical bed expansion curves for Group A powders [3].

Figure 3:Typical expansion curves for Group A powder [3]
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As shown in Figure 1, Group A powder starts to fluidize at the minimum fluidization velocity (Umf),
and the bubbles forms at the minimum bubbling velocity (Umb). The fluidized bed of Group A powder
expands when the superficial gas velocity is between Umf and Umb, reaching a peak at Umb. This range of
operation between Umf and Umb is the particulate (quiescent) fluidization regime, which is bubble-free and
unique for Group A powders [14]. During the particulate fluidization, the gas has an intimate contact with
the solids, and the bed can be treated as a homogeneous system [25-26]. Furthermore，The dense phase
voidage in the fluidized bed of Group A powders can reach 0.60 to 0.65 at particulate fluidization [27]. When
the superficial gas velocity exceeds Umb, the bed height then gradually decreases because of the appearance
of bubbles [3]. At high superficial gas velocities, the bed height remains relatively unchanged.
Some researchers [28-29] have found that fine contents (<45μm) played an important role in the
fluidization quality of Group A powders. The increase of the fine content is shown to enhance the fluidization
qualify by increasing the bed expansion and the gas holdup in the dense phase, improving the reaction
conversion. For example, Sun and Grace [30] found that the change in the particle size distribution towards
an increase of finer particles contributed to the improvement on the reaction efficiency. Bruni et al. [31]
believed that the benefits of increasing fine content (<45μm) were ascribed to the introduction of interparticle
forces. However, these earlier works almost focused on the effect of fine contents with particle size of 3045μm, which may be Group C/A particles. This work aimed to investigate the effect of even finer particles
with particle size of 5-20μm (clearly Group C particles) on the fluidization quality of Group A particles,
inspired by our previous studies about the improvement on the fluidization quality of Group C particles with
the addition of nanoparticles [32-35]. More specifically, the integration of nanoparticles, using a so-called
nano-modification technology, was shown to significantly increase the fluidizability of Group C powder by
decreasing the strong powder cohesion. In other words, the addition of finer particles (nanoparticles) was
able to make cohesive Group C powders exhibiting great bed expansion ability. Following this trend, it would
therefore be attractive to research on the effect of the addition of Group C particles on the fluidization
behaviors of Group A particles.
This present work seeks to have a systematic study on the feasibility of improving the fluidization
quality of Group A powders by integrating a fraction of Group C powders (≤ 20μm) as additives. A typical
type of FCC particles (FCC76, Group A) was used as the base powder with the addition of three types of
Group C additives, SiO2-5, Coal-15, and GB-6, as well as fine FCC particles (FCC-20 as self-additives). The
effects of the types and the volume concentration of Group C additives on the fluidization behaviors of Group
A, as well as Groups B and C/A particles, were tested by evaluating three key parameters: the minimum
fluidization velocity (Umf), the bed expansion ratio (BER), and the dense phase expansion ratio (DER).
2. Experiments
2.1 Particulate materials
The first part was to study the effects of particle size distribution on the fluidization quality for Group
A powders. FCC-Full was sieved by ultrasonic sieves into different fractions with different particle size
distributions (PSDs) as shown in Figure 2.

Figure 4: Particle size distribution of FCC powders
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The properties of the various FCC powders with different PSD is illustrated in Table 1. The original
FCC particles, termed as “FCC-Full”, with an average size of 51m, were separated into three components
as shown in Table 1. FCC-Remix was made by mixing FCC-Fine Free (Coarse) and FCC-Fine portions
without the middle portion (32.7% volume fraction in FCC-Full). FCC-Fine Free only contained coarse
portion, which accounted for 54.8% volume fraction in FCC-Full.
Table 1: Components of FCC powders with different sizes
Particulate component
Name

FCC-Full

Fine

Middle

Coarse

12.5%

32.7%

54.8%

0%

0%

100%

18.7%

0%

81.3%

FCC-Fine Free
FCC-Remix

The second part was to systematically study the effect of the volume concentration of FCC-Fine (FCC20) on the fluidization quality of the base Group A powder: FCC-Fine Free (FCC-76). Four different volume
fractions of FCC-20 were added into FCC-76: 4%, 8.5%, 13.5%, and 22.6%.
The third part was to study the effects of different types of Group C additives on the fluidization quality
of the bas Group A particles (FCC76): 15m coal particles sieved out from coal particles used for combustion;
5m silica particles of very low bulk density; and 6m glass beads of cohesive nature. The properties of
Group C additives used in the experiments are shown in Table 2.

Additives
SiO2-5
Coal-15
GB-6

D50 (μm)
4.94
15.08
6.10

Table 2: Additives used in the experiment
Powder
Material Density
Shape
type
(kg/m3)
C
Flake
2200
C
Irregular
1400
C
Spherical
2500

Bulk Density
(kg/m3)
101
398
704

The fourth part was to investigate the effects of Group C additive (GB-6) on different base powders,
including Group C/A powder (GB-39), Group A powder (FCC-76), and Group B powder (Sand-156). Table
3 shows all powders used in the experiments.
Table 3: Powders used in the experiment
D50

Powder
Type

Material Density
(kg/m3)

Additive

The Volume Fraction
of Additive (%)

51

A

1780

None

0

65

A

1780

None

0

FCC-Fine Free
(FCC-76)

76

A
A
A
A
A

1780

None
FCC-20
SiO2-5
Coal-15
GB-6

0
4, 8.5, 13.5, 22.6
4, 8.5, 13.5, 22.6
3, 6.2, 10
4, 8.5, 13.5

Sand-156
GB-39

156
39

B
C/A

2600
2500

GB-6
GB-6*

0, 5, 10, 15
0, 5, 10, 15

Base
FCC-Full
(FCC-51)
FCC-Remix (FCC65)

The additives with “*” can be considered as self-additives because their materials are the same as the base
powders.
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2.2 Experimental apparatus
Figure 3 shows a schematic diagram of the experimental apparatus. The cylindrical column with a height
of 45.7cm was made by clear plexiglass. The diameter of the column was 5.08cm and the cross-sectional
area was 20.3cm2. The distributor was made by sintered plate fixed between the column and wind box, with
an opening area rate of 2.5%. Three rotameters in different ranges were used, including 25-250mL/min, 0.33.0L/min, and 5-15L/min to measure the gas flowrate into the fluidized bed. A differential pressure transducer
produced by National Instruments was used to test the pressure drop across the entire bed. A filter bag covered
the outlet of the column to reduce the loss of fine powder.

Figure 5 Schematic diagram of experimental apparatus
2.3 Experimental methodologies
Minimum fluidization velocity
The data of the pressure drop across the entire bed was obtained using the pressure transducer by
decreasing the superficial gas velocity. Normalized pressure drop was defined as the ratio of the tested
pressure drop Ptest to the weight of the bed per unit cross area, as illustrated in Equation 1.
P
P
Normalized pressure drop = test = test
(1)
Ptheory

W/A

Theoretically, the value of the normalized pressure drop is close to 1 when almost all particles are fluidized
in the bed. The minimum fluidization velocity (Umf) was identified by plotting the normalized pressure drop
as a function of the superficial gas velocity, as shown in Figure 4.

Figure 6 The method to identify minimum fluidization velocity
The points of the normalized pressure drop less than 0.8 showed a good linear relationship with the gas
velocity. The points of the normalized pressure drop were unchanged after full fluidization. The x-coordinate
of the intersection of two trendlines was the minimum fluidization velocity.
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Bed Expansion and Bed Collapse Test
The bed expansion ratio (BER) was the fluidized bed height at operating gas velocities over the initial
fixed bed height:
BER=

Hf
Ho

(2)

The initial bed heights (Ho) were 15.5 ± 1cm.
Bed collapse technology is an effective method to determine the height of the dense phase at the
fluidized bed. For Group A powders, when gas supply is suddenly shut off, the fluidized bed will experience
three stages: the bubble escape stage, the hindered sedimentation stage, and the consolidation stage [33], as
shown in Figure 5.

Figure 7 Typical bed collapse curve for Group A powders [36]
When the gas is suddenly shut off (t0), the bubble escape stage is a quick collapse and takes a very short
time since the density of bubbles is low and can leave rapidly. In the stage of the hindered sedimentation, the
gas from the dense phase leaves slowly but uniformly.
During the bed collapse test, the bed height was recorded by a digital camera. The bed height as function
of the time was utilized to obtain the dense phase height (Hd). The sedimentation stage showed a great linear
relationship with the time, and Hd was obtained by extrapolating the line of the hindered sedimentation back
to time t0 [33]. The ratio of the dense phase height at operation conditions to the initial fixed bed height was
the dense phase expansion ratio (DER):
H
DER= d
(3)
Ho

Avalanche Angle
Avalanche angle (AVA) is defined as the largest angle before an avalanche of bulk powder occurs when
the powder is rotated inside a cylindrical drum, as shown in Figure 6. It is one of the parameters that reflect
powder cohesion, and usually, powder with higher avalanche angle leads to higher cohesion and stronger
interparticle forces.

Figure 6 The schematic diagram of AVA tester (Krantz et al., 2009) [37]
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3. Results and discussions
3.1 Effects of PSD
Particle size distribution (PSD) plays an important role in the operation and performance of the fluidized
bed reactors [30]. Three different mixes of FCC powders with different PSD, FCC-Full (FCC-51), FCCRemix (FCC-65), and FCC-Fine Free (FCC-76), were studied to investigate the effects of PSD on the
fluidization quality.
Figure 7 shows the effects of PSD and the volume fraction of FCC-20 on the minimum fluidization
velocity. FCC-Fine Free with the largest particle size without fine contents showed the highest Umf. Although
the particle size of FCC-Remix was slightly larger than that of FCC-Full, FCC-Remix had a similar and
actually slightly lower Umf, due to its higher volume fraction of fine particles, especially particles smaller
than 20μm. As the volume fraction of FCC-20 increased, the values of Umf decreased, indicating that the
fraction of fines had a strong effect on fluidization, as have been observed before [28-30].

Figure 7 Effects of PSD and fine content on minimum fluidization velocity
The effects of PSD on the fluidization quality are also reflected in bed expansion, including the total
bed expansion and the dense phase expansion, as shown in Figure 8. Without the fines, FCC-Fine Free with
narrower PSD had the poorest expansion ability, exhibiting the lowest bed expansion and dense phase
expansion. For example, when compared with FCC-Full, BER and DER of FCC-Fine Free at the peak
decreased by 10.4% and 12.8%, respectively, and decreased by 13.3% and 9.64% in average at the plateau.
After re-mixing the fine contents into the FCC-Fine Free, FCC-Remix had a good bed expansion ability
similar with FCC-Full.
As the superficial gas velocity increased, the trend of the bed expansion curves remained the same for
the three powders with different PSDs. At low superficial gas velocity, the bed and the dense phase expanded
rapidly with the increase of the superficial gas velocity, and then reached the maximum values. After that,
BER and DER gradually decreased and then reached a plateau with the increase of the superficial gas velocity.
In addition, the three types of powders with different PSDs reached the peak at the same superficial gas
velocity of 0.90cm/s, suggesting that they had the similar minimum bubbling velocity (Umb).
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Figure 8 Effects of PSD on BER and DER
3.2 Effects of fine contents
To further investigate the effect of fine contents, different volume fractions of FCC-Fine (FCC-20) were
added into the base powder: FCC-Fine Free (FCC-76). The increase of the volume fraction of FCC-20
gradually decreased the minimum fluidization velocity, as shown in Figure 7. For example, when compared
with the base powder (FCC76), the addition of 4.0% and 22.6% of FCC-20 reduced the minimum fluidization
velocity by 21.7% and 36.0%, respectively.
Figure 9 shows the bed expansions and the dense phase expansion of FCC-76 before and after the
addition of FCC-20. It is evident that the total bed expansion tended to increase as the FCC-20 fraction
increased. For example, the average bed expansion ratio for FCC-76 base powder reached a plateau of 1.30,
while it reached 1.49 after adding 22.6% of FCC-20. Generally, a higher bed expansion indicates more gas
holdup in the bed, allowing more gas to contact with particles, which is very important for gas-solid catalytic
reactions [32-33].
For the dense phase expansion, in general, it exhibited a similar trend with the total bed expansion, that
DER increased with the increase of FCC-20 content. However, when the volume fraction of FCC-20 further
increased from 8.5% to 22.6%, the effect on DER was insignificant. For example, the average dense phase
expansion ratios with the addition of 8.5%, 13.5% and 22.6% were almost the same, reaching a plateau of
1.32. In summary, the fluidization quality of Group A powder could be improved by the addition of fine
contents.

Figure 9 Effects of fine content on BER and DER
3.3 Effects of additives
Using the same FCC-76 as a base powder, the effects of different types of Group C additives on the
fluidization quality of Group A powder were also studied by adding different volume fractions of three types
of Group C additives, SiO2-5, Coal-15, and GB-6.
Figure 10 shows the effects of different types of additives on the minimum fluidization velocity as a
function of the additive content. The addition of SiO2-5 and Coal-15 decreased Umf, while the addition of
GB-6 significantly increased Umf. As shown, the minimum fluidization velocity greatly decreased as SiO 2-5
content and Coal-15 content increased, while significantly increased as GB-6 content increased. For example,
when compared with FCC-76 base powder (0% additive content), the minimum fluidization velocity reduced
by 28.8% and 36.6% with the addition of 13.5% and 22.6% of SiO2-5, respectively. When compared with
SiO2-5, the effects of Coal-15 content on decreasing the minimum fluidization velocity were limited. For
GB-6, when compared with the base powder, the minimum fluidization velocity of FCC-76 with 13.5% of
GB-6 increased by 8.69 times, which was attributed to the increase of the powder cohesion.
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Figure 10 Effects of additives on minimum fluidization velocity
The effects of different types of Group C additives on the bed expansion are shown in Figure 11 (a).
The increase of SiO2-5 content significantly increased the bed expansion, and the volume fraction of 22.6%
contributed to the highest BER. The addition of Coal-15 had less effect on BER. For GB-6 as Group C
additives, BER with the addition of a small volume fraction (4%) showed a similar curve with the addition
of SiO2-5 and Coal-15, and significantly increased when compared with that of the base powder. However,
when GB-6 content increased to 8.5% and further to 13.5%, BER still increased but showed different curves,
especially at low gas velocities, with the disappearance of the maximum BER values. That is, BER continued
increasing with the increase of the superficial gas velocity. High GB-6 content would make the mixtures
more difficult to fluidize because of the strong powder cohesion of GB-6, leading to channeling and
agglomeration at low superficial gas velocities. Although the trend of BER curves changed, the high content
of GB-6 still increased the bed expansion at high superficial gas velocities.
The dense phase expansions of the base powder with the addition of different types of Group C additives
are shown in Figure 11 (b). The dense phase expansion showed similar trends with BER curves, and increased
with the increase of Group C additive content. Specially, for GB-6, higher content led to lower DER at low
superficial gas velocities, due to the stronger powder cohesion which resulted in more difficulty in the
fluidization.

Figure 11 Effects of additives on BER and DER
Considering FCC-20 as a self-additive, Figure 12 compares the effects of FCC-20 and SiO2-5 on the
total bed expansion. When compared with FCC-20, SiO2-5 with the volume fractions of 4.0%, 8.5%, and
13.5% contributed to higher bed expansion, while SiO2-5 with the volume fraction of 22.6% showed a similar
BER with FCC-20. For SiO2-5 additive, the volume fraction of 22.6% was almost reached the limitation that
could further improve the fluidization quality of Group A powder. Overall, SiO2-5 could be recognized as
the best one among the four types of Group C additives (including FCC-20 as self-additives) to improve the
fluidization quality of Group A particles.
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Figure 82 Comparison of total bed expansion between FCC-76 with SiO2-5 and FCC-20
3.4 Effects of powder cohesion and bulk density
The Avalanche angles (AVA) of the tested powders with different types and volume fractions of Group
C additives are shown in Figure 13. It is clearly shown that AVA values increased with the increase of the
fine content, indicating the decrease of the powder flowability which could be ascribed to the increase of the
powder cohesion.

Figure 13 The relationship between volume faction of additives and avalanche angle
Figure 14 shows the relationship between the fluidization quality and the avalanche angle for FCC base
powders (FCC-76) with additives. For the base powder with different types of additives, the minimum
fluidization velocity tended to decrease and the maximum BER increased, as the avalanche angle increased.
The addition of Group C additive could increase the powder cohesion and therefore the interparticle forces
of the mixtures, which, as has been suggested by Bruni et al. [31], benefited the fluidization of Group A
powders. However, the cohesion of the mixture should be controlled to a certain range to obtain the optimal
fluidization quality. That is, a too strong cohesion would bring in difficulty in the fluidization and worsen the
fluidization quality of Group A powders, such as the addition of a high fraction of GB-6 (as shown in
Figures 10 and 11).
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Figure 14 The relationship between fluidization quality and avalanche angle, at various
additive concentrations with FCC-76 as base powder
The bulk density of the powder mixture is another factor that affects the fluidization quality, as particles
with a lower bulk density would require a lower drag force to be suspended so that easier fluidization. As
indicated in Figure 15, the powder mixtures with lower bulk densities (more additives) indeed tended to have
lower Umf and higher maximum BER.

Figure 15 The relationship between fluidization quality and powder bulk density, at various
additive concentrations with FCC-76 as base powder
3.5 Effects of fine contents on Groups B and C/A powders
While the fluidization quality of Group A particles is clearly affected by the addition of fine content, the
same may or may not be true for larger Group B particles. To investigate the effects of additives on the
different types of the base particles, GB-6 was used as the additive and was applied to Group C/A (GB-39),
Group A (FCC76), and Group B powders (Sand-156). Figure 16 shows the effects of GB-6 content on the
minimum fluidization velocity of those three types of base particles (GB-39, FCC-76, and Sand-156).

Figure 16 Effects of base powders with GB-6 on Umf
Clearly, while the the minimum fluidization velocity for Group A and Group C/A particles increased
with the addition of GB-6 additive, the minimum fluidization velocity for the Group B (Sand-156) particles
were reduced by the addition of GB-6 additive. For example, when compared with Sand-156 virgin, the
addition of 15% of GB-6 greatly decreased the minimum fluidization velocity by 50%. On the other hand,
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higher content of GB-6 additive increased Umf of Group C/A and Group A particles, making them more
difficult to fluidize.
Figure 17 shows the bed expansion with the increase of the superficial gas velocity, for GB-39 and
Sand-156 with and without Group C additives. Both types of particles expanded more significantly with the
addition of fine content, however, the expansion ability of these two was clearly different.
Sand-156, a typical type of Group B powder, was more difficult to expand and could not expand as high
as Group A powder. The addition of GB-6 slightly increased the bed expandability, but the effect was
insignificant. For example, the bed expansion ratio only reached 1.20 for Sand-156 with 15% of GB-6 at high
gas velocities. Although the effect was limited, the improvement of GB-6 on the bed expansion for Sand-156
indicated that fine powder additives nonetheless does also change the expandability of Group B particles.
The lesser extent of Group C additives on the improvement of the fluidization of Group B particles is probably
due to the nonuniformity. Group B particles are much larger than Group C additives, resulting in that Group
C additives tend to agglomerate in the interstitial space between the large Group B particles, which leads to
the nonuniformity of the mixture and also the less homogeneous fluidization.
For GB-39, at the high superficial gas velocity, GB-6 additive had a positive effect on the bed expansion.
As the superficial gas velocity increased, BER slowly but monotonically increased, and reached very high
values at high superficial gas velocities.

Figure 17 Effects of base powders with GB-6 on BER
4.

Conclusions
Particle size distribution could affect the fluidization quality of Group A powders, especially the portion
of particles smaller than 20μm. The minimum fluidization velocity would increase and bed expansion ability
would decrease if there lack particles in the 20m minus range. On the other hand, missing particles in the
range of 20-45μm had less effects on the fluidization quality.
The fluidization quality of Group A powders was significantly enhanced by the addition of Group C
additives and/or the “self-additive”. Effective Group C additives, such as SiO2-5 and FCC-20, could
appropriately increase cohesion of the mixture, which introduces interparticle forces. As the content of
additives increases, the minimum fluidization velocity of mixtures gradually decreased and bed expansion
ability increased. However, too strong cohesion introduced by additive could make fluidization quality worse,
such as with high content of GB-6.
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Abstract
Geldart Group C particles with the addition of nanoparticles (Group C +) show a better flowability and
fluidization quality. The stability of these Group C+ particles with different nanoparticle concentrations were
systematically examined in this work, including the flow properties, the particle size distribution (PSD), and
the fluidization behaviors with the fluidizing time. Although the flowability, PSD, and fluidization behaviors
for Group C+ particles fluctuated with the fluidizing time, those became more stable after fluidizing for 1-2
hours. The increase of the nanoparticle concentration significantly improved the stability of these behaviors
for Group C+ particles. Group A particles showed more stable behaviors with the fluidizing time than Group
C+ particles, and nanoparticles had a little effect on the stability. In addition, Group C + particles exhibited
much better fluidization behaviors, including higher bed expansion and higher dense phase expansion, than
Group A particles, contributing to better gas-solid contact.
Keywords: Flowability; Fluidization; Group C particles; Nanoparticles; Powder history
1 Introduction
Fine powders are widely used in modern industries such as chemical, pharmaceutical, cosmetic, and food
industry etc. [1-4], because of their small particle size. For example, the powder coating technology [5]
employs fine powders (<30μm) in order to improve the aesthetics of coating film. In addition, the large
specific surface area of fine particles is another key characteristic that is preferred by multi-phase processes,
such as gas adsorption and gas-phase catalytic reactions [6,7].
According to Geldart classification [8], Group C particles which are smaller than 30-45μm are generally
referred as cohesive powder, and are difficult to flow and fluidize due to their strong interparticle forces
caused by the small particle size. The fluidization of Group C particles is often characterized by slugging,
channeling, and agglomeration [9]. The poor flowability and partial or even none fluidizability of Group C
particles hinder their application in industrial processes. Considering the increasing importance of Group C
particles, many researches have been done on the improvement of the flowability and the fluidizability of
Group C powders. All the techniques can be classified into two groups: the introduction of external energy
to overcome the interparticle forces and the addition of finer or coarser particles to reduce the interparticle
forces [10]. These techniques belonging to the first group, such as mechanical vibration/stirring [11,12],
acoustic vibration [13], and electrical/magnetic field disturbance [14,15], are effective but are scaledependent. On the other hand, the addition of finer or coarser particles can effectively improve the flowability
and fluidizability of Group C particles and is scale-independent and easier to implement [16,17].
Nanoparticle modulation technique is one way to reduce the interparticle forces of Group C particles by
dry coating a small amount of nanoparticles onto the surface of Group C cohesive particles [18,19]. A series
of earlier works have been done in our research group on the fluidization quality of these Group C particles
using the nanoparticle modulation technique, referred to as Group C+ particles [20-25]. These Group C+
particles exhibited good flowability similar as Group A particles, and much better fluidization quality than
Group A particles, such as extremely higher bed expansion [21], larger dense phase voidage [22,25], smaller
and less bubbles [24], and more gas flowing through the dense phase [24], contributing to better gas-solid
contact. The reactor performance of the fluidized bed using Group C + catalysts was also improved
significantly, showing higher reaction conversion and contact efficiency than that using Group A catalysts
[7, 23].
The industrial employment of fluidized bed technology involves processes that are not only dependent
on the fluidization quality, but also have a requirement for the particle stability [26], such as the change of
the particle size distribution, particle flowability, and fluidization behaviors after a long run. Group C +
particles are verified to have good fluidization quality, especially good gas-solid contact which is favored by
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many gas-phase catalytic reactions [23]. However, the stability of Group C+ particles has not been well
investigated. Some researches doubted the stability of fine particles during the fluidization because of their
small particle size which may easily result in particle entrainment and the loss pf particles in the fluidized
beds [26-28]. Therefore, the stability of Group C+ particles, as one of the important factors in industrial
applications, was investigated in this work from three aspects: the powder flowability, the particle size
distribution, and the fluidization behaviors.
In this work, the fluidization stability vs. powder history of Group C + particles with different medium
particle size and different nanoparticle concentrations was studied and compared with typical Group A
particles. The stability of these experimental particles was characterized using a variety of techniques under
different powder states ranging from static to dynamic, including powder flowability and fluidization
behaviors as a function of time.
2 Experiments
2.1 Experimental materials
Glass beads of three different medium particle sizes were employed in the experiment: 6.1μm, 9.7μm,
and 39μm, as listed in Table 1. The particle size distributions of the three types of glass beads measured by
a particle size distribution analyzer (BT-9300S Laser Particle Size Analyzer System, TSI 3603) during
experiments. Nanoparticles used in this work were Aerosil R972 which is a type of hydrophobic SiO2 nanopowder with a material density of 2200kg/m3 and a medium size of 16nm. Nanoparticles (R972) were dry
coated onto glass beads using a high-intensity mixing method as described in Zhu and Zhang’s patents
[18,19]. Nanoparticle concentrations were 0.27%, 0.44%, and 0.82% in volume fraction, corresponding
0.24%, 0.39%, and 0.72% in weight fraction. The flow and fluidization behaviors of each sample were
tracked with fluidizing time from 1h to 5h.

Sample
GB6
GB10
GB39

Table 1 Physical properties of the experimental powders
Diameter (μm)
Density (kg/m3)
Shape
Geldart group
D10 D50
D90
Apparent
Bulk
1.1 6
19
2500
874
Spherical
C
1.6 10
29
2500
916
Spherical
C
15
39
85
2500
1275
Spherical
A

2.2. Flow properties
2.2.1. Powder cohesion
Powder cohesion was measured using a FT4 Powder Rheometer (Freeman Technology Ltd) as
illustrated in Figure 1. In a typical test, a powder sample was first conditioned to reach a homogenized state,
as shown in Figure 1(a), and the powder was then compressed under a specified normal stress of 9kPa
following a standard process established by Jenike (ASTM Standard D6128- 06, 2006), as shown in
Figure 1(b). After that, as shown in Figure 1(c), the shear strength was measured at different normal stresses
of 7, 6, 5, 4, and 3kPa, respectively. The yield locus was then extrapolated to the normal stress of 0kPa, as
shown in Figure 1(d), and this extrapolated shear strength was referred to as powder cohesion and employed
to characterize the powder flowability. For each sample, 3 measurements were repeated with deviation
smaller than 10%, and the average was used in this work.

Figure 1: Measurement Powder cohesion using the FT4 Powder Rheometer
2.2.2. Angle of repose
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Angle of repose (AOR) is the largest angle at which powders can pile up, which is widely used to
characterize the powder flowability. Measurement of AOR was carried out using a PT-N Hosokawa Powder
Characteristic Tester, following the standardized testing procedures of ASTM D6369-08 (ASTM Standard
D6369-08, 1999). For each test, a powder sample was first loaded on a screen mounted with a vibrator, and
then fell through the funnel onto a plate in a slow and consistent rate by adjusting the vibration intensity. The
largest angle between the powder pile surface and the horizontal plane was the angle of repose, as shown in
Figure 2. For each powder sample, 3–5 measurements were repeated with the difference within 1°, and the
average was used. Table 2 lists the powder flowability classified by AOR values.

Figure 2: Measurement of Angle of repose
Table 2: Classification of powder flowability by AOR.
AOR
Flowability
25°< θ <30°
Very free-flowing
30°< θ <38°
Free-flowing
38°< θ <45°
Fair to passable flow
45°< θ <55°
Cohesive
55°< θ <70°
Very cohesive
2.2.3 Avalanche angle
Avalanche angle (AVA) was measured using a Revolution Powder Analyzer (Mercury Scientific Inc.,
Sandy Hook, CT). In this test, a tapped volume of 120mL of powder was placed into a cylindrical drum of
11.0cm in diameter and 3.5cm in width with transparent glass sides, and the drum was rotated at 0.6rpm. A
digital camera connected to a computer was used to monitor the flow behavior of the powder inside and
record the maximum angle that would occur before an avalanche, as shown in Figure 3. The drum was
continuously rotated until 200 avalanches occurred and the average avalanche angle was provided.

Figure 3: Measurement of Avalanche angle
2.3 Fluidization behaviors
Fluidization behaviors of the powder samples were measured in a fluidized bed as schematically shown
in Figure 4. The fluidized bed column was made up of Plexiglas with 5.1cm in diameter and 45.7cm in height.
Air in ambient condition flowed through PVC tubing into a wind box, passed through a gas distributor plate
and then contacted with the particles. The wind box was 5.1cm in diameter and 12.7cm in height. The
distributor plate had 66 holes of 3mm in diameter and was covered by two layers of filter paper with 625
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mesh to prevent fine powder drooping into the wind box. A scale along the column was used to measure the
bed height.

Figure 4: Schematic diagram of the fluidized bed
2.3.1 Minimum fluidization velocity and bed expansion
Approximately 350g of a powder was loaded into the column and fluidized at a high gas velocity until
the powder reached a steady state. The gas velocity then gradually decreased, and the pressure drop through
the entire bed and the bed height were measured ay each gas velocity. The pressure drop curves and the
determination of the minimum fluidization velocity (u mf) are shown in Figure 5. The bed expansion ratio
(BER) was:
BER = Ht / H0

Figure 5: A typical pressure drop curves and u mf of a type of Group C+ particles [20]
2.3.2 Bed collapse test
Particles were loaded into the column to give a static bed height of 15cm, and fluidized at a high superficial
velocity until reaching a steady state. The air supply was suddenly cut off, and the bed height started to
collapse as a function of time. The whole process was recorded using a camera (). The bed collapse can be
divided into three stages: the bubble escape stage, the hindered sedimentation stage, and the consolidation
stage, as shown in Figure 6. From the bed collapse curves, the dense phase height can be obtained and used
to calculate the dense phase voidage:
εd = 1‒ (H0 / Hd) (1‒ ε0)
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Figure 6: A typical bed collapse curve
3 Results and discussion
3.1 Powder flowability with time
Powder flowability under different states from static to dynamic can be effectively characterized by
cohesion, angle of repose (AOR), and avalanche angle (AVA). Generally, Group C particles have high
cohesion, AOR, and AVA, showing poor flowability [29]. Nanoparticles play a significant role in improving
the flowability of Group C particles [30,31]. Figure 7 shows the effect of nanoparticle concentration on the
flowability of both Group C and Group A particles. Group C powder (GB6 and GB10) with and without
nanoparticles exhibited much higher cohesion, AOR, and AVA than Group A powder (GB39). As
nanoparticle concentration increased, the cohesion, AOR, and AVA for both GB6 and GB10 decreased,
indicating better flowability. However, for Group A (GB39) powder, the cohesion, AOR, and AVA showed
a slight increase with the increase of the nanoparticle concentration, reducing powder flowability. Group A
particles themselves are free-flowing and have low cohesion, AOR, and AVA. The addition of nanoparticles,
especially of a high concentration, may sometimes play a negative effect on Group A particles because of the
strong interparticle forces of nanoparticles. As a result, nanoparticles could effectively improve the powder
flowability of Group C particles, but show little or even reverse effect on that of Group A particles.
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Figure 7: Effect of nanoparticle concentration on cohesion, AOR, and AVA
for Group C and Group A particles
The change of cohesion, AOR, and AVA for Group C and Group A particles with fluidizing time are
shown in Figure 8. As the fluidizing time increased, the cohesion for GB6 with different nanoparticle
concentrations (Group C+ powder) showed a trend of decrease, while AOR fluctuated but showed an
insignificant change. For GB10 with different nanoparticle concentrations (Group C + powder), the cohesion,
AOR, and AVA all showed an even smaller fluctuation and a more insignificant change than GB 6 particles
with the increase of the fluidizing time. For GB36 (Group A powder), the cohesion fluctuated more
significantly than Group C+ particles as the fluidizing time increased, while became more stable after
fluidizing for 4h. AOR and AVA for GB39 were more stable than the cohesion, showing a small change with
the fluidizing time. In summary, the powder flowability changed slightly with the fluidizing time for both
Group C+ and Group A/A+ particles, especially the dynamic flowability (AOR and AVA), indicating a good
stability of powder flow properties during the fluidization.
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Figure 8: Cohesion, AOR, and AVA with fluidizing time for Group C and Group A particles
3.2 Particle size distribution with time
Particle size distribution (PSD) is one important parameter affecting the fluidization quality. Many
researches [32-34] focused on the effect of the particle size distribution on the fluidization behaviors of fine
particles. For example, Sun and Grace [35] found that Group A particles with a narrow PSD with the removal
of fine contents (<45μm) exhibited poorer fluidization quality than the wide one which contained the fine
contents. Considering the importance of the particle size distribution in the fluidized bed, the stability of PSD
with the fluidizing time are shown in Figure 9. For GB10 with different nanoparticle concentrations (Group
C+), D10 and D50 were more stable than D90 with the fluidizing time. D90 fluctuated significantly for
GB10+0.27%, while the fluctuation became minor with the increase of the nanoparticle concentration, such
as GB10+0.44% and GB10+0.82%. Nanoparticles, therefore, could improve the stability of the particle size
distribution for Group C+ particles during the fluidization. For Group A particles (GB39), D10, D50, and
D90 all were more stable and changed slightly with the fluidizing time when compared with Group C+
particles. In addition, nanoparticles played an insignificant effect on the stability of PSD for Group A
particles.
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Figure 9: Particle size distribution with fluidizing time for Group C and A particles

Figure 10: Span with fluidizing time for Group C and A particles
Span is used to describe the width of the particle size distribution, and is calculated using the following
equation:
Span = (D90-D10) / D50
Generally, a larger span indicates a wider particle size distribution. The span for Group C and Group A
particles with the fluidizing time is shown in Figure 10. The span for Group C+ particles was much larger
than that for Group A and A+, signifying a wider particle size distribution for Group C + particles. For Group
C+ particles, the span kept stable after fluidizing for 1h, and the increase of the nanoparticle concentration
also improved the stability of the span during fluidization. For Group A and A + particles, the span showed a
small change before and after fluidization, exhibiting a good stability. The addition of nanoparticles slightly
affected the stability of PSD for Group A particles.
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In summary, Group A and A+ particles showed more stable PSD and span than Group C+ particles during
fluidization. Group C+ particle could reach stable after fluidizing for 1-2h, and nanoparticle concentration
affected the particle size stability.
3.3 Fluidization behaviors with time
The industrial employment of fluidized bed technology involves processes that are strongly dependent
on the fluidization qualities, such as minimum fluidization velocity (u mf) and bed expansion. The stability of
these fluidization characteristics is also important in the industrial processes. The minimum fluidization
velocity for Group C and A particles with the fluidizing time is shown in Figure 11. Umf for GB6 and GB10
particles fluctuated with the fluidizing time. The increase of the nanoparticle concentration reduced the
fluctuation and improved the stability of u mf for both GB6 and GB10, and also decreased u mf for Group C+
particles. However, Group A particles showed a much more stable u mf with the fluidizing time than Group
C+ particles. Because Group A particles had a low umf, the addition of nanoparticles had little effect on u mf.

Figure 11: Minimum fluidization velocity with fluidizing time for Group C and A particles
Bed expansion is another important parameter to describe the fluidization quality. The bed expansion
ratios for Group C+ particles (GB6 and GB10) were much higher than Group A particles (GB39), as shown
in Figure 12, indicating more gas holdup in the fluidized bed and contributing to better gas-solid contact. As
nanoparticle concentration increased, the bed expansion ratios for Group C + particles increased, while that
for Group A particles remained unchanged. As a result, nanoparticles significantly improved the fluidization
quality for Group C+ particles, but showed little effect on that for Group A particles.
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Figure 12: Effect of nanoparticle concentration on bed expansion for Group C and A
particles (zero time)
The stability of the bed expansion for Group C+ and Group A particle is shown in Figure 13 (left). The
bed expansion ratios for GB6 showed larger fluctuations with the fluidizing time, but became more stable
with the increase of the nanoparticle concentration. For GB10 particles, the bed expansion ratios slightly
increased with the fluidizing time at nanoparticle concentrations of 0.27% and 0.44%. When the nanoparticle
concentration increased to 0.82%, the bed expansion ratio kept almost unchanged with the fluidizing time.
For GB39 particles, the bed expansion ratios were stable with the fluidizing time, and were not affected by
the nanoparticle concentration.
The bed expansion is ascribed to both the bubble phase and the dense phase, while the dense phase is
more important because of the close contact between the gas and particles. The dense phase expansion ratios
for Group C+ and Group A particles were shown in Figure 13 (right). Group C+ particles (GB6 and GB10)
exhibited much higher dense phase expansion than Group A particles (GB39), indicating more gas holdup in
the dense phase and better gas-solid contact. The dense phase expansion ratios showed a similar stability as
the bed expansion ratios for both Group C+ and Group A particles. For GB6, the dense phase expansion ratios
fluctuated with the fluidizing time, but the fluctuation became smaller with the increase of the nanoparticle
concentration. GB10 showed a more stable dense phase expansion ratios with the fluidizing time than GB6.
The dense phase expansion ratios for GB39 were almost not affected by both the fluidizing time and the
nanoparticle concentration.
In summary, the fluidization behaviors for Group C+ particles were more affected by the fluidizing time
than those for Group A particles. The increase of the nanoparticle concentration could obviously improve the
stability of the fluidization behaviors for Group C+ particles, including umf, bed expansion ratio, and dense
phase expansion ratio, but had little effect on that for Group A particles.
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Figure 13: Bed expansion and dense phase expansion with fluidizing time for Group C and
Group A particles
4. Conclusions
Two types of Group C particles were modulated by nanoparticles to modify their flow and fluidization
behaviors, in comparison with Group A particles. The flow and fluidization properties were improved for
Group C particles with nanoparticles, while an insignificant effect was observed for Group A particles with
nanoparticles, consistent with our previous results [20-23].
The fluidization stability of Group C+ and Group A particles with the fluidizing time was investigated
in terms of the flow properties, the particle size distribution (PSD), and the fluidization behaviors. The flow
properties (cohesion, AOR, and AVA) for both Group C+ and Group A particles fluctuated with the fluidizing
time, but overall changed only slightly, especially the dynamic flowability (AOR and AVA), indicating a
good stability of powder flow properties. In terms of the particle size distribution, PSD for Group C+ particle
was variable initially and stabilized after fluidizing for 1-2 hours, while that for Group A particles was more
stable.
The fluidization behaviors for Group C+ particles were more affected by the fluidizing time than Group
A particles, including the minimum fluidization velocity (umf), the bed expansion ratio, and the dense phase
expansion ratio. The increase of the nanoparticle concentration could improve the stability of Group C +
particles, especially for the PSD and the fluidization behaviors, but only slightly affected that of Group A
particles. In overall, the properties of Group C+ particles were stable with the fluidizing time, especially after
fluidizing for 1-2 hours. The good fluidization stability of Group C + particles is favorable and makes them
more promising in future industrial applications.
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